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Abstract
Process Modeling and Techno-Economic Analysis of Thermo-Catalytic Dimethyl
Ether Synthesis and Microwave-Based Aromatics Production Technologies
from Shale Gas
Chirag Mevawala

Production of majority of the transportation fuels and other value-added chemicals, such as
aromatics and olefins, has been heavily dependent on petroleum based resources. These fuel
resources have resulted in increase in global greenhouse gases. Moreover, the conventional oil
production is expected to reach its peak from early 2020s to the 2040s, followed by a terminal
decline in oil production [1]. As a result, it is necessary to develop cleaner and more carbon
efficient non-petroleum based transportation fuels and value-added chemicals. The goal of this
research is to develop plant-wide process models and perform techno-economic analysis and
optimization to identify the economic feasibility of the shale-gas utilization processes. The focus
of this work is the development of plant-wide models for production of dimethyl ether (DME)
from shale gas via direct and indirect synthesis route, and development of reactor and plant-wide
process models for direct non-oxidative methane dehydro-aromatization (DHA) to aromatics via
conventional and microwave (MW) heating.
Plant-wide models of the shale gas to dimethyl ether (DME) process with integrated CO2 capture
via direct and indirect synthesis routes has been developed in Aspen Plus V8.4®. Models of the
pre-reforming reactor, autothermal reforming (ATR) reactor and DME synthesis reactors using
kinetic data have been developed. For CO2 capture, Rectisol and methyl diethanolamine
(MDEA)/piperazine (PZ) technologies have been evaluated and results have been compared with
the experimental data. A novel DME separation process has been developed and evaluated for
efficient separation of DME, syngas, and CO2. Binary interaction parameters for the vapor-liquid
equilibrium (VLE) model of the methanol-DME-CO-CO2-H2O-H2 system are regressed using the
experimental data. Effects of the key parameters like CO2 recycle ratio and H2/CO ratio on the

utility consumption in the syngas synthesis unit, acid gas removal (AGR) unit, DME synthesis unit
and DME separation unit are studied. In addition, plant-wide techno-economic optimization is
performed in Aspen Plus Equation Oriented Environment with a modified formulation for net
present value (NPV), which considers both capital cost (CAPEX) and operating cost (OPEX), as
the objective function. Effects of key design parameters as well as investment parameters on the
process economics have been evaluated.
In the direct non-oxidative methane DHA process, dynamic data reconciliation, parameter
estimation, and multi-scale fixed-bed reactor model development for the direct non-oxidative
methane dehydroaromatization (DHA) process has been performed. Due to rapid coke formation,
catalysts in the non-oxidative methane DHA reactors get deactivated. A model for deactivation is
required for designing the cycle conditions and to calculate the number of reactors for a fixed-bed
DHA process. Therefore, a model for the catalyst deactivation is developed along with rate models
for other DHA reactions and validated with experimental data. Due to the very fast coke formation
rate on the fresh catalyst, there is coke formation during the induction period. Extent of catalyst
deactivation at the end of the induction period is desired for estimation of reaction rate parameters,
but it cannot be measured in real time. Therefore, an algorithm is developed for estimation of the
initial state of the reactor and the kinetic parameters by coupling an iterative direct substitution
approach with an optimization approach. Experimental data from an in-house reactor are used for
developing the kinetic model. Using the rate model, a dynamic, heterogeneous, multi-scale reactor
model, with embedded heating is developed for conventional heating reactor, and effect of key
variables on the reactor performance has been evaluated. For microwave-assisted heating reactor,
amount of MW power absorbed at a specific catalyst site is modeled using Maxwell’s equation.
For integrating the Maxwell’s equation with process model, a reduced order model is developed.
The reduced order model is a function of temperature, dielectric properties, and input power. A 2D multi-scale heterogeneous industrial scale MW reactor model has been developed coupling
catalyst pellet level and reactor level model. The reduced order MW propagation model has been
coupled with heat and mass transfer equations to study the effect the MW on heat, mass, and
reaction limitation. Temperature difference between the metal particles sites and catalyst support
sites have also been investigated.
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Chapter 1. Introduction

According to the International Energy Agency (IEA), the global energy demand and the CO2
emissions are expected to increase by 37% and 16% by 2040, respectively [2]. In the United States,
three main sectors contributing to CO2 emissions are industry (22%), electricity production
facilities (27%), and transportation (28%) mainly due to combustion of coal, and petroleumderived fuels [3]. The shale gas boom in the United States has already started replacing coal as the
power source, reducing CO2 emissions. However, the production of transportation fuel and other
value-added chemicals is still dependent on petroleum based feedstocks. So, there has been an
increase in research efforts to develop cleaner and more carbon efficient non-petroleum based
transportation fuels and value-added chemicals that can reduce the greenhouse gas emission [4].

1.1.

Dimethyl Ether (DME) Production Process

In the transportation fuel sector, the use of dimethyl ether (DME) as an alternative liquid fuel is
being strongly evaluated. DME is clean, non-toxic, environmentally friendly (with about 95% less
CO2 emission than diesel) and an excellent refrigerant [4,5]. It has properties like liquefied
petroleum gas (LPG), and therefore, current transportation logistics developed for LPG can be
utilized with minor modifications [4]. Likewise, DME can possibly replace diesel in transportation
vehicles because of its high cetane number (55-60) [4,6] and can be utilized as a part of a vaporized
charge, and as a household cooking fuel [6]. DME can be produced from a variety of fossil fuels,
such as coal, biomass, and natural gas. Due to the abundance of coal in most of the Asia-Pacific
countries, it is being considered as the feedstock for producing DME. However, in the United
States, shale gas seems to be an attractive option, for producing DME, due to its low-cost and
abundant availability [7]. Commercially, DME is produced by a two-step process by a number of
companies such as Toyo, MGC, Lurgi, and Udhe [4]. However, the two-step process has lower
DME production due to the thermodynamic equilibrium limitation of carbon-monoxide conversion
to methanol [8]. This problem can be overcome by the direct synthesis route leveraging the
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synergistic effect of the simultaneous conversion of methanol to DME which, in turn, increases
syngas conversion and yield of DME [8]. A few companies have proposed the one-step process
with either natural gas or coal as the feedstock [4], however a detailed system and unit-level
analysis has not be undertaken. Moreover, shale gas has not been used as the feedstock of choice.
The selection of feedstock is very important because syngas composition can vary widely
depending on the source. Syngas derived from coal has a much lower H2/CO ratio (close to 1)
compared to the syngas derived from natural gas or shale gas (usually > 2) [9,10]. The main
difference between the syngas synthesis process using natural gas versus the shale gas is the
presence of heavy hydrocarbons (such as ethane and propane) in the shale gas. These heavier
hydrocarbons have faster reaction rates than methane. Moreover, they lead to coke formation in
the reactor leading to deactivation of the catalyst. So, the selection of feedstock has a strong impact
on the process technology. Most of the papers in the area of DME synthesis from natural gas/coal
have mainly focused on catalyst development, intrinsic kinetic studies and on developing reactor
technologies [4,11,12]. Systems level analysis of DME synthesis processes from both technical
and economic perspectives is lacking in the open literature not only for shale gas but also for
coal/natural gas. With this motivation, in this study several important contributions have been
made as mentioned in Section 1.3 and the subsequent Chapters.

1.2.

Aromatics Production Process

In the value-added chemicals sector, the production of aromatics namely benzene, toluene, and
xylene (BTX) from non-petroleum based feedstock has been of great interest. BTX is a building
block for wide variety of consumer products. For example, benzene is primarily utilized in
production of phenolic resins, nylons, polystyrene, elastomers, and solvent. Majority of toluene
produced is used in production of benzene and polyurethanes. Para-xylene is the most important
xylene of the three, and it is used in the production of dimethyl terephthalate and terephthalic acid.
Orth-xylene and meta-xylene are used in the production of phthalic anhydride and isophthalic acid,
respectively [13,14]. Majority of the BTX production comes from either petroleum naphtha,
pyrolysis gasoline by-product, and/or coal liquids from coke-oven [14]. However, the abundance
availability of shale gas reserves in United States has significantly increased interest in a new
approach for BTX production. For example, the Cyclar process developed by BP and UOP uses
C3-C4 feed, on H-ZSM-5 catalyst for production of aromatics [13–15]. Other existing routes for
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converting natural gas to aromatics involve multi-step processes in which syngas is first produced
from natural gas via steam reforming, partial oxidation, or autothermal reforming (ATR)- all of
which lead to an energy and capital intensive process [6,16–19]. Syngas produced is then
converted to aromatics via a two-step process where methanol is produced as an intermediate
product [20,21]. These multi-step processes not only lead to high capital and operating costs, but
also low carbon utilization and low selectivity of desired aromatics. In partial oxidation and ATR
based processes, some amount of carbon monoxide and hydrogen gets utilized during the aromatic
synthesis step for removing residual oxygen, leading to low carbon utilization efficiency and the
loss of valuable hydrogen. Furthermore, in partial oxidation and ATR based processes, carbon
monoxide reacts with oxygen to form carbon dioxide which needs to be captured, resulting in
additional energy usage and capital cost. Therefore, a route that does not require syngas generation
is preferred. An alternative process is to convert shale gas directly to hydrocarbons. However,
direct conversion of methane, the main component of shale gas, is challenging because it is a very
stable molecule and it cannot be easily activated. Methane has a strong C-H bond with a first bond
dissociation energy of 439.3 kJ/mol [22], which indicates that high amount of energy would be
needed in order to break the bond. Moreover, the C-H bond of methane is stronger than higher
hydrocarbons products and as a result these products are more reactive than methane [23]. Existing
approaches that are being investigated for direct conversion of methane to higher hydrocarbons
are oxidative coupling of methane (OCM), and non-oxidative methane dehydroaromatization
(DHA) [24–28]. Drawbacks associated with the OCM route include the high cost associated with
the separation of light gases like CO from hydrogen and hydrocarbons, CO2 capture, and
production of oxygen via air separation. A promising approach is to carry out the direct conversion
of methane to aromatics via non-oxidative methane DHA reaction in a conventional or MWassisted reactor packed with metal-supported catalyst [29]. In this approach, oxygen is not required
and light gases such as CO and CO2 are not produced. So, the operating and capital costs associated
with the production of oxygen, separation of CO from valuable product such as H2, and CO2
capture can be avoided. In non-oxidative methane DHA reaction, it has been reported that MWassisted DHA lead to high methane conversion, and C2 selectivity at a lower temperature compared
to conventional heating [30]. Operating the reactor at a lower temperature can assist in reducing
the operating cost of the process. In the open literature, majority of the work has been focused on
the development of catalyst, catalyst regeneration strategies, and studying operating conditions for
3

maximum reactor productivity. Few authors have focused on development of reaction kinetic
model using steady state data, without the consideration of catalyst deactivation. In terms of reactor
modeling, majority of the work has been focused on optimization of steady state isothermal
membrane reactors. A comprehensive reaction rate model that accounts for catalyst deactivation,
and also the development of conventional and MW-assisted industrial scale heterogenous fixedbed reactor is still lacking in open literature. Moreover, a comprehensive study on the technoeconomic feasibility of the methane DHA process comparing the conventional heating, MWassisted heating, and the multi-step shale gas conversion to aromatics via methanol synthesis is
still lacking. This research aims to fill those gaps by making several important contributions as
mentioned in Section 1.3 and the subsequent Chapters.

1.3.

Objective

In this study, plant-wide modeling and techno-economic optimization is performed for thermocatalytic DME synthesis and microwave based aromatics production process. For this purpose,
high-fidelity system and equipment-level process models are developed on a multi-software
platform that includes Aspen Plus, Aspen Custom Modeler (ACM), Exchanger Design and Rating
(EDR), MATLAB, and Excel. The objective is utilizing the modeling tools and identify the
economic feasibility of the processes, and effect of key process variables on the plant overall
performance. To summarize, the main contributions of this work are summarized below:
Shale gas to DME Synthesis Via Direct and Indirect Route
•

Plant-wide models of the shale gas to DME process with integrated CO2 capture via direct and
indirect synthesis routes have been developed.

•

Optimal parameter estimation, and model validation are undertaken for various sections of the
process including the pre-reforming reactor, autothermal reforming reactor, DME synthesis
reactors, CO2 capture units and separation sections.

•

A novel DME separation process has been developed for efficient separation of DME, syngas,
and CO2.

•

Plant-wide techno-economic optimization is performed in an equation-oriented environment
for maximizing the net present value (NPV). Effects of key design parameters and investment
parameters on the process economics have been evaluated.

Direct Non-Oxidative Methane DHA Via Conventional and MW-Assisted Heating
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•

Dynamic data reconciliation, parameter estimation, and multi-scale, multi-physics dynamic
fixed-bed reactor model development are undertaken for methane DHA process via
conventional and MW-assisted heating.

•

Due to rapid coke formation, catalysts in the non-oxidative methane DHA reactors get
deactivated. A model for the catalyst deactivation is proposed along with rate models for other
DHA reactions. An algorithm is developed by coupling an iterative direct substitution approach
with an optimization algorithm for optimal estimation of the initial state of the reactor and the
kinetic parameters using the in-house experimental data.

•

For the MW-assisted reactor, the amount of heat generated at specific catalyst sites has been
modeled using Maxwell’s equation. For integrating the Maxwell’s equation within the process
model, a reduced order model is developed.

•

Dynamic commercial scale heterogenous multi-scale fixed bed MW reactor model and
conventional heating model with embedded heating is developed where the catalyst pellet level
model is coupled with reactor level model considering the electromagnetic effects, interparticle and intra-particle heat and mass transfer, and reaction rate model that includes coke
formation model and catalysts deactivation model.

•

Plant-wide models are developed, and techno-economic analysis of the conventional and MWassisted processes are performed and compared with a multi-step aromatics production
process.
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Chapter 2. Plant-Wide Modeling of Shale-gas Conversion to DME via Direct
and Indirect Synthesis Routes
A plant-wide model of the shale gas to dimethyl ether (DME) process with integrated CO2 capture
via direct and indirect synthesis routes has been developed in Aspen Plus V8.4®. In this study,
models of the pre-reforming reactor, autothermal reforming (ATR) reactor and DME synthesis
reactors using kinetic data have been developed. For CO2 capture, Rectisol and methyl
diethanolamine (MDEA)/piperazine (PZ) technologies have been evaluated and results have been
compared with the experimental data. A novel DME separation process has been developed and
evaluated for efficient separation of DME, syngas, and CO2. Binary interaction parameters for the
vapor-liquid equilibrium (VLE) model of the methanol-DME-CO-CO2-H2O-H2 system are
regressed using the literature experimental data. Effects of the key parameters like CO2 recycle
ratio and H2/CO ratio on the utility consumption in the syngas synthesis unit, acid gas removal
(AGR) unit, DME synthesis unit and DME separation unit are studied. It is observed that the direct
shale gas to DME production process operated with an optimal H2/CO ratio of 1 has a higher DME
yield and overall equivalent electrical efficiency than the indirect shale gas to DME production
process.

2.1.

Literature review

Systems level analysis of DME synthesis processes from both technical and economic perspectives
is lacking in the open literature not only for shale gas but also for coal/natural gas. Ohno et al. [31]
have reported on the development of a 100 t/d natural gas to DME synthesis plant. In a study by
Peng et al. [10], issues related to the direct DME synthesis have been discussed. Studies on DME
synthesis from coal is also available in the open literature [32,33]. Han et al. [32] and Shim et al.
[33], have developed kinetic models of the direct DME synthesis reactor. Chen et al. [34] have
simulated the DME synthesis reactor by minimizing the Gibbs free energy. The authors have also
performed pinch analysis to reduce energy consumption. Both one-dimensional model as well as
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three-dimensional CFD models of slurry and fixed bed direct DME synthesis reactors have been
reported in the literature [35–37]. The first step in the shale gas to DME process is to produce
syngas via autothermal reforming (ATR). Unlike natural gas, shale gas consists of not only CH4
but also heavy hydrocarbons such as ethane and propane. Reaction rates of heavy hydrocarbons is
typically faster than CH4. In addition, they lead to coke formation which can significantly reduce
the activity of a catalyst, as mentioned before [16,38]. This issue can be avoided by integrating an
adiabatic pre-reforming reactor before the ATR reactor to convert heavier hydrocarbons into CH4
at relatively lower temperatures than the ATR reactor [39,40]. In addition to prevention of catalyst
coking, the pre-reformer also offers several advantages such as an increase in production capacity
by 10-20% and a reduction in the energy consumption in the primary reformer due to its operation
at a lower steam to carbon ratio [39,41]. Low-temperature separation of heavy hydrocarbons in
place of using a pre-reforming reactor is also an option, however the capital and utility cost
associated with this separation would be higher than utilizing a pre-reforming reactor because of
the ultra-low temperature requirements and increase in equipment items such a cascade
refrigeration cycle, and a distillation column. Existing literature in the area of pre-reforming of
higher hydrocarbons has mainly focused on the development of catalysts and modeling of the
reactor [16,42,43]. In some studies, both the pre-reformer and ATR reactors have been modeled
as equilibrium reactors [44–46]. Modeling of micro-reactors for fuel cell applications where ATR
reactions take place in presence of high steam to carbon ratio has been presented [47,48]. Some
studies have also focused on one-dimensional modeling of the ATR reactor for estimating
temperature profiles of different catalysts [49,50]. Considering the key roles, a pre-reformer and
ATR reactor plays in the DME process, reactor models using kinetic data rather than the
equilibrium models are desired especially when an economic analysis must be undertaken. Before
sending the syngas produced from the ATR reactor to the DME synthesis unit, it must be processed
through an AGR unit for separation of impurities, mainly CO2, from the syngas. The choice of
AGR technology strongly depends on the partial pressure of CO2 in the feed. Physical absorption
is favored when the partial pressure of CO2 in the feed is relatively high, while for low CO2 partial
pressure, chemical absorption such as amine based processes are preferred [51]. Final selection of
the technology also depends on the impurities to be removed, capital costs, and energy
requirements. There are several candidate technologies that can be evaluated. CO2 removal by the
Rectisol process has been considered in a study by Ogawa et al. [52] for a similar application. In
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our study, Rectisol and MDEA/PZ technologies are evaluated as the candidate physical and
chemical absorption technologies, respectively.
DME can be synthesized from the clean syngas using the indirect or direct route. In the indirect
synthesis route, syngas is first converted to methanol followed by dehydration of methanol in a
separate reactor to produce DME. In the direct synthesis route, syngas is directly converted to
DME in a single reactor where both methanol synthesis and dehydration reactions simultaneously
take place over a bi-functional catalyst such as CuO/ZnO/Al2O3 and γ-Al2O3. The indirect route is
widely used commercially, but it has lower DME production rate due to the thermodynamic
equilibrium limitation of CO conversion to methanol [8]. This problem can be overcome by the
direct synthesis route leveraging the synergistic effect of the simultaneous conversion of methanol
to DME which, in turn, increases syngas conversion and yield of DME [8]. In the direct synthesis
route, the yield of DME is very sensitive to the H2/CO ratio and CO2 content in the feed stream.
The maximum syngas conversion, i.e. the syngas conversion under equilibrium, is approximately
90% at optimal operating conditions [52]. This unconverted syngas is captured and recycled to the
DME reactor along with the fresh syngas. Since the total feed stream composition varies widely
when recycle is considered, it is more appropriate to develop a reactor model using the reaction
kinetic data for rigorous techno-economic analysis of the system. The H2/CO ratio in the syngas
derived from coal is less than 1 and can be easily adjusted to 1 by feeding a small amount of
additional steam to the ATR reactor. However, when syngas is obtained from the hydrogen rich
shale gas, this is not straightforward. The CO2 recycles from the AGR unit and the DME separation
unit must be integrated to feed extra CO2 to the ATR reactor to adjust the H2/CO ratio to 1.
Inclusion of the CO2 recycle from the AGR and DME separation units results in additional
complexity and more utility costs. Hence, it is important to evaluate the effect of CO2 recycle on
the H2/CO ratio. Peng et al. [10], Ohno et al. [31], and Ogawa et al. [52] have considered the effect
of CO2 recycle to the ATR reactor, but a rigorous systems level analysis is still lacking.
Various approaches for DME separation have been proposed in the existing literature. In the study
of Bhatt et al. [53], chilled methanol was used to separate unconverted syngas from CO2. Then a
series of flash separators and distillation columns was used to purify DME. In some pilot plants,
chilled DME is used as a solvent to capture CO2 and then physical or chemical absorption is
considered to separate CO2-DME from the unconverted syngas [31]. In the study of Han et al. [32],
deionized water was used as a solvent to separate DME from the unconverted syngas and CO2
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[54]. Here, we have proposed a new separation method which does not use physical or chemical
solvent, and instead uses product DME as a solvent and methanol-water mixture to achieve the
desired separation. Moreover, the thermodynamic models used for DME separation technologies
in the existing literature have binary interaction parameters that are estimated using UNIFAC-RQ
or UNIFAC model [32,34]. As the DME separation unit has a large impact on the overall process
technology and economics, it is important to estimate the binary interaction parameters using the
experimental VLE data that can make the thermodynamic model more accurate. This, in turn, can
increase the accuracy of the process model for DME, syngas, and CO2 separation system. To
summarize, the following contributions have been made:
•

System level energy analysis was performed for both direct and indirect DME production
process with varying key design parameters and compared. In particular,

For the direct shale gas to DME production process,
•

A rigorous plant-wide process model has been developed that includes a novel DME separation
section to reduce the overall utility usage of the process, and reuse of CO2 produced within the
process in the ATR reactor, reducing CO2 emission.

•

The kinetic parameters of reactions involved in the direct DME synthesis reactor has been
regressed using experimental data.

•

Kinetic reactor models for the pre-reforming reactor, and ATR reactor has been developed and
validated with literature.

•

The binary interaction parameters for DME-CO2, DME-H2O, and DME-CO are not available
in Aspen Plus or open literature. So, experimental data has been used to regress them using
experimental data to increase the validity of these parameters for a wide range of operating
conditions.

•

Different syngas H2/CO ratio, CO2 recycle ratio, and AGR technologies have been evaluated
to study effect on overall process economics.

For the indirect shale gas to DME production process,
•

High-fidelity plant-wide models have been developed that includes development and
validation of reactor kinetic models for methanol synthesis reactor and methanol dehydration
reactor, and study of different AGR technologies.
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2.2.

Steady-State Modeling of Shale-gas to DME Production Process via Direct
and Indirect Synthesis Route

In this section, direct and indirect DME production process will be discussed with a simplified
block flow diagram. This is followed by a brief description of heat integration and heat exchanger
design. A detail description of syngas synthesis section, AGR section, direct DME production
section, and indirect DME synthesis section. A brief description of the HRSG is also be shown.
Effects of key parameters like CO2 recycle ratio and H2/CO ratio on the utility consumption of
syngas synthesis unit, acid gas removal (AGR) unit, DME synthesis unit and DME separation unit
are studied.

2.3.

Process Configuration

The block flow diagram of the shale gas to DME process via direct and indirect synthesis routes
is shown in Fig. 2.1 and 2.2, respectively. The entire plant can be divided into two main sectionsthe syngas production section and the DME production section. The syngas production section
consists of the syngas synthesis section that includes the pre-reforming and ATR reactors, and the
AGR unit. Similarly, the DME production section can be divided into the DME synthesis unit that
includes the DME synthesis reactor and the DME separation unit.
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Figure 2.1: Block flow diagram of DME production process via direct synthesis route
In the syngas production section, shale gas along with the superheated steam is fed to the prereforming reactor for reforming heavy hydrocarbons (>C2) to methane and other components.
Heavy hydrocarbons get completely converted in the pre-reformer significantly reducing coking
of catalyst in the ATR reactor. The reformed shale gas is then sent to the ATR reactor, to which
oxygen from the air separation unit (ASU), and superheated steam from the heat recovery steam
generation (HRSG) is also fed. CO2 captured in the AGR unit and the DME separation section is
also recycled to the ATR reactor to obtain a lower H2/CO ratio in the syngas. The hot raw syngas
from the ATR reactor is cooled, to remove water via condensation, and then fed to the AGR unit.
Two solvent-based AGR technologies, Rectisol and MDEA/PZ-based capture, are evaluated. The
Rectisol process is a physical absorption technology which uses refrigerated methanol as the
solvent at a high pressure, while MDEA/PZ is a chemical absorption technology. When Rectisol
process is used, syngas is compressed using a multi-stage compressor before the AGR unit. When
MDEA/PZ is used as the solvent, syngas compression takes place after the AGR unit. Clean syngas
from the AGR unit is sent to the DME production section where direct synthesis of syngas to DME
takes place on a bi-functional catalyst. The outlet stream of the reactor, consisting of DME,
methanol, water, CO2, and unconverted syngas, is processed through a flash vessel, an absorber,
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and two distillation columns to obtain the final DME product. For the direct route, H2/CO syngas
ratio, 1 to 2, and two AGR technologies, Rectisol and MDEA/PZ, are evaluated, because the
optimal selection of the AGR technology highly depends on the CO2 partial pressure, which varies
with the H2/CO ratio. It should also be noted that the CO2 recycle, to the ATR reactor, is not
required to achieve an H2/CO = 2 in the syngas because this ratio can be easily obtained by
manipulating the O2/C and steam/C ratio within the typical operating range. Ammonia (NH3)
refrigeration cycle required for maintaining the low temperature in the Rectisol is also modeled in
this work [6].

Figure 2.2: Block flow diagram of DME production process via indirect DME synthesis
route
The indirect synthesis route, as shown in Fig. 2.2, is also investigated in this study as a technology
basis, in which the syngas production section is like the direct DME synthesis process route shown
in Fig. 2.1. The main difference between the two synthesis routes is the absence of CO2 recycle
and the configuration of the DME production section. In the indirect route, the raw syngas from
the ATR reactor is sent to the AGR unit for separating CO2 from syngas. The clean syngas from
the AGR unit is then sent to the methanol synthesis reactor, where syngas is converted to methanol.
The outlet stream of the methanol synthesis reactor is sent through a flash vessel and a distillation
column to purify methanol. Clean methanol is then sent to the methanol dehydration reactor for
12

DME synthesis. The outlet stream of the methanol dehydration reactor is sent through two
distillation columns to obtain DME and methanol. Since the indirect DME synthesis route is
already commercialized, the analysis is performed only for the process with the Rectisol as the
AGR technology. Like the direct DME process, the purge streams in the indirect DME production
process are sent to the HRSG and SC Island to satisfy the utility requirement in the process.
Marcellus shale gas from Well 3 as described in the work of Ding [55] is considered to be the feed
in this study. Its composition is shown in Table 2.1.
Table 2.1: Marcellus Shale Gas Composition

2.4.

Component

Mol%

Methane (CH4)

83.8

Ethane (C2H6)

12.0

Propane (C3H8)

3.00

Carbon Dioxide (CO2)

0.900

Nitrogen (N2)

0.300

Heat Integration and Heat Exchanger Design

Heat integration is performed using the Aspen Energy Analyzer (AEA) V8.4 [40]. The process
model developed in Aspen Plus is exported to the AEA. A minimum approach temperature of
10°C is considered for performing heat integration. The AEA software by default gives a heat
exchanger network for the process by selecting appropriate utilities and by performing heat
integration between the process streams. However, the suggested heat exchanger network may not
be practical especially with due consideration of operability issues. For example, in the direct shale
gas to DME process, it may not be practical to have a heat exchanger between a stream in the
syngas synthesis section and the DME production section because the AGR unit is located in
between these two sections and any operational issues in one section can affect the other. In
addition, due to the considerable time-delay between these sections, control system design
becomes challenging when such heat integration is considered. After excluding similar heat
exchange and declaring appropriate utilities for the process, the heat exchanger network is
designed in AEA. The payback years, operating cost savings, capital investment etc. is calculated
as the basis of heat exchanger network design selection. The network with the least number of
years for payback is selected. There are around 18-25 heat exchangers in each of the direct and
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indirect DME production processes. Once the heat exchanger network is developed and assembled
in Aspen Plus, the heat exchangers are designed using the Aspen Exchanger Design and Rating
(EDR) V8.4. The heat exchangers are modeled using the HeatX block in Aspen Plus with
appropriate property package and then exported to the EDR for a more rigorous design. All the
heat exchangers are modeled as shell & tube heat exchangers in EDR.

2.5.

Syngas Production Section

The configuration of the syngas synthesis section is shown in Fig. 2.3. Reactor models using the
reaction rate data for the adiabatic pre-reforming reactor and the ATR reactor are developed. These
two reactors are modeled as plug flow reactor (PFR) with kinetic parameters regressed using the
experimental data. Redlich-Kwong-Soave equation of state (EOS) with modified Huron-Vidal
mixing rules (RKSMHV2 in Aspen Plus®) is used to calculate the thermodynamic properties. The
water gas-shift and methane steam reforming reactions both take place in the pre-reforming reactor
and ATR reactor. In the literature, LHHW and power law rate model has been proposed for these
two reactions by Xu and Froment [56] and Numaguchi and Kikuchi [57], respectively. Xu and
Froment investigated the intrinsic kinetics of these reactions with considerable amount of
hydrogen in the feed (H2/CH4 = 1.25), to avoid oxidation of Ni. As shown in Table 2.4, reaction
#7 and 8 of their LHHW rate model has a negative exponent to the partial pressure of hydrogen.
As a result, the reaction rates become infinity when the partial pressure of hydrogen in the feed is
zero. Comparison of these two rate models was performed by C. R. H. De Smet et al. [58] for fuelcell and methanol production applications. They concluded: 1) There were temperature differences
in the initial part of the reactor. However, the reactor temperature converged to the same value for
both the models. 2) The mole fractions at the reactor outlet for both models are similar to the
equilibrium values. The pre-reforming reactor does not have hydrogen in the feed. So, the power
law model developed by Numaguchi and Kikuchi [57] is used to avoid the blow up of the reaction
term. While for the ATR reactor, the model developed by Xu and Froment [56] for the similar
application as here is used.
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Figure 2.3: Configuration of the Syngas Synthesis Section
2.5.1. Pre-reforming Reactor
Reactions considered for modeling the pre-reformer are shown in Table 2.2. Kinetic studies on
pre-reforming of syngas containing C2-C3 hydrocarbon are rare in the open literature. The kinetic
model of ethane reforming is validated with the experimental data of Rostrup-Nielsen [16]. Using
the same feed composition and operating conditions, ethane conversion is 22.4% from our
validation model in comparison to 23% reported by Rostrup-Nielsen [16]. Ethane steam reforming
reaction is also studied in presence of methanation and water gas shift (WGS) reaction, and similar
ethane conversion of 22.4% is achieved. Kinetic parameters for other reactions are obtained from
the open literature as shown in Table 2.3 [59,60]. It should be noted that typical industrial operating
conditions achieve near-complete conversion of ethane [61,62] rather than the low conversion in
the work of Rostrup-Nielsen [16]. Therefore, the reactor operating conditions are modified to
make them similar to the typical industrial operating conditions [61,62] In particular, the reactor
is operated adiabatically at 30 bar pressure with a steam/C ratio of 0.4, and a weight hourly space
velocity (WHSV) of 1.67 h-1. The catalyst loading is 84,806 kg (particle density =1767 kg/m3) [63]
and the bed voidage is assumed to be 0.4. It should be noted that these operating conditions result
in complete conversion of higher hydrocarbons, while methane steam reforming and WGS
reactions reach equilibrium [61].
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Table 2.2: Reactions considered in the Kinetic Model
No.

Reaction

Rate Equation

𝒌𝑱
𝜟𝑯𝟐𝟓°𝑪 ( ⁄𝒎𝒐𝒍)

1

C3 H8 + 3H2 O → 3CO + 7H2

𝑟1 = 𝑘1 𝐶𝐶3𝐻8

497,729

2

C2 H6 + 2H2 O → 2CO + 5H2

𝑟2 = 𝑘2 𝑃𝐶0.54
𝑃−0.33 𝑃𝐻0.2
2
2 𝐻6 𝐻2 𝑂

347,266

3

CH4 + H2 O = CO + 3H2

𝑟3 = 𝑘3 𝑃𝐶𝐻4 𝑃𝐻2 𝑂 (1 −

𝑃𝐶𝑂 𝑃𝐻32
)
𝐾3 𝑃𝐶𝐻4 𝑃𝐻2 𝑂

206,000

4

CO + H2 O = CO2 + H2

𝑟4 = 𝑘4 𝑃𝐶𝑂 𝑃𝐻2 𝑂 (1 −

𝑃𝐶𝑂2 𝑃𝐻2
)
𝐾4 𝑃𝐶𝑂 𝑃𝐻2 𝑂

-41,000

Table 2.3: Kinetic Parameters and Equilibrium Constants
No.

𝒌𝒋

𝑬𝒋 (kJ/mol)

𝑲𝒋

1

2.87 ∙ 1011 ℎ𝑟 −1

112

-

76.0

-

2
3
4

1.68 ∙ 105
0.151

𝑘𝑚𝑜𝑙
(𝑘𝑔∙ℎ𝑟∙𝑏𝑎𝑟 −0.41 )
𝑘𝑚𝑜𝑙
(𝑘𝑔∙ℎ𝑟∙𝑏𝑎𝑟 2 )
𝑘𝑚𝑜𝑙

4.39 ∙ 106 (𝑘𝑔∙ℎ𝑟∙𝑏𝑎𝑟)

29.0
67.1

7.26 ∙ 1014 ∙ 𝑒 −(

31266⁄ )
𝑇

2.24 ∙ 10−2 𝑒 (

𝑏𝑎𝑟 2

4160⁄ )
𝑇

2.5.2. Autothermal Reforming (ATR) Reactor
In the adiabatic ATR reactor, endothermic steam reforming and exothermic partial oxidation
reactions occur simultaneously along with the mildly exothermic WGS reaction. The reaction
scheme, LHHW kinetics, and their corresponding values used in this work have been obtained
from the open literature as shown in Table 2.4 [48,56].
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Table 2.4: Reactions considered in this Kinetic Model
No.
5

Reaction
𝑟5 =

CH4 + 2O2 → CO2 + 2H2 O

6

CH4 + H2 O = CO + 3H2

7

CO + H2 O = CO2 + H2

8

𝒌𝑱
𝜟𝑯𝟐𝟓°𝑪 ( ⁄𝒎𝒐𝒍)

Rate Equation

-802,000

(1 + 𝐾𝐶𝐻4 𝑃𝐶𝐻4 + 𝐾𝑂2 𝑃𝑂0.5
)2
2

𝑃𝐻32 𝑃𝐶𝑂 1
𝑘6
𝑟6 = 2.5 (𝑃𝐶𝐻4 𝑃𝐻2 𝑂 −
) 2
𝐾6
𝐴𝑑
𝑃𝐻2

206,000

𝑃𝐻 𝑃𝐶𝑂2 1
𝑘7
(𝑃𝐶𝑂 𝑃𝐻2𝑂 − 2
) 2
𝑃𝐻2
𝐾7
𝐴𝑑

-41,000

𝑟7 =

CH4 + 2H2 O = CO2 + 4H2

𝑘5 𝑃𝐶𝐻4 𝑃𝑂0.5
2

𝑃𝐻42 𝑃𝐶𝑂2 1
𝑘8
2
𝑟8 = 3.5 (𝑃𝐶𝐻4 𝑃𝐻2 𝑂 −
) 2
𝐾8
𝐴𝑑
𝑃𝐻2

165,000

𝐴𝑑 = 1 + 𝐾𝐶𝑂 𝑃𝐶𝑂 + 𝐾𝐻2 𝑃𝐻2 + 𝐾𝐶𝐻4 𝑃𝐶𝐻4 + (𝐾𝐻2 𝑂 𝑃𝐻2𝑂 ⁄𝑃𝐻2 )
The model is validated using the experimental data from Hoang & Chan [48] as shown in Table
2.5. The total inlet flow rate is 14.4 kg/hr. The temperature of the inlet stream is 126°C, which is
lower than the oxidation reaction that gets initiated at a temperature 280oC or so, heating up the
bed temperature to 300°C or so [48,49].
Table 2.5: Validation of ATR Model with Hoang & Chan [48]
Inlet mol%

Outlet mol%
Model

Reported

Error %

H2

1.30

27.0

30.0

10.0

CO

0.400

7.00

6.50

7.70

CO2

0.100

6.30

7.00

10.0

O2

12.0

0

0

0

H2O

24.6

23.8

22.5

5.80

CH4

16.4

0

0

0

N2

45.3

35.8

34.0

5.30

Temperature (oC)

126

794

762

3.10

An experimental study by Scognamiglio et al. [49] focusing on the temperature profiles of catalytic
ATR reformer shows that the oxidation reaction is initiated as the gas temperature increases
beyond a threshold due to heat exchange with the hot catalyst followed by the steam reforming
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reaction that occurs as the temperature exceeds a threshold due to the oxidation reactions.
However, in Aspen Plus®, the catalyst temperature is not available as a variable. As a workaround,
heat flux between the catalyst and gas phase is calculated using their respective temperature
profiles reported by Hoang & Chan [48] with the constraint that the total heat flux should sum up
to zero since the reactor operates adiabatically. This calculated heat flux profile is passed on to the
ATR reactor. Operating conditions like steam/C ratio, O2/C ratio and inlet temperature depend on
the exit syngas composition and its intended application. These operating conditions are designed
to satisfy the desired H2/CO ratio, which ranged between 1 and 2 in this study. Because of the high
hydrogen content in the shale gas, CO2 is recycled to the ATR reactor to achieve lower H2/CO
ratio (<1.6). This aspect will be discussed in detail later in this Chapter. The O2/C ratio is
manipulated to keep the outlet reactor temperature between 850°C and 1100°C as recommended
by the industry to achieve complete conversion of hydrocarbons [19,62]. In this study, the ATR
reactor is designed to operate adiabatically at 21 bar pressure with a WHSV of 7.23 h-1. The
steam/C and O2/C ratios are varied between 0.5-0.7 and 0.6-0.7, respectively. The catalyst
considered for this reactor is Ni/Al2O3 with a loading of 77,713 kg (particle density= 1870 kg/m3),
and the bed voidage is assumed to be 0.4 [64].

2.6.

Acid Gas Removal (AGR) Section

Presence of CO2 in the feed to the DME reactor is known to have a negative impact on the
production of DME. A study by Kabir et al. [54] on production of DME from Victorian brown
coal reported a three-fold increase in the DME yield when the CO2 content in the feed stream was
zero. However, the utility consumption in the AGR unit can increase significantly if the partial
pressure of CO2 at the inlet and outlet of the AGR unit decreases especially when a physical solvent
is used. The partial pressure of CO2 in the AGR unit can be increased by considering a lower extent
of CO2 capture in the AGR unit and by recycling a CO2-rich stream back to the ATR reactor. It
also provides flexibility in maintaining the H2/CO ratio at the outlet of the ATR reactor. However,
recycling of CO2-rich gas would require compressor(s). Therefore, the extent of CO2 capture from
the syngas should be determined by considering these tradeoffs.
In this study, both physical and chemical CO2 removal technologies are evaluated for treating the
raw syngas because the CO2 partial pressure changes considerably due to the consideration of
different H2/CO ratio at the outlet of the ATR reactor. Rectisol, a physical solvent, is being used
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commercially for years, requiring relatively less utility consumption when operated at high
pressure [54]. Therefore, it is selected as a potential technology. Jiang and Bhattacharyya [44,65]
evaluated three CO2 capture technologies, namely Selexol, monoethanolamine (MEA) and
MDEA/PZ, for post Fischer-Tropsch CO2 capture in an indirect coal-biomass to liquids plant. The
shale-gas to DME production process has a strong similarity to the indirect coal-biomass to liquids
plant in terms of the feed composition to the AGR unit and its design objective. It was observed in
that study that the MDEA/PZ technology with intercooling had the lowest overall penalty. Hence,
MDEA/PZ is evaluated as a potential chemical absorption technology in this study. Advantages of
the Rectisol technology over the MDEA/PZ technology are simple solvent regeneration, cheap
solvent, and flexible process configuration. Some of the disadvantages of the Rectisol process are
refrigeration requirement, requirement of high partial pressure in the absorber, higher solvent
circulation rate for removing CO2, and absorption of hydrocarbons in the solvent.
2.6.1. Rectisol Process
Rectisol process uses methanol as the solvent with the absorber operating at temperatures between
-28° to -70°C, and at a pressure of 30 to 60 bar [51]. In this study, a rate-based absorber model
available in the Aspen Plus® library with the Perturbed-Chain Statistical Associating Fluid Theory
(PC-SAFT) thermodynamic package is used. The model parameters of this model have been
regressed using experimental data [66]. There are several configurations available in open
literature for the Rectisol process for selective removal of H2S and CO2 [67]. However, in our
study only CO2 is present, so a new process scheme is developed as shown in Fig. 2.4.
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Figure 2.4: Schematic of the Rectisol Process
The CO2 absorber is operated at 50 bar, which is decided based on the operating pressure of the
downstream DME synthesis unit. Fresh syngas is compressed and fed to the bottom of the absorber
while the chilled methanol (-28°C) is fed to the top. Clean syngas is obtained from the top of the
absorber, while the CO2 loaded methanol leaves the absorber bottom. The bottom stream from the
absorber is sent to a flash vessel operating at 15 bar to flash off and recycle the captured syngas.
The liquid stream from the flash vessel is heated and fed to the stripper, a tray column, operating
at 10 bar to regenerate the solvent which is then recycled to the absorber. A design specification
is implemented to limit the concentration of CO2 in the clean syngas stream to 1 mol%.
An ammonia refrigeration cycle is modeled with a minimum temperature approach of 5oC to meet
the refrigeration demand in the Rectisol process. The refrigeration cycle consists of a 4-stage
compressor with inter-stage cooling, an expander, and a heat exchanger. Ammonia, at 35°C and
15 bar, from the multi-stage compressor is expanded to -33.34°C. A design specification is used
to control the temperature of ammonia, after heat exchange with methanol, to ensure that the
minimum temperature approach is met. The overall energy consumption of the Rectisol process is
calculated using the specific equivalent electric consumption (SEEC) shown below [68].
𝑆𝐸𝐸𝐶 =

𝐸𝑟𝑒𝑓 + 𝐸𝑐𝑤 + 𝐸𝑝𝑟𝑜𝑐𝑒𝑠𝑠 + 𝐸𝑓𝑢𝑒𝑙 + 𝐸𝑟𝑒𝑏𝑜𝑖𝑙𝑒𝑟
𝐶𝑂2 𝑐𝑎𝑝𝑡𝑢𝑟𝑒𝑑

(2.1)

In Eq. (2.1), 𝐸𝑟𝑒𝑓 is the electric power required in the refrigeration cycle compressors; 𝐸𝑐𝑤 is the
electric power required for cooling water circulation; 𝐸𝑝𝑟𝑜𝑐𝑒𝑠𝑠 is the electric power consumed by
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process pumps and compressors; 𝐸𝑓𝑢𝑒𝑙 is the chemical exergy of the fuel species co-captured with
CO2 and 𝐸𝑟𝑒𝑏𝑜𝑖𝑙𝑒𝑟 is the electric equivalent of reboiler duty. Since, the loss of fuel species i.e. H2
and CO in the AGR process is very less (<0.008) 𝐸𝑓𝑢𝑒𝑙 is ignored in the calculations. The SEEC
calculated using our model is compared with the study of Gatti et al. [68] in Table 2.6. As seen,
the SEEC value of the model developed in this study is reasonably close to the optimized mixed
refrigerant scheme B, considering the difference in the CO2 partial pressure.
Table 2.6: Performance of the Rectisol Process in Comparison to Gatti et al. [68]
Our Model

Reported
Reference

Scheme B mixed

Scheme

refrigerant

Absorber Temperature (°C)

-28

-50

-50

Absorber Pressure (bar)

50

60

60

CO2 mol%

21

30

30

Eref (MW)

11.4

21.1

12.1

Ecw (MW)

0.9

1.5

1

Eprocess (MW)

3.8

15.8

18.9

Ereboiler (MW)

8.4

5

0.4

Overall Electric Consumption (MW)

24.4

43.4

32.4

CO2 Captured (kg/s)

48.2

65

65.3

CO2 capture (%)

93.6

97.5

98

SEEC (kJ/kg of CO2 captured)

507

668

496

2.6.2. MDEA/PZ Process
The advanced amine solvent with MDEA as the base amine and PZ as an activator has a lower
regeneration energy requirement compared to primary and secondary amines [69]. The rate based
model of the MDEA/PZ process in Aspen Plus® previously reported by Jiang and Bhattacharyya
[65] is used in this study, with some modifications in configuration as shown in Fig. 2.5. The
electrolyte NRTL model with Redlich-Kwong (ENRTL-RK) EOS is used to calculate the
thermodynamic properties.
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Figure 2.5: Schematic of the MDEA/PZ-Based Absorption Process for CO2 Removal
The rich solvent from the bottom of the absorber is heated by the hot stream from the stripper
bottom and sent to the flash vessel where 66% CO2 is removed. The liquid stream from the flash
separator is sent to the stripper. The desired CO2 mole fraction in the clean syngas is achieved by
manipulating the solvent circulation rate. Energy consumption in the process is 2.41 kJ/kg of CO2
capture, which is similar to the results reported by Tobiesen et al. [70].

2.7.

Direct DME Production Section

Clean syngas obtained from the syngas production section is then sent to the DME production
section. The DME production section consists of DME synthesis and separation section.
2.7.1. Direct DME Synthesis Unit
The DME reactor is a PFR being modeled by the R-PFR block in Aspen Plus® with BWR-Lee
Sterling EOS as the thermodynamic package. The configuration of the DME synthesis section is
shown in Fig. 2.6.
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Figure 2.6: Configuration of the DME Synthesis Unit
Four possible reactions as shown in Table 2.7 are considered in the direct DME synthesis reactor.
By phase rule, there are only 3 independent reactions for this reaction system [71,72]. Reactions
9, 10 and 12 are chosen as the three independent reactions in this study. These reactions take place
on a bi-function catalyst, CuO/ZnO/Al2O3 and γ-Al2O3, with a loading of 201,793 kg (particle
density = 1982.5 kg/m3 [73]), and a bed voidage of 0.4. The reactor is designed to operate at 260°C
and 50 bar with a WHSV of 1.35 h-1 like the pilot plant studies [5, 30]. Fugacity was calculated
from the equation of state and it was close to 1. So, partial pressure is used in place of fugacity in
the reaction model. The pre-exponential factor, activation energy and adsorption constants are
obtained from the open literature [74]. Zhang et al. [75] have calculated the equilibrium constants
for all species using Eq. 2.2.
𝐵

𝑙𝑛 𝐾𝑗 = 𝐴 + 𝑇 + 𝐶 𝑙𝑛 𝑇 + 𝐷𝑇 + 𝐸𝑇 2 + 𝐹𝑇 3

(2.2)

However, since only the first four terms are allowed in Aspen Plus®, the parameters of the
truncated equation are estimated, using the value of the equilibrium constant calculated using Eq.
2.2 and the parameters reported by Zhang et al. [75], over a temperature range of 200°C- 400°C,
which is the expected feasible range of operation of the DME synthesis reactor. The updated
coefficients for the equilibrium constants are reported in Appendix A. When the kinetic parameters
proposed by Nie et al. [74] were used, the simulation results deviated considerably from the
experimental data.
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Table 2.7: Rate Model of the Direct Syngas to DME Synthesis Reaction [33,74]
No.

Reaction
𝑟9 =
CO + 2H2 ↔ CH3 OH

9

CO2 + 3H2 ↔ CH3 OH + H2 O

𝑘9 𝑓𝑐𝑜 𝑓𝐻22 (1 − 𝐵9 )
(1 + 𝐾𝑐𝑜 𝑓𝑐𝑜 + 𝐾𝐶𝑂2 𝑓𝑐𝑜2 + 𝐾𝐻2 𝑓𝐻2 )3

(1 + 𝐾𝑐𝑜 𝑓𝑐𝑜 + 𝐾𝐶𝑂2 𝑓𝑐𝑜2 + 𝐾𝐻2 𝑓𝐻2 )

𝑟11 =
CO + H2 O ↔ CO2 + H2

𝑓𝐶𝐻3 𝑂𝐻 𝑓𝐻2 𝑂

-49,400

𝐾10 𝑓𝑐𝑜2 𝑓𝐻32

1 + 𝐾𝑐𝑜 𝑓𝑐𝑜 + 𝐾𝐶𝑂2 𝑓𝑐𝑜2 + √𝐾𝐻2 𝑓𝐻2

𝑟12 =
2CH3 OH ↔ CH3 OCH3 + H2 O

4

𝑘11 𝑓𝐻2 𝑂 (1 − 𝐵11 )

𝑤ℎ𝑒𝑟𝑒 𝐵11

12

-90,400

𝑘10 𝑓𝑐𝑜2 𝑓𝐻32 (1 − 𝐵10 )

𝑤ℎ𝑒𝑟𝑒 𝐵10 =

11

(kJ/kmol)

𝑓𝐶𝐻3 𝑂𝐻
𝑤ℎ𝑒𝑟𝑒 𝐵9 =
𝐾9 𝑓𝑐𝑜 𝑓𝐻22
𝑟10 =

10

ΔH298

Rate Equation

𝑓𝐶𝑂2 𝑓𝐻2
=
𝐾11 𝑓𝑐𝑜 𝑓𝐻2𝑂

-41,000

𝑘12 𝑓𝐶𝐻3 𝑂𝐻 (1 − 𝐵12 )
(1 + √𝐾𝐶𝐻3 𝑂𝐻 𝑓𝐶𝐻3 𝑂𝐻 )2

𝑤ℎ𝑒𝑟𝑒 𝐵12

𝑓𝐷𝑀𝐸 𝑓𝐻2 𝑂
=
2
𝐾12 𝑓𝐶𝐻
3 𝑂𝐻

-23,000

In order to improve model accuracy, the Aspen Plus® Regression tool is used to obtain the preexponential factor and activation energy of Reactions 9, 10, and 12. The key difference in the data
regression approach between this study and Nie et al. [74] is in the formulation of the objective
function. While Nie et al. [74] only considered weighted output data in the objective for parameter
estimation, in this work variances in both input and output data are considered. The objective
function that is minimized by Nie et al. [74] is shown in Eq. 2.3.
𝑁𝑒𝑥𝑝

𝑁

𝑓 = ∑ (∑(𝑦𝑖 − 𝑦̂𝑖 )𝑇 𝑤𝑖−1 (𝑦𝑖 − 𝑦̂𝑖 ))
𝑗=1

(2.3)

𝑖=1
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In Eq. 2.3, 𝑤𝑖 represents the weights used for component 𝑖; 𝑦𝑖 is the experimental mole fraction
and 𝑦̂𝑖 is the predicted mole fraction of the component 𝑖. The objective function that is used in this
study is given by Eq. 2.4:
𝑁𝑒𝑥𝑝

𝑁𝑟𝑗

𝑁𝑟𝑟𝑗

𝑗=1

𝑘=1

𝑛=1

1
̂𝑗,𝑘 )𝑇 𝜎𝑗,𝑘 −2 (𝑊𝑗,𝑘 − 𝑊
̂𝑗,𝑘 ) + + ∑ (𝑌𝑗,𝑛 − 𝑌̂𝑗,𝑛 )𝑇 𝜎𝑗,𝑛 −2 (𝑌𝑗,𝑛 − 𝑌̂𝑗,𝑛 )))
𝑓 = ( ∑ (∑(𝑊𝑗,𝑘 − 𝑊
2

(2.4)

In Eq. 2.4, 𝑁𝑒𝑥𝑝, Nr, 𝑊, Ŵ, 𝑁𝑟𝑟, 𝑌, Ŷ, 𝜎 represent the number of experiments conducted, number
of input variables, measured values of the input variables, estimated values of the input variables,
number of measured output variables, measured values of the output variables, estimated values
of the output variables and standard deviation for the variables, respectively. Nie et al. [74]
considered only three components, CO, CO2 and DME, in their objective function, while in this
study, five components, namely CO, CO2, DME, H2O and H2, are taken into account. The
estimated parameters are shown in Appendix A. Fig. 2.7 shows comparison between the estimated
mole fractions and the experimental data [74].
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Figure 2.7: Comparison of the Estimated Mole Fractions with the Experimental Data from
Nie et al. [74]
2.7.2. DME Separation Unit
There is hardly any work in the open literature on the separation of DME from CO2. In a conference
paper on DME production [31], MDEA solvent was used to separate DME. Since MDEA is a
chemical solvent, it has a high reboiler duty. In this study, a novel configuration for DME-CO2-
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syngas separation unit is proposed as shown in Fig. 2.8 by using methanol as the solvent to reduce
the utility consumption. As the default NRTL-RK property method in Aspen Plus® library does
not have the required binary interaction parameters for the methanol-DME-CO2-CO-H2O system,
binary interaction parameters in the NRTL-RK EOS are regressed using the experimental data
available in the open literature [76–83]. The regressed binary interaction parameters and the parity
plots are shown in Appendix B.

Figure 2.8: Configuration of DME Separation Unit
CO2 has good solubility in DME at elevated pressure and low temperature [76]. In this study, the
outlet stream from the DME reactor is chilled to 0°C and fed to a flash vessel operating at 45 bar,
where more than 50% CO2 remains dissolved in the liquid stream that contains about 86% DME.
The vapor stream from the flash vessel is fed to the bottom of the high pressure absorber, where a
methanol-water mixture is used as the solvent and fed to the absorber top to separate the
unconverted syngas from other components. The absorber uses Glitsch Grid EF25A structured
packing [32]. It is designed for a maximum fractional capacity of 80% flooding. The top stream
from the absorber is recycled to the DME reactor. The flow rate of the solvent is manipulated to
keep the CO2 concentration in the total feed to the DME reactor to be less than 3 mol%. The
bottoms stream is fed to a distillation column. Design parameters such as the number of stages,
reflux ratio and feed tray of the distillation column are used to obtain the desired CO2 release from
the solvent [32]. The released CO2 is recycled to the ATR reactor and the bottoms stream is fed to
the DME column. This distillation column is designed to produce DME with more than 99.8 mol%
purity at the top. The bottom from the DME column containing mainly water and methanol is
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recycled back to the absorber for syngas separation. The desired DME purity is obtained by
manipulating the reflux ratio.

2.8.

Indirect DME Synthesis Section

In this section, details of the kinetic reactor models of the methanol synthesis reactor and the
methanol dehydration reactor are discussed. In addition, design of the product recovery unit is also
discussed. As mentioned before, in the indirect DME synthesis section, syngas is first converted
to methanol and then methanol is converted to DME.
2.8.1. Methanol Synthesis Unit
The methanol synthesis unit consists of the methanol synthesis reactor and the syngas separation
column. The configuration of the methanol synthesis unit is shown in Fig. 2.9. RKSMHV2 and
PC-SAFT EOS are used as the property methods for the reactor and the separation column,
respectively. Fresh syngas from the syngas production unit is compressed to 60 bar and heated to
250°C in a series of heat exchangers followed by a fired heater. After pre-heating the reactor inlet
stream, the effluent from the methanol synthesis reactor is further cooled to 60°C and fed to a flash
vessel for methanol separation. About 85% of the vapor stream from the flash vessel is recycled
to the methanol synthesis reactor and the remaining is purged to avoid CO2 buildup. The liquid
stream is sent to a distillation column operating at 12 bar for methanol purification. The bottom
stream from the distillation column containing 99.5 mol% methanol is then sent to the methanol
dehydration reactor.

Figure 2.9: Configuration of the Methanol Synthesis Unit
The methanol synthesis reaction takes place on a commercial Cu/ZnO/Al2O3 catalyst with a
loading of 96,609 kg (particle density = 1775 kg/m3; bed voidage = 0.5). These reactions occur
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under isothermal condition typically at 210-270°C, and 50-100 bar pressure [84,85]. Three
possible reactions in this reactor are CO hydrogenation, CO2 hydrogenation and reverse water gas
shift (RWGS). Only two reactions out of these three reactions are independent. In this work, the
CO2 hydrogenation and RWGS reactions are considered to be the independent reactions with the
kinetic models as shown in Table 2.8 [86].
Table 2.8: Rate Model of the Methanol Synthesis Reaction
No.
13

14

Reaction

ΔH298 (kJ/kmol)

Rate Equation

CO2 + 3H2 ↔ CH3 OH + H2 O

𝑘13 𝑃𝐶𝑂2 𝑃𝐻2 (1 −
𝑟13 =

𝑃𝐻2 𝑂 𝑃𝐶𝐻3 𝑂𝐻
)
𝐾13 𝑃𝐻32 𝑃𝐶𝑂2

-49,400

𝐴𝐵𝑆 3
𝐾14 𝑃𝐻2 𝑂 𝑃𝐶𝑂
𝑃𝐻2 𝑃𝐶𝑂2 )
𝐴𝐵𝑆

𝑘14 𝑃𝐶𝑂2 (1 −

CO2 + H2 ↔ CO + H2 O

𝑟14 =

41,000

ABS = 1 + (𝐾𝐻2 𝑂,𝐻2 𝑃𝐻2 𝑂 ⁄𝑃𝐻2 ) + 𝐾𝐻0.5
𝑃0.5 + 𝐾𝐻2 𝑂 𝑃𝐻2𝑂
2 𝐻2
The readjusted parameters for the model are obtained from Van-Dal and Bouallou [84]. Model
validation is performed using the experimental data given by Vanden Bussche and Froment [86].
The concentration and temperature profiles shown in Fig. 2.10 closely matches the experimental
data of Bussche and Froment [86].
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Figure 2.10: Concentration and Temperature Profile of the Methanol Synthesis Reactor
Two key factors for optimal methanol production are module (M) of the feed syngas, defined as
(H2 - CO2)/ (CO + CO2), and the CO/CO2 ratio. A module of 2 and a high CO/CO2 ratio are
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recommended for higher reaction rates and high single-pass syngas conversion. The syngas
produced by the ATR reactor has a module of 1.7 to 1.8. This module can be adjusted to 2 by either
adding hydrogen to the ATR reactor or removing CO2 from the syngas. In this study, CO2 is
removed from the syngas by using the Rectisol technology as mentioned earlier. It should be noted
that if the module is adjusted by using hydrogen, then there can be a higher energy penalty due to
the hydrogen generation and purification units.
2.8.2. Methanol Dehydration Unit
The configuration of the methanol dehydration unit is shown in Fig. 2.11. Methanol from the
methanol synthesis unit is heated to the desired temperature using a fired heater and fed to the
methanol dehydration reactor. The reactor effluent is cooled to 60°C and fed to the DME
purification column operating at about 10 bar. The desired DME purity is 99.8 mol% which is
obtained by manipulating the reflux ratio in the DME purification column. The bottom stream
from the DME purification column is fed to the methanol-water separation column from which 98
mol% pure methanol is recovered and mixed with the methanol from the methanol purification
unit.
The methanol dehydration reactor is modeled as a PFR with LHHW kinetics, operating at 250°C,
10 bar with a WHSV of 4.05 h-1 [87]. The reaction takes place on a γ-Al2O3 catalyst with a loading
of 44,140 kg (particle density = 2141 kg/m3; bed voidage = 0.4) [88]. The DME purification
column and methanol-water separation column are modeled as equilibrium-based models. NRTLRK EOS with regressed binary interaction parameters mentioned in the Section 2.7.2 is used as
the thermodynamic model for this unit.

Figure 2.11: Configuration of DME Synthesis Unit
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The rate model of the methanol dehydration reaction is shown in Table 2.9 [89]. Kinetic parameters
of the model are taken from Mollavali et al. [89]. The equilibrium constant for this reaction, given
by Eq. 2.5, is obtained from the work of Diep and Wainwright [90].
ln 𝐾𝑒𝑞 =

2835.2
𝑇

+ 1.675 ln 𝑇 − 2.39 × 10−4 𝑇 − 13.360

(2.5)

The reactor model is validated with the work of Bercic and Levec [91], as shown in Appendix C.
Due to the lack of experimental data in the open literature, a more comprehensive validation could
not be performed. However, the results of the rate-based reactor model are also compared with a
Gibbs free energy minimization reactor model, as shown in Appendix C.
Table 2.9: Rate Model of the Methanol Dehydration Reaction
ΔH298
No.

Reaction

Rate Model
(kJ/kmol)

15

2.9.

2CH3 OH ↔ CH3 OCH3 + H2 O

𝑟15 =

𝑘15 𝑃𝐶𝐻3 𝑂𝐻 − (𝑘15⁄𝐾15 )(𝑃𝐷𝑀𝐸 𝑃𝐻2 𝑂 ⁄𝑃𝐶𝐻3 𝑂𝐻 )
𝐾𝐶𝐻3 𝑂𝐻 𝑃𝐶𝐻3 𝑂𝐻 + (𝑃𝐻2 𝑂 ⁄𝐾𝐻2 𝑂 ) + 1

-23,000

Heat Recovery Steam Generation (HRSG) and Steam Cycle

To satisfy the utility requirement in the process, the purge streams rich in fuel gases from the
process, along with additional shale gas, is fed to the HRSG. The quantity of the additional shale
gas required in the HRSG varies between 1-10% of the shale gas fed to the pre-reforming reactor.
The configuration of the single-pressure HRSG with reheat and SC is shown in Fig. 2.12, similar
to the steam side of a typical combined cycle plant. The main heat sources are the hot flue gas
(blue color) from the combustor and the hot syngas from the ATR reactor (Cyan color). This
section is configured and modeled by suitably modifying our previous work in this area as a part
of IGCC and coal-biomass to liquids processes [44,92]. Boiler feed water (BFW) is heated up to
130°C before splitting into the high pressure (HP - green color), intermediate pressure (IP – pink
color) and low pressure (LP – red color) streams. The HP stream is pumped to 138 bar, preheated
using the HP preheater and then heated up to near its saturation temperature using the HP
Economizer 1 and HP Economizer 2. This stream is then sent to the HP Evaporators 1 and 2 for
generating saturated steam. The saturated steam is sent through the superheaters before sending it
to the HP steam turbine. The IP stream is heated up to near-saturation temperature using the IP
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economizer and then sent to the IP evaporator for generating saturated steam. Saturated LP steam
is generated in the LP evaporator. Design spec is used to ensure that the temperature difference
between the hot streams and cold streams is at least 10°C in the LP and IP evaporators. Design
specs are also implemented to ensure that the steam requirements in the ATR reactor, IP steam to
the header, and LP steam to the header are achieved by manipulating the split fraction of the
corresponding splitters. The HP steam generated from the HRSG is used to drive the steam turbine.
Various stages of the steam turbine are named as follows: HP ST, IPST 1 & 2, LP ST 1 & LP ST
2. The isentropic efficiency and the operating conditions of each section are based on the studies
conducted for similar applications [44,93–95].

Figure 2.12: The configuration of HRSG and SC
More information on the steam turbine can be found in Table 2.10. The net overall efficiency (𝜂𝑒 )
of the HRSG and SC, defined by Eq. 2.6, is 24.85% for the direct DME synthesis process. In Eq.
2.6, QT is the thermal energy; QF is the calorific value of the fuel (LHV basis). In this study, steam
is extracted from various stages to satisfy the utility requirement in the process, as shown in Fig.
2.12. If steam extraction to ATR and pre-reforming reactor, and the steam to the LP and IP header
are not considered then the net overall efficiency is 42.4%.
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𝜂𝑒 = 𝑄𝐸 ⁄𝑄𝐹

(2.6)

The HRSG & SC plant can satisfy all the steam requirement in the indirect DME process, direct
DME (H2/CO = 2) process with both AGR technologies and direct DME (H2/CO = 1) with Rectisol
technologies. In the direct DME process, when the syngas H2/CO = 1 and MDEA/PZ is used for
CO2 removal, an auxiliary boiler is used to satisfy the steam requirement for the MDEA/PZ unit.
The amount of the shale gas used in this auxiliary boiler is about 7.9% of the amount of the shale
gas fed to the pre-reforming reactor. The amount of electricity generated in the SC is enough to
satisfy the requirement in the direct DME synthesis plants, while for the indirect DME plant
additional electricity must be bought from the grid.
Table 2.10: Operating conditions for the steam turbines
ST section

Operating condition
(pressure, isentropic efficiency)

HP ST section

HPST1: 91.5 bar, 0.8
HPST2: 57.2 bar, 0.875
HPST3: 31.01 bar, 0.89

IP ST section

IPST1: 21.3 bar, 0.89
IPST2: 11.01 bar, 0.893

LP ST section

LPST1: 6.01 bar, 0.91
LPST2: 1.7 bar, 0.92
LPST3: 0.067 bar, 0.92

2.10. Results and Discussion
Table 2.11 provides the summary of the base case (i.e. H2/CO =1) material balance for the direct
synthesis route with the stream numbers marked in Fig. 2.1. Two key design variables investigated
in this study for the direct synthesis process are the CO2 recycle and the H2/CO ratio in the DME
production section inlet stream. Sensitivity analysis of the syngas synthesis and AGR units for
varying CO2 feed and H2/CO ratio is presented in Section 2.10.1. In Section 2.10.2, the effect of
feed composition in the DME reactor and sensitivity of methanol content on the reboiler duty in
the direct syngas-to-DME production process are discussed. Various studies on the indirect
syngas-to-DME production process are discussed in Section 2.10.3.
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Table 2.11: Summary of Material Balance for Base Case (H2/CO = 1)
Stream #

1

2

3

4

5

Temperature (°C)

40.0

532

939

35.0

25.0

Pressure (bar)

30.4

30.1

19.9

50.6

50.0

Total Flow (kg/hr)

5,200

8,412

27,645

20,106

15,925

Total Flow (kmol/hr)

98,047

141,821

561,990

424,302

243,021

Mole Fraction
CH3OH
CO2

trace
0.009

CO
N2

0.003

H2
CH4

0.838

H2O

0.048

0.154

0.209

0.010

trace

0.286

0.392

0.490

trace

trace

trace

trace

0.070

0.287

0.394

0.496

0.676

trace

trace

trace

0.200

0.270

trace

C2H6

0.120

C3H8

0.030

Stream #

6

7

8

9

10

Temperature (°C)

-1.21

-1.21

48.1

60.0

61.5

Pressure (bar)

45.0

45.0

45.0

20.9

15.0

Total Flow (kg/hr)

4,235

4,207

8,885

10,267

2,396

Total Flow (kmol/hr)

184,221

88,177

239,456

305,234

110,345

0.415

0.368

Mole Fraction
CH3OH

0.021

CO2

0.392

0.206

0.086

CO

0.036

0.301

0.027

N2

trace

0.017

trace

H2

0.428

H2O

0.026

C2H6O

0.521

0.045

0.448

0.398

0.021

0.233

0.999
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2.10.1. Syngas Synthesis and AGR Unit
2.10.1.1.

Effect of CO2 Recycle on Syngas Synthesis Unit

Due to high hydrogen content in the shale gas, obtaining a low H2/CO ratio (< 1.6) is difficult.
Recycling of CO2 from the downstream AGR unit and DME production unit to the ATR reactor
is required to obtain a lower ratio, as shown in Fig. 2.13. Providing more CO2 to the ATR unit
results in production of more CO thereby reducing the H2/CO ratio, as seen in Fig. 2.13.
2.1
1.9

H2/CO

1.7
1.5
1.3
1.1
0.9
0

0.05

0.1

0.15

0.2

0.25

0.3

0.35

0.4

CO2 Recycle/Fresh Feed (molar)

Figure 2.13: Sensitivity of H2/CO Ratio to the CO2 Recycle Ratio
Recycle of CO2 has advantages and disadvantages. For example, to obtain H2/CO ratio of 1, 87%
of the total CO2 produced is utilized in the ATR reactor. The main disadvantage of having a CO2
recycle is the increase in the utility usage due to the compression of CO2 before feeding it to the
ATR reactor. It also results in more utility consumption in other sections of the process. Another
effect of the higher recycle ratio is the increase in the equipment size, which is not captured in this
work. The advantage of having a CO2 recycle is the higher carbon yield. As seen in Table 2.12,
CO2 requirement reduces with the increase in the H2/CO ratio. Electricity and cooling water usage
shown are for the compression of oxygen feed to the ATR reactor and CO2 for recycle. The increase
in the utility requirement is mainly due to compression of CO2 recycle. It should be noted that the
O2/C and steam/C ratio are independent variables for each case and hence are different. As
mentioned earlier, these two variables are manipulated to control the temperature and composition
at the ATR reactor outlet.
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Table 2.12: Effect of the CO2 Recycle on Syngas Synthesis Unit

2.10.1.2.

Case

H2/CO =1

H2/CO =1.5

H2/CO =2

O2/C (molar)

0.7

0.64

0.65

Steam/C (molar)

0.6

0.58

0.65

CO2 Recycle/Fresh Feed (molar)

0.44

0.19

0

Electricity Consumed (MW)

5

3

2

Cooling Water Required (MW)

126

96

85

Effect of H2/CO Ratio on the AGR Unit

As discussed in Section 2.10.1.1, higher CO2 recycle is required to obtain a lower H2/CO ratio. As
a result of utilizing more CO2 in the ATR reactor, the partial pressure of CO2 increases in the ATR
outlet. Table 2.13 compares the operating costs and utility consumptions in the AGR unit due to
the change in the H2/CO ratio. For fair comparison, only 1 mol% of CO2 in the clean syngas stream
goes to the DME production section in all case studies. Energy consumptions in the refrigeration
unit and syngas compressor are included in the results of the Rectisol process. Energy consumption
in the syngas compressor downstream of the AGR unit is included in the results of the MDEA/PZ
process. Costs of electricity, cooling water and low pressure steam (LPS) are assumed to be $
16.8/GJ, $ 0.354/GJ and $ 14.05/GJ, respectively [96]. For the Rectisol process, the major utility
consumption is due to the syngas compressor before the AGR unit and the reboiler duty for solvent
regeneration, while for the MDEA/PZ process, more than 40% of the utility consumption is due to
solvent regeneration. As expected, for both processes the solvent circulation rate decreases with
the increase in the H2/CO ratio because of the decrease in the amount of CO2 produced in the ATR
unit. However, it should be noted that the cost per unit amount of CO2 captured increases as the
H2/CO ratio increases as seen in Table 2.13. This is due to the decrease in the CO2 partial pressure,
which has strong impact in the physical absorption process.
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Table 2.13: Effect of H2/CO Ratio on CO2 Removal Technologies
H2/CO =1

H2/CO =1.5

H2/CO =2

AGR technology

Rectisol

MDEA/PZ

Rectisol

MDEA/PZ

Rectisol

MDEA/PZ

Total pressure (bar)

50

10

50

10

50

10

CO2 mole%

21.0

21.0

11.9

11.9

5.2

5.2

CO2 feed (104 kg/hr)

18.5

18.5

9.62

9.62

3.88

3.89

Solvent circulation rate (105 kg/hr)

11.4

5.46

8.81

2.96

6.21

1.21

CO2 captured

94%

96%

90%

93%

78%

81%

Electricity (GJ/hr)

196

113

168

119

147

117

Cooling water (GJ/hr)

357

401

303

246

246

133

5 barg steam (GJ/hr)

157

416

114

223

79

89

Cost ($/Mt of CO2 captured)

32

44

53

58

121

103

19

32

24

36

53

41

Utility Requirements

Cost ($/Mt of CO2 captured) w/o
syngas compressor

For chemical absorption, the increase in cost per unit amount of CO2 captured is due to the increase
in the solvent to CO2 flowrate ratio (molar) from 1.16 to 1.23 as the partial pressure of CO2
decreases from 2.1 bar to 0.52 bar, respectively. Considering the cost of CO2 capture, it is observed
that the Rectisol process is a better option for lower H2/CO ratio cases (i.e. 1 and 1.5) in comparison
to the MDEA/PZ process. For H2/CO ratio of 2, MDEA/PZ process is preferred in comparison to
the Rectisol process.
2.10.2. Direct Syngas-to-DME Production Section
The overall utility usage by the DME production section in the base case (i.e. H2/CO = 1) is studied
by evaluating two different CO2 capture technologies for the AGR unit, as shown in Table 2.14. It
shows how the choice of the AGR technology affects the utility usage in the DME production
section. Costs of medium pressure steam (MPS) and natural gas are assumed to be $ 14.83/GJ and
$ 2.64 /GJ, respectively [96,97]. It should be noted that the overall refrigeration duty shown is only
for the refrigeration required in the DME production section. The refrigeration duty required in the
AGR unit is not considered because it is not considered to be part of the DME production section.
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Table 2.14: Utility Consumption by DME Production Section when H2/CO =1
Syngas Production Section with AGR
technology

Rectisol MDEA/PZ

Refrigeration Unit
Electricity (GJ/hr)

47

51

Cooling Water (GJ/hr)

179

201

Fired Heater (GJ/hr)

7

7

Cooling water (GJ/hr)

99

168

Electricity (GJ/hr)

1

1

Electricity (GJ/hr)

1

1

Cooling Water (GJ/hr)

274

303

MPS (GJ/hr)

191

218

LPS (GJ/hr)

223

234

Total Utility Cost ($/hr)

6,998

7,676

DME Synthesis Unit

DME Separation Unit

As mentioned earlier, the Rectisol process uses chilled methanol as a solvent at -28°C for CO2
absorption. As a result, cold process streams are available in the AGR unit which can be utilized
to cool the DME reactor effluent. The DME reactor effluent is chilled because CO2 solubility in
DME increases at lower temperature and higher pressure. When MDEA/PZ is used in the AGR
unit, there are no cold streams available. Therefore, chilling of the DME reactor effluent is
accomplished only by the refrigeration unit. This increases utility consumption in the refrigeration
unit resulting in the increase in the utility cost of the DME production unit when MDEA/PZ is
used in the AGR unit. Similar results are obtained for higher H2/CO ratios as well.
2.10.2.1.

Effect of Feed Composition on DME Productivity

Composition of the fresh feed to the DME reactor has a strong impact on DME productivity, as
shown in Fig. 2.14. Maximum DME productivity of 16.7 mol/kg catalyst hr is achieved when
H2/CO is 1.
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Figure 2.14: Effect of the H2/CO ratio on DME Productivity at 260°C, 50 bar, 1.35 h-1
WHSV
In comparison to the H2/CO ratio of 1, the DME productivity decreases by 42% and 14% when
the H2/CO ratio changes to 0.5 and 2, respectively. As the H2/CO ratio increases, carbon utilization
goes up, but hydrogen utilization goes down. The reduction in carbon utilization in the CO-rich
region is due to the insufficient supply of hydrogen for CO hydrogenation reaction (Reaction 9).
In the hydrogen-rich region, maximum carbon utilization is reached while ample amount of
hydrogen is still available, which accumulates in the recycle loop. Due to this imbalance in the H2
and CO conversion, and the recycle of unconverted syngas to the DME reactor, the H2/CO ratio in
the total feed (i.e. after the recycle is mixed) to the DME reactor increases to 1.02, 2.20 and 3.70,
when the H2/CO ratio in the fresh feed is 1, 1.5 and 2, respectively. Maximum DME productivity
of 17 mol/kg catalyst hr is achieved when there is no CO2 in the fresh feed. The productivity
decreases by 7% when the CO2 content is 3 mol%, as shown in Fig. 2.15. This shows that the DME
productivity is highly sensitive to the CO2 content in the feed stream.
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Figure 2.15: Effect of the CO2 Content on DME Productivity
2.10.2.2.

DME Separation Unit

A summary of some important streams for the base case is shown in Table 2.15, with the stream
numbers marked in Fig. 2.8. As mentioned in Section 2.7.2, DME is an excellent solvent for
capturing CO2 at low temperature and high pressure. In this study, the DME reactor effluent stream
is cooled to 0°C because the low operating temperature is beneficial for physical absorption.
Unfortunately, the authors could not find the VLE data of DME-CO2 system below 0oC. Cooling
this stream to a lower temperature might be beneficial but is not investigated here since
extrapolation of the thermodynamic model can lead to errors.
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Table 2.15: Material Balance for DME Separation Unit (H2/CO = 1)
Stream #

1

2

3

4

5

Temperature (°C)

0.000

-1.207

-1.207

15.4

41.9

Pressure (bar)

49.9

45.0

45.0

45.0

45.0

Total Flow (kg/hr)

8,442

4,207

4,235

7,686

13,120

Total Flow (kmol/hr)

272,397

88,177

184,221

190,448

423,677

0.021

0.482

0.288

Mole Fraction
CH3OH

0.011

CO2

0.299

0.206

0.392

0.184

CO

0.168

0.301

0.036

0.030

N2

0.010

0.017

trace

trace

H2

0.214

0.428

CH4

0.002

trace

trace

trace

H2O

0.013

C2H6O

0.284

0.026
0.045

0.518

0.312

0.521

0.183

Stream #

6

7

8

9

Temperature (°C)

-23.4

60.0

61.5

33.4

Pressure (bar)

21.0

20.9

15.0

45.0

Total Flow (kg/hr)

2,853

10,267

2,396

3,008

Total Flow (kmol/hr)

118,443

305,234

110,345

39,168

Mole Fraction
CH3OH

0.368

trace

CO2

0.848

0.036

CO

0.139

0.339

N2

trace

0.021

H2

0.599

H2 O

0.398

C 2 H6 O

0.233

trace
0.999
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Methanol-water mixture is used in the absorber to capture the DME from the vapor stream of the
flash vessel. The design objective was specified to limit the DME loss to ≤ 1 mol%. To satisfy this
specification, the methanol content in the solvent stream is adjusted. As shown in Fig. 2.16, DME
capture increases with the increase in the methanol content, while CO2 capture changes negligibly.
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0.1

0.2
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Figure 2.16: Effect of Methanol Content on DME and CO2 Captured in the Absorber
The change in the methanol content also impacts the overall duty of the CO2 and DME columns,
as shown in Fig. 2.17. An increase in the methanol content in the solvent stream of the absorber
decreases the reboiler duty of the CO2 column. The heat of vaporization of water and methanol is
40.7 kJ/mol and 37.6 kJ/mol, respectively. So, as the water content decreases and methanol content
increases, less energy is required in the reboiler. On the other hand, an increase in the methanol
content in the DME column increases the reboiler duty. This is because of the high solubility of
DME in methanol thereby requiring higher reflux ratio and reboiler duty to achieve this difficult
separation.
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Figure 2.17: Effect of the Methanol Content on Reboiler Duty
2.10.3. Indirect Syngas-to-DME Process
2.10.3.1.

Methanol Synthesis Reactor

The module of the fresh syngas, defined as (H2 - CO2)/ (CO + CO2), has a strong impact on the

Methanol Production (mol/kg
hr)

methanol production, as shown in Fig. 2.18.
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(𝐻2−𝐶𝑂2)/(𝐶𝑂+𝐶𝑂2)

Figure 2.18: Effect of Syngas Module on Methanol Production at 250°C, 60 bar and
3.24 h-1 WHSV
Maximum methanol production of 30 mol/kg hr is achieved when the module of fresh syngas,
containing 1 mol% CO2, is 1.83. When the module of the fresh syngas is 1 and 3, methanol
production drops by 16% and 10%, respectively. The decrease in methanol production for module
far away from 2 is due to the imbalance in H2 and CO components which limits the reaction and
the methanol production.
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2.10.3.2.

Effect of CO2 Capture Rate on Energy Usage

Effects of varying amount of CO2, in the fresh syngas stream to the DME production section on
the overall process energy usage and DME produced are shown in Table 2.16.
Table 2.16: Effect of CO2 Capture on Indirect DME Production Process
Case

1

2

3

AGR Technology

Rectisol

Rectisol

-

Solvent Circulation Rate (kg/hr)

620,738

413,344

-

CO2 mol % allowed in Syngas

1

3

5.2

DME Produced (kg/hr)

105,430

104,005

101,869

Electricity (GJ/hr)

365

359

352

Cooling Water (GJ/hr)

1338

1310

1244

Fired Heater (GJ/hr)

148

154

0

MPS (GJ/hr)

242

239

235

LPS (GJ/hr)

120

95

44

HPS (GJ/hr)

97

97

96

Utility Cost ($/hr)

13,774

13,292

11,949

Three cases were considered in which 1 mol %, 3 mol % and 5.2 mol % (no CO2 capture) was
allowed in the clean syngas stream to the DME production section. When more CO2 (case 2 and
3) was allowed in the clean syngas stream, the DME production decreased by 1.2% and 3.2%,
respectively. Moreover, an increase in CO2 mol % in the clean syngas feed also reduced the overall
energy usage. In case 3, since the AGR unit was not considered, hot streams from the syngas
production unit are utilized to heat the feed streams of the methanol synthesis and methanol
dehydration reactors eliminating the need for feed heaters.

2.11. Conclusion
Binary interaction parameters for DME-CO2, DME-H2O, and DME-CO are not available in Aspen
Plus or open literature. So, experimental data has been used to regress them using experimental
data to increase the validity of these parameters for a wide range of operating conditions.
Comparison between the Rectisol process and the MDEA/PZ process shows that the Rectisol
process has a lower CO2 capture penalty than the later mainly due to the higher CO2 partial
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pressure. Sensitivity studies on the DME reactor show that the maximum DME productivity can
be obtained when H2/CO ratio is 1, and at lower CO2 concentration in the feed. While it is difficult
to achieve this ratio for shale-gas derived syngas, process configurations are developed by
integrating CO2 recycle streams between DME and syngas production plant to make this possible.
A novel DME separation process is also developed that uses the product DME as the solvent, and
water-methanol mixture. Several options considered in this study such as the higher CO2 recycle
would results in larger equipment sizes and therefore for thorough investigation of these options,
capital cost must be considered. The results discussed in this chapter can also be used for technoeconomic optimization studies. With additional information like transportation and storage cost,
global market demand and raw material availability, the results discussed in this chapter can be
useful in making decision about the technology selection, plant size, and the location of plant in
real life.
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Chapter 3. Techno-Economic Optimization of Shale gas to DME Production
Process via Direct and Indirect Synthesis Route
The shale gas to dimethyl ether (DME) process via direct synthesis route with a syngas H2/CO =
1 has a higher DME yield than that via indirect synthesis route. However, the direct synthesis route
involves various energy and capital-intensive processes, such as the complicated DME separation
process, and the CO2 recycle and compression process. In this chapter, techno-economic analysis
of shale gas to DME process via direct and indirect synthesis route is performed using Aspen
Process Economic Analyzer (APEA®) based on the rigorous process model developed in Aspen
Plus®. Effects of different CO2 removal technologies and DME synthesis technologies from
syngas are evaluated. Both, direct and indirect plants are optimized in Aspen Plus Equation
Oriented (EO) environment, using the rigorous process models. The effects of key design
parameters (i.e. H2/CO in the syngas) as well as investment parameters (i.e. prices of raw materials,
products, and utilities, plant scale) on the process economics have been evaluated. The direct DME
synthesis route processing a syngas with H2/CO = 1 and using the Rectisol process for CO2 capture
has 63.3% overall thermal efficiency on the lower heat value (LHV) basis, which is the highest of
all combinations studied in this work. The breakeven DME price of an optimized 5,000 MTPD
direct DME synthesis process at 20% internal rate of return (IRR) is 14.36 $/MMBTU (yielding
an equivalent diesel price of 1.23 $/gal). The equivalent diesel price of the direct DME synthesis
process is much lower than the current U.S. market diesel price of about 2.3 $/gal as of October
2020, indicating the feasibility of the process. Similarly, the breakeven DME price is 13.03
$/MMBTU for indirect DME synthesis process (yielding an equivalent diesel price of 1.11 $/gal).

3.1.

Literature Review

A few techno-economic studies are available on indirect and direct DME production processes
where natural gas, coal, or biomass is used as the feedstock. Yoon and Han [98] presented a review
of the DME production technologies and the DME market in the Asia-Pacific region. Fornell et al.
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[99] conducted a conceptual study on co-production of ethanol and DME via indirect synthesis
route from Kraft pulp mill based bio-refinery. Trippe et al. [100] performed a techno-economic
study on the production of DME from lignocellulose biomass via direct synthesis route. Clausen
et al. [101,102] and Zhou et al. [103] performed techno-economic studies on producing DME from
biomass, and from coal and natural gas mixture via the direct synthesis route. In most of those
studies, the reactors were modeled as either equilibrium or stoichiometric reactors. Zhu et al. [104]
performed a techno-economic study on the conversion of biomass to liquid fuels. They considered
various liquid fuels including DME, and the synthesis of DME was carried out via indirect route.
Larson [105] performed a detailed study on process design and economics of co-production of
methanol and electricity, DME and electricity, as well as methanol and DME from coal via the
direct synthesis route. Another study by Larson et al. [106] focused on the production of FischerTropsch liquids and DME via direct synthesis route through the gasification of biomass. Coproduction of DME as part of polygeneration integrated gasification combined cycle (IGCC)
plants and indirect biomass to liquids plants has also been studied by several authors [107,108].
However, to the best of our knowledge, there is no plant-wide techno-economic study available in
the open literature on direct DME production process where shale gas is used as the feedstock.
Most of the literature on the optimization of the direct DME synthesis process using shale gas have
focused on optimization of the reactor operating conditions to improve DME productivity. Omata
et al. [109] optimized the temperature gradient in the reactor to improve the DME yield in a direct
DME synthesis process using syngas. Hu et al. [110] optimized the reactor dimensions and
operating conditions of a pipe-shell reactor to maximize DME productivity. Yasari et al. [111]
modeled a pseudo-homogenous tubular fixed bed reactor for direct DME synthesis from syngas.
They maximized the reactor yield by optimizing the operating conditions such as feed rate,
pressure, and shell temperature. A pseudo-homogenous industrial scale fixed bed reactor was
investigated by Vakili et al. [112] for the direct synthesis of DME from syngas. They maximized
the DME production by optimizing the operating conditions and internal configuration of the
reactor. Papari et al. [36] developed a 1-dimensional heterogeneous industrial slurry reactor for
direct synthesis of DME from syngas and CO2. They also performed optimization to maximize
CO conversion and DME productivity by optimizing reactor operating conditions such as gas
velocity, catalyst mass and concentration, syngas composition, temperature, and pressure.
Optimization of operating conditions for the indirect DME synthesis process has been performed
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by several research groups [113–116]. Most of these works have used reduced models for technoeconomic optimization since it can be computationally challenging to use rigorous process models
for large-scale processes. Farahani et al. [117] performed techno-economic optimization of a
methanol to DME production process using Aspen Hysys interfaced with MATLAB. The process
model included one reactor and two distillation columns with 4 decision variables. High et al.
[118] also performed techno-economic optimization of methanol to DME production process using
Aspen Hysys interfaced with MATLAB. Kiss et al. [119] developed a rigorous process model for
the indirect DME synthesis process from methanol using reactive distillation (RD) in Aspen Plus.
Techno-economic optimization was performed using Aspen Plus interfaced with MATLAB.
Arpornwichanaop et al. [120] developed a model of a DME production process from crude
glycerol in Aspen Plus RD process. The authors evaluated the impact of a few variables on the
total annual cost (TAC). Review of the literature presented above points to several gaps that this
research seeks to fill in. First, one typical approach in the literature on techno-economic
optimization of direct and indirect synthesis routes is to use simple cost correlations. While this
approach makes the optimization problem tractable, inaccuracies in the cost correlations can lead
to a suboptimal solution. In this work, while cost correlations are still used for techno-economic
optimization, corrections factors were estimated from APEA that has a rigorous database of the
cost data that are updated typically twice a year. Second, due to the complexity of the DME
synthesis processes and strong mass and energy integration among various equipment items,
simple process models can lead to a sub-optimal solution to the techno-economic optimization
problem. In this work, rigorous process models are used for optimization. Third, an appropriate
discounted profitability criterion needs to be used as the optimization objective. Since the
investment options are mutually exclusive in this case (i.e. one would either select the direct route
or the indirect route, but not both), the option with the greatest positive net present value (NPV)
should be selected [96]. Fourth, this work presents plant-wide optimization of the direct DME
synthesis process using shale gas, which is currently lacking in the literature. Fifth, while there are
several techno-economic optimization studies for the indirect DME synthesis route, there is a lack
of studies when shale gas is used as the feed. Sixth, techno-economic optimizations of both the
direct and indirect DME synthesis routes are presented in this study using same software platforms,
similar modeling rigor and assumptions, and same cost correlations.
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The discussion in Chapter 2 shows that there are various tradeoffs between the indirect and direct
processes. While the direct route leads to higher DME yield than the indirect route, there are
additional equipment items and energy penalty associated with the direct route. Therefore, a
detailed techno-economic analysis is necessary with due consideration of capital and operating
costs. For a fair comparison, each route needs to be optimized while evaluating possible candidate
technologies, where alternatives exist. Therefore, a detailed techno-economic optimization is
presented in this work for DME synthesis by the indirect and direct synthesis routes using shale
gas as the feed. Due to the significant mass and energy integration in the DME synthesis routes, it
is challenging to solve the techno-economic optimization studies using the SM mode that solves
the blocks sequentially. Therefore, in this study, the equation oriented (EO) mode in Aspen Plus
is utilized, which solves all the model equations simultaneously leading to easier and faster
convergence. A DMO solver is used to solve the optimization problem and it uses a successive
quadratic programming (SQP) algorithm with line search and trust region methods for generating
iterates. The optimization objective is the maximization of modified form of NPV that uses the
annualized CAPEX and OPEX. Impact of key parameters such as the AGR technology, H2/CO
syngas ratio, CO2 recycle, utility and raw material prices, plant scale, contingency, and internal
rate of return (IRR) on process economics is studied. To summarize, the following contributions
have been made:
•

Rigorous techno-economic models have been developed for two distinct CO2 capture
technologies and for varying syngas H2/CO ratio.

•

Plant-wide techno-economic optimization has been performed for the direct DME and indirect
synthesis process with shale gas as the feedstock using the rigorous process models developed
in Aspen plus, rather than using the reduced-order models. Optimization for both the process
routes have been performed on the same software platform to maintain consistency in model
rigor and assumptions.

•

Cost-correlations with corrections factors derived from the rigorous APEA database and using
the appropriate profitability criteria, as the objective function, has been used in performing the
techno-economic optimization.

•

Several sensitivity studies have been conducted including the effect of H2/CO ratio, raw
material and utility prices, plant scale, contingency, and internal rate of return (IRR) on the
breakeven DME price, capital cost (CAPEX), and operating cost (OPEX).
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3.2.

Economic Analysis

The economic analysis in this study was performed using APEA, with the 2015 pricing basis. The
steady state process models developed in Aspen Plus, and the stream data consisting of mass and
energy balances are exported to APEA to perform discounted cash flow analysis. The economic
assumptions are shown in Table 3.1 [40,121]. These parameters are kept similar for both direct
and indirect DME production processes and their respective cases. All processes are described as
a licensed process, located in North America, with January 1, 2015, as the start date of engineering.
Table 3.1: Parameters for investment analysis
Investment parameter

Value

Contingency

26%

Tax rate

40 % per year

Plant overhead

50%

10% per year

G & A expenses

8% per year

Salvage value

20%

O & M escalation

3% per year

Project capital escalation

1% per year

Desired internal rate of
return

Products and raw material
escalation
Utility escalation

3.3.

1% per year each

1% per year

Investment parameter
Working capital
percentage

No. of periods for
analysis
Operating hours per
year
Length of start-up
period

Value
12% per year

20 year

8000 hour

30 week

Total Capital Cost Estimation

As stated before, there is no economic study yet in the open literature on the DME production
technology being considered here. Therefore, the estimated capital cost of the entire plant could
not be compared or validated with any literature data. However, the plant is divided into three
sections, namely syngas synthesis section, AGR section, and DME production section and the total
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direct cost or the equipment cost of each section is compared separately with the literature data by
setting the scale of that particular plant section with the literature. The heat exchangers sizing is
performed using the Aspen EDR as discussed in Section 2.4, while the columns are sized in Aspen
Plus. Costs of process equipment items like distillation columns, heat exchangers, vessels, pumps,
compressors, furnace, etc. are estimated using Aspen Icarus database. Costs of equipment items
like reactors, ASU unit, and HRSG and SC are estimated using the cost correlations or deduced
using the data available in the literature, by using Eq. 3.1 [96].
𝑆 𝑓 𝑚
𝐶 = 𝐶0 ( ) 𝑛
𝑆0

(3.1)

In Eq. 3.1, C is the total direct cost; C0 is the installed unit base cost; S is the capacity of each unit
per train; S0 is the base capacity of the unit; f is the scaling exponent; n is the number of trains and
m is the scaling exponent when there are multiple trains (typical value is 0.9 [121]). Multiple trains
come into play when the scaling parameter is higher than the maximum value (Smax).
The reference base capacity, scaling factors, installed unit base cost and scaling parameter for
direct DME production process and the indirect DME production process is shown in Table 3.2. It
should be noted that the final equipment cost has been escalated to the 2015 year using the
appropriate CEPCI index. The direct cost of the boiler fired with the shale gas is calculated using
Eq. (3.2) [122], where Q is the heat input (106 kJ/h). This boiler is assumed to be a field-erected,
water-tube boiler.
𝐶 [$] = 1,604,153 + 13,359𝑄

(3.2)

The cost of equipment items that are calculated using the correlation shown in Eq. 3.1-3.2 are
specified in APEA as quoted equipment. The labor cost is considered 40% of the total installed
cost for reactors and shale gas fired boiler, 11% for HRSG & SC, and 10% for ASU and PSA unit
[105,123]. All the pumps in the process are mapped as single stage centrifugal pump and a spare
is considered for each of them. Single- or multi-stage compressors in the process are mapped to
horizontal centrifugal compressors in APEA.
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Table 3.2: Cost correlation parameters
C0
Process Model

S0

Smax

(MM $)

Scaling
basis
Plant thermal

Units

f

Ref.

LHV, MW

0.75

[124]

kg/s

0.67

[125]

kmol/s

0.67

[106]

kg/s

0.65

[126]

kmol/s

0.65

[106]

Pre-reforming reactor

18.7

1800

-

ATR reactor

10.3

12.2

35

14.7

2.61

-

10.0

106.7

-

15.8

2.91

-

57.6

1839

2500

Oxygen out

TPD

0.5

94.7

200

-

Net power

MWe

0.67

[105]

PSA unit

44.8

1

-

HHV, GW

0.55

[127]

Rectisol process

28.8

200,000

700,000

Nm3/h

0.63

[128]

Direct DME synthesis
reactor
Methanol synthesis
reactor
Methanol dehydration
reactor
ASU unit
HRSG + Steam
turbine

input
Natural gas
feed
Fresh feed
Total gas
feed
Methanol
feed

H2
production
Syngas feed

[40,12
1]

The material of construction (MOC) for any specific equipment item in the process is specified
based on its operating conditions, steam compositions and common industrial practice
[51,121,129]. The MOC for most of the equipment items is carbon steel (CS). The MOC for
compressors and heat exchangers handling NH3 is stainless steel (SS) 316 or 304, with due
consideration of corrosion. The MOC of equipment items that operate under high hydrogen partial
pressure and temperature above 200°C is selected based on the Nelson curve [129]. The MOC for
equipment with ≤ 0°C temperature and high pressure, mainly the absorber in the Rectisol process
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and some equipment items in the DME separation unit, is A515, 304S or SS304, to avoid
equipment failure due to brittleness under low temperature operation. Due to the large throughput,
the Rectisol process has two trains. Table 3.3 shows the direct cost, MOC and equipment type for
the Rectisol process in the direct DME process with an H2/CO = 1.
Table 3.3: Summary of equipment costing and specification for Rectisol process (Direct
DME production process; H2/CO = 1; 2,647 MTPD DME)
Equipment name

Equipment type

CO2 absorber

TW PACKED

Stripper tower

No. of

MOC

Direct cost

2

A515, 0.5CIS

$ 7,486,200

TW TRAYED

2

CS, A285C

$ 2,109,700

Stripper condenser

HE FLOAT HEAD

2

CS, CS

$ 413,600

Stripper condenser drum

HT HORIZ DRUM

2

CS

$ 172,200

Stripper reboiler

HE FLOAT HEAD

2

CS, CS

$ 462,200

Stripper reflux pump

CP CENTRIF

4

CS

$ 47,800

Syngas feed compressor

GC CENTRIF

1

CS

$ 10,224,900

Syngas recycle compressor

GC CENTRIF

2

CS

$ 5,682,200

NH3 compressor

GC CENTRIF

1

SS304

$ 13,358,900

Methanol circulation pump

CP CENTRIF

4

CS

$ 2,090,200

NH3-CH3OH heat exchanger

HE FLOAT HEAD

1

304S, SS304

$ 301,000

Other heat exchangers

HE FLOAT HEAD

4

CS, CS

$ 5,231,900

HT CYLINDER

1

CS

$ 173,800

VT CYLINDER

2

CS

$ 1,334,600

Flash vessel for water
decantation
High pressure CO2 K.O. drum

items/ spare

Note: Equipment type and MOC code names are as per the Aspen Icarus reference [130]
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3.4.

Operating and Maintenance Cost

The operating and maintenance costs considered in the economic analysis are raw material costs,
utility costs, operating labor and supervision, maintenance labor, operating supplies, laboratory
charges, and general & administrative (G&A). As mentioned before, steam and electricity
requirement can be satisfied by the plant. For satisfying the cooling water requirement, a cooling
water tower is costed by using the Aspen utility module. Initial costs of ammonia used in the
refrigeration cycle and methanol and MDEA/PZ solvent for CO2 capture are inserted as quoted
equipment in APEA.
Table 3.4: Prices of raw material, product, utility, catalyst, and labor
$/unit

Unit

Reference

Shale gas

2.67

GJ

U.S. EIA [131]

Methanol

0.548

kg

Natural gas tech [132]

MDEA/PZ

2.16

kg

Jiang & Bhattacharyya [121]

Ammonia

0.552

kg

DME

4.69

GJ

Hydrogen

1.42

kg

Electricity

29.11

GJ

Shale gas reforming catalyst

18.4

m3

NETL [123]

Direct DME synthesis catalyst

23.5

kg

Trippe et. al., [100]

Methanol synthesis catalyst

20.1

kg

Jones & Zhu [126]

Methanol dehydration catalyst

24.0

kg

Jones & Zhu [126]

Operator

50

hour

Jiang & Bhattacharyya [121]

Supervisor

80

hour

Jiang & Bhattacharyya [121]

Yoon & Han [98]

The costs of catalysts used in syngas, methanol and DME section is included in the direct cost of
the reactor. The catalyst life is assumed to be 5 years [121]. The replacement cost of chemicals
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and catalyst is annualized and included as a raw material in APEA. Separate catalyst cost for the
pre-reforming and ATR reactor is not available in the open literature. So, the catalyst cost of these
reactors is considered as the shale gas reforming catalyst cost. For both processes, 3 working shifts
are assumed with a total of 25 operators and 2 supervisors. The prices of raw materials, utility, and
catalyst are shown in Table 3.4.

3.5.

Optimization in Aspen Plus Equation Oriented Environment

It was desired to perform a techno-economic optimization using Aspen Plus and APEA. However,
currently, it is not possible to run an optimizer in the Aspen environment where both the Aspen
Plus and APEA model are considered together. In addition, the traditional sequential modular (SM)
approach could not reliably solve even the process optimization problems where process
economics were completely ignored. The SM approach either failed to converge or converged after
hours or days of iterations. The main reason for such failures is the significant mass and energy
integration in the process, for which the equation oriented (EO) approach is more appropriate. To
solve these issues, an approximate economic model is developed in EO environment and then this
model along with the rigorous process model (i.e. original process model described earlier) is used
in Aspen EO environment for techno-economic optimization. The objective function includes the
fixed capital investment and operating cost over a 20 year period considering an internal rate of
return of 10%, as shown in Eq. (3.3) [96].
𝑀𝑖𝑛 𝑓(𝑥): 𝐹𝐶𝐼𝑇𝑀 + 𝑂𝑃𝐸𝑋 ∙ 𝑃𝐴,𝐹

(3.3)

𝑠. 𝑡.
ℎ(𝑥) = 0
𝑔(𝑥) ≤ 0
𝑥𝑚𝑖𝑛 ≤ 𝑥 ≤ 𝑥𝑚𝑎𝑥
In Eq. 3.3, FCITM is the fixed capital investment; OPEX is the operating cost; PA,F is a
multiplication factor taking into account the time value of money; h(x) and g(x) represents the
equality and inequality constraints of the process model. The OPEX term includes the cost of
utilities, raw materials, and purge gas. The price of the purge gas calculated based on the lower
heating value is considered as a credit. The PA,F, and FCITM are calculated using Eq. 3.4 and 3.5,
respectively [96].
𝑃𝐴,𝐹 = (𝑃⁄𝐴 , 𝑖, 𝑛) ∙ (𝑃⁄𝐹 , 𝑖, 𝑛) =

(1+𝑖)𝑛 −1
𝑖∙(𝑖+1)𝑛

1

∙ (1+𝑖)𝑛

(3.4)
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0
𝐹𝐶𝐼𝑇𝑀 = ∑𝑛𝑖=1 𝐶𝑇𝑀,𝑖 = 1.26 ∙ ∑𝑛𝑖=1 𝐶𝐵𝑀,𝑖 = 1.26 ∙ ∑𝑛𝑖=1 𝐶𝑝,𝑖
∙ 𝐹𝐵𝑀,𝑖
𝑛

= 1.26 ∙ ∑
𝑖=1

0
𝐶𝑝,𝑖
∙ (𝐵1,𝑖 + 𝐵2,𝑖 ∙ 𝐹𝑀,𝑖 ∙ 𝐹𝑝,𝑖 )

(3.5)

where (𝑃⁄𝐴 , 𝑖, 𝑛) is the uniform series present worth factor; (𝑃⁄𝐹 , 𝑖, 𝑛) is the single payment
present worth factor; n is the number of compounding periods in the interval; 𝑖 is the interest rate
0
per compounding period; 𝐶𝑇𝑀,𝑖 is the total module cost; 𝐶𝑝,𝑖
is the purchase cost of the equipment

at ambient temperature and pressure; 𝐹𝑀,𝑖 is the material factor; 𝐹𝑃,𝑖 is the pressure factor; B1 and
B2 are constants; and n represents the equipment items. The fixed capital investment is the sum of
bare module cost of all equipment multiplied by a fee & contingency of 26%. The purchased
equipment cost is calculated using Eq. 3.6 [96].
0
log10 𝐶𝑝,𝑖
= 𝐾1,𝑖 + 𝐾2,𝑖 ∙ log10 𝐴𝑖 + 𝐾3,𝑖 ∙ [log10 𝐴𝑖 ]2

(3.6)

In this equation, K1,i, K2,i, K3,i are constants and A is the sizing parameter. The values of all the
above parameters and information on sizing parameters can be found in Turton et al. (2018) [96].
Purchase cost of all the equipment items except the reactors is calculated using Eq. 3.6. The cost
of the reactors is calculated using Eq. 3.1. Even though a simplified cost model is used here, it was
desired that this cost model be similar to the APEA model. Therefore, the key differences between
this model and the APEA model are noted and corrective measures are taken to keep the
differences low. First, it can be noted that the bare module cost is shown in Eq. 3.5 has indirect
cost included in it, while in APEA indirect cost is estimated collectively for the entire plant and
not separately for individual equipment item. So, a sensitivity study is performed for various direct
and indirect DME plant configurations and operating conditions to estimate the percentage indirect
cost that can be included for each equipment type in the approximate calculation so that the indirect
costs between two approaches are similar. Secondly, there is a difference in the capital cost
calculated by the two approaches. Correction factors are calculated by changing the sizes of
standard equipment items for each equipment type by ± 20% using both cost estimation
approaches and this correction factor is used to readjust the cost calculated by the model to the
APEA cost. For optimization, we mainly focus on the ISBL unit, including reactors, separation
columns, absorbers, compressors, pumps, flash vessels, and most of the heat exchangers. To avoid
temperature cross in heat exchangers during optimization, the minimum approach temperature is
specified to be 10°C. The minimum approach temperature for condensers is specified to be 5°C.
Ammonia is used as the cold utility in the condenser of the CO2 separation column. These
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constraints are implemented in Aspen Plus using design specifications. To have a fair comparison
between the base case and the optimized case, certain constraints are implemented on the
optimization problem, as shown in Table 3.5. The lowest temperature of the condenser is restricted
to 30-40°C for all the columns, except the CO2 separation column, because the utility and the price
associated with the utility is expected to be discontinuous as it is assumed that the utility type needs
to be changed below 30°C. The lower bound of the condenser temperature for towers is varied to
achieve a desired separation or to prevent the loss of the main component from that column. Before
performing optimization, the process flowsheet is first converged in Aspen Plus using the SM
approach and then synchronized with the Aspen Plus EO environment to create EO variables. The
results from the Aspen Plus SM mode are then used as the starting point for the optimization
problem.
Table 3.5: Constraints on variables for the optimization of direct and indirect DME plant
Direct DME synthesis production process constraints

Variable

Lower bound Upper bound

DME production rate (kmol/h)

2,394

DME purity (mol %)

99.9

Clean syngas CO2 (mol %)

1

DME purification column – Condenser temperature (°C)

40

Stripper - Condenser temperature (°C)

30

CO2 separation column – Condenser temperature (°C)

-28

2,396

3

Indirect DME synthesis production process constraints

Variable

Lower bound Upper bound

DME production rate (kmol/h)

2,292

DME purity (mol %)

99.9

Clean syngas CO2 (mol %)
Methanol purity (mol %)

1
99.8

Stripper – Condenser temperature (°C)

35

Methanol purification column - Condenser temperature (°C)

35

3.6.

3

Results and Discussion

In this section, results from the economic analysis and optimization of DME production process
via direct and indirect DME synthesis are discussed. Both processes are scaled up to 5,000 MTPD
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DME production rate for fair comparison and validation against a 5,000 MTPD scale direct DME
production process analyzed by Yoon & Han [98]. Optimization results for both direct and indirect
DME production processes are discussed and compared with the base case. Economics of the direct
DME plant (H2/CO = 1 and 2) is compared with that of the indirect DME plant. Furthermore,
comparison of capital costs for different process sections is also presented. Impact of changes in
shale gas price, electricity price, IRR, contingency percentage on the breakeven DME price is
studied. Finally, the impact of the plant scale on the breakeven DME price and the project CAPEX
and OPEX is also analyzed.
3.6.1. Process Performance Analysis
Performance results for direct and indirect shale gas to DME production process for the base case,
where the shale gas feed is similar, are shown in Table 3.6. Electricity equivalent (LHV basis) is
calculated for makeup methanol, shale gas, and steam using the efficiency factors mentioned later.
The equivalent electrical efficiency on LHV basis is calculated, using Eq. 3.7, to evaluate the
performance of the shale gas to DME processes for different synthesis routes, H2/CO ratio and
AGR technologies. The auxiliary boiler and fired heater are assumed to have an efficiency of
0.905. An efficiency factor of 0.622 is used for calculating electricity equivalent of gas and liquid
fuels [133]. An efficiency factor of 0.436 is used to calculate the electricity equivalent of steam
generated in the reactors [134]. For the direct DME synthesis route, the direct syngas to DME
reaction is highly exothermic, while for the indirect route the methanol synthesis reaction is
exothermic. The steam generated in these two reactors in converted into electricity using a steam
turbine. The cooling water requirement in the process is considered in the form of the amount of
electricity required to circulate the water in the process.
𝐸𝑙𝑒𝑐𝑡𝑟𝑖𝑐𝑖𝑡𝑦 𝐸𝑞𝑢𝑖. 𝐸𝑓𝑓. (𝐿𝐻𝑉, %) =

𝐸𝑝𝑟𝑜𝑑𝑢𝑐𝑡 + 𝐸𝑏𝑦𝑝𝑟𝑜𝑑𝑢𝑐𝑡 + 𝑊𝑔𝑒𝑛𝑒𝑟𝑎𝑡𝑖𝑜𝑛
𝐸𝑠ℎ𝑎𝑙𝑒 𝑔𝑎𝑠 + 𝐸𝑜𝑡ℎ𝑒𝑟𝑓𝑢𝑒𝑙𝑠 + 𝑊𝑐𝑜𝑛𝑠𝑢𝑚𝑝𝑡𝑖𝑜𝑛

(3.7)
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Table 3.6: Performance results for direct and indirect shale gas to DME process
Indirect DME

Direct DME Synthesis
H2/CO = 1
Acid-gas removal (AGR) Technology

Synthesis

H2/CO = 2

𝐇𝟐 −𝐂𝐎𝟐
𝐂𝐎+𝐂𝐎𝟐

=2

Rectisol

MDEA/PZ

Rectisol

MDEA/PZ

Rectisol

Shale gas to pre-reforming reactor (kg/h)

98,047

98,047

98,047

98,047

98,047

Makeup methanol* (kg/h)

2,756

0

556

0

612

Electricity consumption (MW)

134

122

109

100

102

Shale gas to HRSG (kg/h)

848

848

848

1,886

848

0

7,903

0

0

0

1.81

2.02

2.50

2.50

35.3

2,647

2,640

2,133

2,112

2,531

0

0

126

129

0

Electricity generation (MW)

60.4

53.8

51.1

45.0

42.5

Reactor steam generation (MW)

76.0

76.3

60.6

60.6

56.1

DME yield

58.9%

58.8%

47.5%

47.0%

56.3%

Equivalent electrical efficiency w/o H2

63.3%

59.4%

52.9%

51.9%

58.4%

Equivalent electrical efficiency with H2

-

-

65.6%

65.0%

-

Energy Consumption

Shale gas to auxiliary boiler (kg/h)
Fired Heater (MW)
Energy Generation
DME (MTPD)
Hydrogen (MTPD)

Overall performance

*

Required in the Rectisol process

As shown in Table 3.6, the direct DME synthesis process with H2/CO = 1 and Rectisol technology
has a higher DME yield and equivalent electrical efficiency than the other process when H2 is not
considered as a byproduct. The electricity usage in this process is high mainly because of the air
separation unit and the refrigeration cycles. However, it has the highest thermal efficiency
compared to the other process cases. The direct DME synthesis process with H2/CO = 2 produces
H2 along with DME as a byproduct. This is because when the H2/CO ratio is high, carbon
utilization increases and hydrogen utilization decreases and as a result, H2 is accumulated in the
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recycle loop [6]. However, the thermal efficiency of this process is low because of the high shale
gas requirement, low DME production and relatively high electricity requirement compared to the
amount of DME produced. The indirect DME process route has a lower thermal efficiency than
the direct DME synthesis route when H2/CO = 1 because of the lower DME production in the
indirect process compared to the direct process. The efficiency obtained in this study is similar to
the efficiencies reported in the open literature for production of DME from coal or biomass as the
feedstock [104–107].
3.6.2. Economic Model Validation
The validation of the economic model for shale gas to DME production processes via direct and
indirect synthesis route is performed by comparing with the limited information available in the
open literature. The investment parameters and the prices of raw material, product, solvents etc. as
reported in Tables 3.1 and 3.4 are used for validation. As noted earlier, currently there is no open
literature that has looked into the economics of the process with exactly the same configurations
as in this study. Therefore, we divided the process into three main sections – syngas production
section, AGR section, and DME production section and compared them separately. In the syngas
production section, the cost of the pre-reforming reactor, ATR reactor, and ASU unit is calculated
using cost correlation, as mentioned earlier, and therefore, economics of these units are not further
validated. For the AGR section, the direct cost of the Rectisol process calculated using Aspen
Icarus database is validated by comparing with the direct cost calculated using the cost correlation
from open literature, as shown in Table 3.7. The total installed cost of the MDEA/PZ process is
compared using the data available in the U.S. DOE’s report [135] on design and economics of
Fischer-Tropsch technology using the amine-based CO2 absorption process. In that study, the CO2
capture process was divided into two sections- CO2 absorption section and solvent regeneration
section. The cost of the CO2 absorption section is a function of the inlet syngas flow rate, and the
cost of the solvent regeneration section is a function of the CO2 rejection rate [135]. In our study,
the flash vessel, stripper feed pump and the stripper are included in the solvent regeneration section
while the rest of the equipment items are included in the CO2 absorption section. Using the
appropriate scaling factors, the total installed cost calculated using APEA for our model is
compared with the U.S. DOE report [135], as shown in Table 3.7. Larson and Tingjin [105]
performed a techno-economic study on the production of synthetic fuel using indirect coal
liquefaction, in which DME is produced by the direct synthesis route. Using the cost correlation
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for recycle LP DME synthesis and purification, the overnight installed cost was calculated and
compared with the APEA estimated cost, as shown in Table 3.7. The total installed cost includes
the field materials used for installation, general and administrative (G & A) overheads, contract
fee, freight, insurance and taxes (8% of direct cost [136]), and total design, engineering and
procurement cost. The discrepancy between the APEA cost and the cost estimated using cost
correlation is mainly due to the differences in the indirect expenses, and G &A overheads. An
overall plant-wide comparison could not be performed for the indirect shale gas to DME
production process due to the lack of information in the open literature. However, the total
equipment purchase cost (TEPC) for the DME production section has been reported by Zhu et al.,
[104] for a biomass to DME plant with an indirectly-heated gasifier, as shown in Table 3.7. For
validation of the indirect DME production section, the TEPC estimated in APEA was scaled down
to that of Zhu et al. [104], and a good agreement was obtained.
Table 3.7: Comparison of AGR and DME production section cost with literature
APEA Cost

Cost Correlation

(MM$)

(MM$)

Acid-gas removal-Rectisol

50.7

50.6

Kreutz et al. [128]

Acid-gas removal –MDEA/PZ

40.2

44.6

U.S. DOE [135]

DME production

86.5

79.2

11.8

10.3

Section

Syngas-to-DME via indirect
synthesis

Reference

Larson and Tingjin
[105]
Zhu et al. [104]

Note: MDEA/PZ – Methyl diethanolamine/piperazine
The total project capital cost (TPCC) and the production cost for natural gas to DME process via
direct synthesis estimated by JFE, Haldor Topsøe & Toyo has been reported by Yoon and Han
[98]. In Table 3.8, we show the comparison between the TPCC and DME production cost estimated
in this work with that of Yoon and Han [98]. The shale gas price used for validation is 0.579
$/MMBTU, electricity price is 29.1 $/GJ, and DME price is 4.45 $/MMBTU.
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Table 3.8: Comparison of shale to DME production process via direct synthesis (H2/CO =
1; 5,000 MTPD DME)
APEA model
2015 Basis

Yoon and Han
w/ Rectisol

w/ MDEA/PZ

process

process

684.4-976.1

1,132

1,417

4.30-5.83

4.85

4.26

[98]

Total project capital cost (TPCC)
(MM$, 2015 US dollar)
DME production cost ($/MMBTU)

Note: MDEA/PZ – Methyl diethanolamine/piperazine
The DME production cost was calculated using Eq. 3.8.
𝐷𝑀𝐸 𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑖𝑜𝑛 𝑐𝑜𝑠𝑡
=

𝐹𝑖𝑥𝑒𝑑 𝑐𝑜𝑠𝑡 + 𝑀𝑎𝑛𝑢𝑓𝑎𝑐𝑡𝑢𝑟𝑖𝑛𝑔 𝑐𝑜𝑠𝑡𝑠 + 𝑃𝑙𝑎𝑛𝑡 𝑜𝑣𝑒𝑟ℎ𝑒𝑎𝑑 + 𝐺&𝐴
𝐷𝑀𝐸 𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑖𝑜𝑛

(3.8)

The estimated TPCC in this work is higher than Yoon and Han [98] for both the AGR technologies.
The reason for this difference could not be determined since a number of investment parameters,
as mentioned in Table 3.1, has not been reported by Yoon and Han [98]. However, the DME
production cost for both AGR technologies is comparable. The DME production cost for the case
with Rectisol as the AGR technology is slightly higher than the case with MDEA/PZ as the AGR
technology because of the higher raw material and utility costs and operating costs.
3.6.3. Direct Vs Indirect Synthesis Route
In this section, the effect of H2/CO ratio on the economics of direct DME production process is
discussed, and compared with the indirect DME production process, as shown in Table 3.9. The
numbers inside the bracket are for direct DME synthesis with MDEA/PZ as the AGR technology.
It should be noted that for all the cases except the indirect synthesis process, there is some excess
electricity available, for which credit is taken while evaluating process economics. Moreover, for
the direct synthesis process, with H2/CO = 2, hydrogen is sold as the byproduct as discussed earlier.
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Table 3.9: Effect of H2/CO ratio on direct DME synthesis process and comparison with
indirect DME synthesis route (10% IRR; 5,000 MTPD DME)
Direct DME synthesis

Acid-gas removal (AGR) Technology

Total project capital investment (MM$)

Total operating cost (MM$)

Raw material and Utility cost (MM$)

Total product sales (MM$)
Breakeven DME price w/o hydrogen as a
byproduct ($/MMBTU)
Breakeven DME price with hydrogen as
a byproduct ($/MMBTU)

H2/CO = 1

H2/CO = 2

w/ Rectisol

w/ Rectisol

(w/ MDEA/PZ)

(w/ MDEA/PZ)

1,132

1,403

(1,231)

(1,267)

441

492

(375)

(406)

234

266

(209)

(264)

223

378

(232)

(390)

10.1

12.1

(9.94)

(11.2)

-

8.91
(7.98)

Indirect DME
synthesis
w/ Rectisol

998

421

231

218

9.76

-

Note: MDEA/PZ – Methyl diethanolamine/piperazine
As seen in Table 3.9, when H2/CO = 1, the direct synthesis route with the MDEA/PZ technology
has a slightly lower breakeven DME price than the direct route, with the Rectisol technology,
mainly due to the lower operating cost and higher revenue earned in the former. For the direct
DME synthesis process with H2/CO = 2, the difference in the breakeven DME price between the
two processes is much more pronounced. The direct process with the Rectisol technology has a
much higher breakeven price than the MDEA/PZ case because of the higher solvent circulation
rate as a result of the lower CO2 partial pressure when the H2/CO ratio is high. The higher solvent
circulation rate, in turn, leads to the higher operating cost and equipment cost as shown in Table
3.9. The breakeven DME price for the direct synthesis route with H2/CO = 2 is much lower than
the direct synthesis route with H2/CO = 1 and indirect synthesis process when H2 is also considered
as a byproduct for sale. If H2 is not considered as a byproduct, then the indirect DME synthesis
process has the lowest breakeven DME price because of the low TPCC. To understand the
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difference between the direct and indirect DME production process and also to analyze the impact
of H2/CO ratio on the process, the total direct cost of each section – syngas synthesis section, AGR
section and DME production section- is plotted separately in Fig. 3.1. It should be noted that Fig.
3.1 includes the refrigeration unit, but not the ASU, HRSG & SC, and PSA unit.

Figure 3.1: Breakdown of plant total direct cost by section (10% IRR, 5,000 MTPD DME)
When H2/CO = 1 in the direct DME route, the direct cost of the syngas production section is the
lowest (slightly lower than MDEA/PZ case) for the Rectisol technology because its DME yield is
higher than the other cases. So, for producing the same amount of DME, the amount of shale gas
required is low and this, in turn, reduces the direct cost of the equipment items because of smaller
equipment size. For the AGR section, the indirect DME synthesis process has the lowest capital
cost because the CO2 content in the inlet stream to the AGR section is less and as a result, the
circulation rate of the solvent is lower. The DME production section in the direct synthesis route,
with MDEA/PZ technology, has the highest direct cost because of the refrigeration cycle that is
used for cooling the DME synthesis reactor outlet stream to subzero temperature and also for CO2
recycling. In the direct synthesis route with Rectisol technology, the DME synthesis reactor outlet
stream is cooled using the process streams available in the AGR section. No cooling of that stream
is required in the indirect synthesis route.
When H2/CO = 2, the direct cost of the syngas production section is the lowest for the indirect
DME synthesis process because of its higher DME conversion and yield compared to the direct
synthesis plant. As a result, for the same DME production much lesser shale gas feed is required,
which directly impacts size and cost of the equipment items. When H2/CO = 2, the direct cost of
the AGR section is the lowest for the direct DME synthesis route with the MDEA/PZ technology.
This is because the MDEA/PZ technology that is based on chemical absorption leads to lower
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solvent circulation rate than the physical absorption-based Rectisol technology for low CO2 partial
pressure [6]. The lower solvent circulation rate leads to smaller equipment sizes. The direct cost
of the DME production section is the lowest for the indirect DME synthesis route because the
syngas flowrate is lower in that case and it does not require a refrigeration unit.
3.6.4. Economics of Optimized Process
Techno-economic optimization was performed on the base case direct and indirect DME route in
Aspen Plus EO environment to determine the optimal operating condition, as mentioned in Section
3.5. It should be noted that for the direct route, optimization is not performed on all the process
cases. As reported in Section 3.6.1, the direct route with H2/CO = 1 and Rectisol technology has a
higher overall equivalent electrical efficiency among all direct synthesis cases. Therefore, direct,
and indirect DME routes with Rectisol technology are optimized. A total of 13 decision variables
are selected for both the processes. Values of the objective function calculated using the modified
cost correlations were compared with that using APEA for different values of the decision
variables. Maximum differences between the two values were found to be less than 1%. Table 3.10
shows the value of the decision variables for the base case and optimized case. Different initial
values were evaluated, and it was observed that all decision variables reached the same optimum
value. Total module cost of 26 equipment items for the direct synthesis process and 29 equipment
items for the indirect one is considered in the objective function. These equipment items are
selected based on their impact on the objective function. The equipment items that are considered
in the optimization objective are those that contribute to almost 90% of the capital cost.
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Table 3.10: Decision variable values before and after optimization
Direct DME synthesis production process decision variables

Initial
Value

Optimized
Value

Direct DME syn. reactor temperature (°C)
Flash vessel pressure- DME production section (bar)
DME purification column- molar reflux ratio
DME purification column- molar distillate to feed ratio
DME purification column- pressure (bar)
CO2 separation column- molar reflux ratio
CO2 separation column- molar bottoms to feed ratio
Direct DME syn. Reactor pressure (bar)
Flash vessel pressure- Rectisol process (bar)
CO2 absorber pressure- Rectisol process (bar)
Stripper- molar bottoms to feed ratio
Methanol solvent flowrate (kmol/h)
Shale gas feed flowrate (kmol/h)

260
45.0
1.51
0.233
15.0
2.00
0.7825
50.0
15.0
50.0
0.897
35,598
5,200

261
46.5
1.00
0.230
8.94
1.57
0.784
48.0
23.0
46.0
0.893
35,970
5,216

Indirect DME synthesis production process decision variables

Initial
Value

Optimized
Value

Methanol synthesis reactor temperature (°C)
DME separation column- molar reflux ratio
DME separation column- molar distillate to feed ratio
Methanol dehydration reactor temperature (°C)
Flash vessel pressure- Rectisol process (bar)
Methanol-water column- molar reflux ratio
Methanol purification column- molar reflux ratio
Methanol purification column- molar bottoms to feed ratio
Stripper- molar reflux ratio
Striper- molar bottoms to feed ratio
Flash vessel pressure-methanol syn. section (bar)
Methanol solvent flowrate (kmol/h)
Shale gas feed flowrate (kmol/h)

250
5.00
0.409
250
12.0
2.64
0.400
0.981
0.503
0.963
45.0
19,372
5,200

221
3.21
0.410
248
13.4
2.43
0.350
0.960
0.100
0.956
57.5
15,697
4,963

The comparison between the optimized and base case process is shown in Table 3.11. The
economics reported in Table 3.11 were calculated in APEA using base case and optimized process
models and the investment parameters, raw material, and utility prices from Table 3.1 and 3.4,
respectively.
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Table 3.11: Comparison of the economics between the base case and optimized case for
10% IRR
Direct DME Synthesis Process
Total project capital cost (TPCC) (MM$)
Total raw material & utility cost (MM$/year)
DME production rate (MTPD)
Breakeven DME price ($/MMBTU)
Indirect DME Synthesis Process
Total project capital cost (MM$)
Total raw material & utility cost (MM$/year)
DME production rate (MTPD)
DME price ($/MMBTU)

Base
case
684
113
2,647
11.98
Base
case
577
108
2,531
10.43

Optimized
case
663
114
2,647
10.84
Optimized
case
576
99
2,533
10.38

%
change
-3.07%
-0.88%
-9.52%
%
change
-0.17%
-8.33%
-0.48%

As shown in Table 3.11, the TPCC of the direct DME synthesis process decreased by 3.07% after
optimization. As mentioned earlier, there is excess electricity produced in the direct DME
synthesis process, credit for which is taken while evaluating the process economics. As seen in
Table 3.10, the pressure of the direct DME synthesis reactor and the CO2 absorber for the
optimized case is lower than the base case. Lower pressure reduces the compression duty.
Moreover, the flash vessel in the DME production section, vapor from which is sent through an
absorber and then recycled to the direct DME synthesis reactor, operates at a higher pressure
reducing the recycle compressor duty. Due to the low electricity usage in the optimized case
compared to the base case, slightly more revenue is earned due to the electricity sale. The raw
material and utility costs are slightly higher for the optimized direct synthesis route in comparison
to the base case due to the increase in the shale gas flowrate. Overall, these changes lead to a 9.52%
decrease in the breakeven DME price of the direct synthesis process in comparison to the base
case. For the indirect DME production process, the decrease in the TPCC is 0.17%, which is not
as considerable as the direct synthesis routes. However, the raw material and utility costs decreased
by 8.33% for the optimized indirect route as excess electricity is produced which could be sold for
credit as opposed to the base case where no excess electricity is available. Overall, the breakeven
DME price of the optimized indirect process is 0.48% lower than that of the base case.
3.6.5. Sensitivity Analysis
The direct DME synthesis process is not commercialized yet. Several investment parameters that
are independent of the process technology and process operating conditions can affect the
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economic feasibility of this technology. In this section, effects of the project scale, variations in
the shale gas and electricity prices, IRR, and contingency on the breakeven DME price are
evaluated. The impact of project scale, shale gas and electricity price, and the contingency are
evaluated assuming 20% IRR. Moreover, most of the large-scale industrial methanol plants have
a production capacity of approximately 5,000 MTPD so the sensitivity studies are carried out at
this plant scale [137].
3.6.5.1.

Sensitivity to Internal Rate of Return, Shale Gas, and Electricity Price

IRR is one of the most important measures for the commercialization potential of a chemical plant.
Fig. 3.2 and 3.3 show the change in the breakeven DME price (also equivalent diesel price) due to
change in the shale gas price at various IRR for the direct and indirect synthesis processes,
respectively. To make a fair comparison, the credit for electricity is kept constant for a given IRR.
Typically, a 20% IRR is considered to be a reasonable return for a gas to liquid (GTL) plant [123].
A 15% IRR can be considered to be a lower bound for commercialization potential of a GTL
project considering the risks associated with the market price of raw materials. A target of 25%
IRR is high but is often considered in many GTL projects due to the risk associated with plant
overheads, capital cost escalation, decrease in the product price, and increase in feedstock prices.
For reference, the equivalent diesel price is also shown in Fig. 3.2 and 3.3. The equivalent diesel
price for the direct DME plant ranges from 0.675 $/gal to 1.663 $/gal and for indirect DME
synthesis plant, it ranges from 0.589 $/gal to 1.530 $/gal. Compared to these prices the current
average U.S. diesel price, as of April 2018, is 2.75 $/gal [138] indicating the economic feasibility
of the process.
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Figure 3.2: Feasibility envelop for direct DME synthesis process (Rectisol Technology;
5,000 MTPD DME)

Figure 3.3: Feasibility envelop for indirect DME synthesis process (Rectisol Technology;
5,000 MTPD DME)
Since, electricity is co-produced in both DME plants, the effect of ± 20% variation in the electricity
selling price on the breakeven DME price is shown in Fig. 3.4. It is observed that the electricity
price has a negligible effect on the breakeven DME price mainly because of the low quantity of
the co-produced electricity.
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Figure 3.4: Effect of electricity price on breakeven DME price (Rectisol Technology, 20%
IRR; 5,000 MTPD DME)
3.6.5.2.

Project Scale and Contingency

The sensitivity of the increase in project scale to breakeven DME price, capital cost (CAPEX), and
operating cost (OPEX) is shown in Fig. 3.5 for both the direct and indirect DME synthesis
processes. For a fair comparison, the electricity credit is kept constant for a given plant scale. As
expected, the breakeven DME price decreases with the increase in project scale. After 7,500
MTPD project scale, there is a steeper decrease in the breakeven DME price because the increase
in the CAPEX when going from 7,500 to 10,000 MTPD is 19.8% and 8.24% for direct and indirect
DME synthesis, respectively. Similarly, the increase in the OPEX for direct and indirect synthesis
process is 31.3% and 31.6%, respectively.
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Figure 3.5: Effect of project scale on breakeven DME price, CAPEX, and OPEX (Rectisol
Technology, 20% IRR). Direct synthesis process (circle w/ blue line); indirect synthesis
process (square w/ yellow line)
Since the direct DME synthesis process from shale gas is not yet commercialized, there is a high
uncertainty associated with the TPCC. The TPCC is found to vary widely in the open literature
[98]. Fig. 3.6 shows the effect of the variation in contingency on the breakeven DME price with
respect to variation in the shale gas price. The electricity credit is kept constant for a given plant
contingency.

Figure 3.6: The sensitivity of breakeven DME price to plant contingency for direct DME
synthesis process (Rectisol Technology; 20% IRR; 5,000 MTPD DME)
As seen in Fig. 3.6, the breakeven DME price varies between 11.79 $/MMBTU-17.71 $/MMBTU,
corresponding to the equivalent diesel price of 1.01 $/gal-1.51 $/gal. The analysis shows that even
with 40% contingency, the direct DME production process can still be economically feasible.
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3.7.

Conclusion

In this chapter, techno-economic optimization of DME production process via direct and indirect
synthesis routes has been conducted based on rigorous process models developed in Aspen Plus.
The economic model has been compared with the open literature when possible. The direct DME
production process with H2/CO = 1 and Rectisol technology has the highest DME yield of 58.9%
and has the highest overall equivalent electrical efficiency of 63.3% when hydrogen is not
considered as a byproduct. The direct DME production process with H2/CO = 2 and Rectisol
technology has the highest overall equivalent electrical efficiency of 65.6% when credit is taken
for hydrogen. Direct and indirect DME synthesis plants are optimized in Aspen Plus EO
environment. After optimization, the breakeven DME price of the direct and indirect synthesis
processes decreased by 9.52% and 0.48%, respectively. When the project scale is increased from
~2,500 MTPD to 10,000 MTPD, the breakeven DME price decreases by 22.4% for the direct DME
process and 31.3% for the indirect DME process. For 10,000 MTPD project scale, the breakeven
DME price is 12.64 $/MMBTU (equivalent diesel price - 1.08 $/gal) and 10.48 $/MMBTU
(equivalent diesel price – 0.89 $/gal) for direct and indirect synthesis processes, respectively. For
a 5,000 MTPD project scale, the breakeven DME price is 19.49 $/MMBTU for 25% IRR
considering the price of shale gas to be 3.8 $/MMBTU. The process is still economically feasible
at this breakeven DME price because the equivalent diesel price is 1.66 $/gal, which is
considerably lower than the current market diesel price. At 40% project contingency, the
breakeven DME price for 5,000 MTPD plant is 17.71 $ /MMBTU, corresponding to equivalent
diesel price of 1.51 $/gal. The breakeven DME price is not sensitive to electricity price, but this
can change if a higher amount of electricity is produced. Shale gas composition as well as
economic and investment parameters do vary widely based on the country/region. The approach
presented in this study is generic and can be readily extended to the techno-economic optimization
of commercial DME plants in any country/region thus maximizing not only the profitability but
also reducing the scale-up risk.
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Chapter 4. Dynamic Data Reconciliation, Parameter Estimation, and MultiScale Reactor Modeling of the Direct Non-Oxidative Methane
Dehydroaromatization Process
This chapter presents dynamic data reconciliation, parameter estimation, and multi-scale fixedbed reactor model for the direct non-oxidative methane dehydroaromatization (DHA) process. Due
to rapid coke formation, catalysts in the non-oxidative methane DHA reactors get deactivated. A
model for deactivation is required for designing the cycle conditions and number of reactors for a
fixed-bed DHA process. Therefore, a model for the catalyst deactivation is developed along with
rate models for other DHA reactions. Due to the very fast coke formation rate on the fresh catalyst,
there is coke formation during the induction period. Extent of catalyst deactivation at the end of
the induction period is desired for estimation of reaction rate parameters, but that cannot be
measured. Therefore, an algorithm is developed for estimation of the initial state of the reactor and
the kinetic parameters by coupling an iterative direct substitution approach with an optimization
approach. Experimental data from an in-house reactor are used for developing the kinetic model.
Using the rate model, a dynamic, heterogeneous, multi-scale reactor model, with embedded
heating is developed. The model couples the catalyst pellet level model with a reactor level model.
Impacts of temperature, L/D ratio, and scheduling of reactors on variability in conversion and yield
with time are studied.

4.1.

Literature Review

Majority of the studies in the area of non-oxidative methane DHA process has been focused on
catalyst development, studying reactor operating conditions, and analyzing different methods for
catalyst regeneration. Guo et al. [139] have performed a non-oxidative methane DHA study in
presence of FeSiO2 catalyst at 950⁰-1090⁰C and atmospheric pressure. Many researchers have
studied the catalyst performance of HZSM-5 used for non-oxidative methane DHA reaction with
various transition metals such as Mo, W, Re, Co, Ga, Mn etc. [28,140–144]. Other research groups
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have performed experimental studies to analyze the effect of operating conditions such as pressure,
weight hourly space velocity (WHSV), inlet stream composition, and reactor temperature on
methane conversion, product selectivity, and coking [145–148]. As catalyst deactivation due to
coking is one of the main issues, several strategies have been studied in the open literature to either
reduce coking or regenerate the catalyst by periodic feeding of oxygen, co-feeding of carbonmonoxide, or cycling CH4-H2 switching [148–151]. Very few authors have performed studies on
constructing rate models for non-oxidative methane DHA reactions. Li et al. [152] have optimized
catalytic membrane reactors for non-oxidative methane conversion process. Their proposed rate
model does not include the effect of catalyst deactivation and was developed using the data for
one specific temperature. Gao et al. [153] have conducted experimental studies and developed
models for methane DHA reactions in a hydrogen-selective membrane reactor by using a
Mo/MCM-22 catalyst. They have estimated the kinetic parameters of three global reactions using
the experimental data when the reactions were in pseudo-steady state region. The authors also did
not consider the impact of catalyst deactivation on the reaction kinetics. Iliuta et al. [154] have
performed experimental studies on methane DHA reactions on a Ru-Mo-HZSM-5 catalyst in a
fixed bed reactor over a temperature range of 600⁰-700⁰C at atmospheric pressure. The kinetic
parameters in their Langmuir-Hinshelwood-Hougen-Watson (LHHW) rate model have been
estimated and validated under the assumption of steady state in absence of catalyst deactivation.
Wong et al. [155] have developed an elementary step-based steady state reaction kinetics model
over HMZM-22 and Mo/HZSM-5 catalyst. Their model has been validated using the experimental
steady-state data collected in 600⁰-700⁰C temperature range while varying reactor space times and
inlet methane mole fractions. Fayzullaev et al. [156] have studied the kinetics and mechanism of
methane DHA reactions over (MoO3)x(ZrO2)y(ZnO2)z/ bentonite catalyst over a temperature range
of 600⁰-750⁰C. They have proposed four main reactions and have estimated the kinetic parameters
for those reactions using the experimental data from the system when methane conversion was
maximum assuming steady state operation. Yao et al. [157] have studied the intrinsic kinetic of
non-oxidative methane DHA on a Mo/HZSM-5 catalyst at different space velocities in the
temperature range of 640⁰-750⁰C under atmospheric pressure. They have proposed a LHHW rate
model for direct formation of benzene from methane and decomposition of methane and benzene
to carbon. Their rate model does not consider the coke formation rate. The parameters in the rate
model were estimated using the data under steady-state assumption. A kinetic study for methane
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DHA reactions at the temperature range of 700⁰-800⁰C under atmospheric pressure was performed
by Jeong et al. [158]. In their experiment, the catalyst was not pre-carburized, so during the
methane DHA reaction CO and CO2 were present in the reactor for carburization of catalyst. They
have proposed LLHW rate models considering 6 reactions while treating catalyst activity as a timevarying parameter. A pseudo-homogenous 1-D steady-state reactor model was developed and used
for parameter estimation in MATLAB using ‘lsqcurvefit’. Considerable discrepancy between the
model results and experimental data can be observed for methane conversion and yield of
practically all products including benzene, toluene, ethane, ethylene, and naphthalene. Karayaka
et al. [159] have developed a detailed reaction mechanism, involving 46 elementary reaction steps,
for the methane DHA reactions based on mean-field approximation. They have also developed a
1-dimensional axial flow packed bed reactor and validated their model results for methane
conversion and aromatics yield with data from literature at different space velocities and
temperature. Seeking to improve the validity of the same three reactions as Li et al. [152] for a
temperature range of 677⁰-750⁰C, Zhu et al. [160] have used the detailed mechanisms proposed
by Karayaka et al. [159] for first estimating the species concentration and molar rate data. Later,
they have estimated the kinetic parameters of the three global reactions using the concentration
and molar rate data, without the consideration of catalyst activity loss, by using Chemkin-Pro and
MATLAB. In terms of reactor modeling, majority of studies have focused on development and
optimization of isothermal membrane reactors for methane DHA process [152,161–165],
considering the reaction rate model without the effect of catalyst deactivation. Models of
heterogenous multi-scale dynamic fixed-bed reactors with integrated heating and consideration of
catalyst deactivation effect are still lacking in open literature. Such a model can be useful in
developing and optimizing cyclic reactor process and can also be used in developing a plant-wide
model to analyze the economic feasibility of methane DHA process. To summarize, the following
contributions have been made:
•

A dynamic data reconciliation methodology is developed to ensure that mass balance at each
time instance is satisfied. Data reconciliation is required for this system as the coke formation
rate at each time instance is unknown/unmeasured, and the measurements available from GC
at each time instant does not necessarily satisfy carbon and hydrogen balance. This
methodology can be applied to any other reaction system.
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•

A reaction mechanism for methane DHA that includes a model for the catalyst deactivation
rate is developed and the kinetic parameters are estimated using in-house experimental data. It
can be noted that the catalyst deactivation model for the methane DHA is generally ignored in
the current literature.

•

In this work, we seek to address an important issue that the initial amount of coke formed,
before the outlet gas phase measurements are available, is likely to be unknown. However due
to introduction of feed to the fresh catalyst, there can be rapid coke formation. If this amount
of coke formed during the induction period is not considered while estimating the reaction rate
parameters, it can lead to over-prediction of catalyst deactivation rate. To this end, an algorithm
is developed by coupling an iterative direct substitution approach with an optimization
algorithm for optimal estimation of the initial state of the reactor and the kinetic parameters
using the in-house experimental data.

•

The overall reaction system is endothermic, so external energy should be supplied for high
single pass conversion. Multi-tubular fixed bed reactors with embedded heating are simple yet
promising solutions for such systems. However, due to coking reactions, the fixed bed reactors
need to be cycled. Since the reactor outlet goes to other section of the plant for separation and
further processing of the products to make them satisfy the desired quality requirements, it is
desired that the variability of flow and yield from the fixed bed reactors remains within
acceptable limit for the downstream systems. To satisfy this requirement, a sensitivity study is
presented to show the effect of reactor operational time consideration on variability of
conversion and product yield. This is followed by a case study on consideration of parallel
reactor operation on variability in conversion and yield.

4.2.

Experimental Procedure

In this section, information on the catalyst preparation method and approach to perform the
methane DHA experiments is presented.
4.2.1. Catalyst Preparation
The molybdenum-loaded ZSM-5 (Mo/ZSM-5) catalysts were prepared by incipient wetness
technique. The H-ZSM5 zeolite support (Si/Al = 23) was made by calcinating the NH4-ZSM5
(Zeolyst International, Inc.) at 550℃. The molybdenum loading was 4 wt% and the preparation
method is described in one of the previous publications by some of the co-authors [166].
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4.2.2. Reactor Configuration and Operating Conditions
The freshly prepared catalyst was first pressed and sieved to have a particle size of 80 mesh, and
the catalyst was carburized by methane-hydrogen mixture gas (CH4:H2 = 1:4) in a traditional fixedbed reactor at 600℃ for 4 hours with a total flow rate of 50 mL/min. It has been reported that the
active MoCx species is formed by carburization of the molybdenum-zeolite catalyst, which can
effectively enhance the catalyst performance [167,168]. Methane DHA reactions were carried out
in 8 mm inner diameter (ID) quartz tube reactor with a bed length of about 1.02 inch. A
thermocouple was positioned at the catalyst bed center to measure the temperature. The feedstock
contained 50 vol% of methane, balanced by nitrogen, and the total flow rate was 100 mL/min. 0.5
gram of catalyst was loaded in each experiment. The experimental setup is shown in Fig. 4.1.

Figure 4.1: Experimental setup for conducting methane DHA reactions
The experiments were carried out at temperatures 725℃, 750℃, 775℃, and 800℃. The outlet of
the reactors was maintained at a temperature higher than 150℃ to prevent the benzene and toluene
from condensation. Product composition was analyzed by an Inficon Fusion Micro Gas
Chromatography (4-channel). Only hydrogen, ethane, ethylene, benzene, and toluene are
considered as products. All experiments were conducted under atmospheric pressure.
4.2.3. Thermogravimetric Analysis (TGA)
TGA experiments were performed to quantify the coke and analyze coke composition at the end
of experimental runs. Experiments were carried out in a Discovery SDT 650 unit manufactured by
TA Instruments. The temperature profile of the TGA is shown in Appendix F. The spent catalyst
sample was first stabilized at 50℃ for 2 hours (step 1; 100 mL/min He). Then, the temperature
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was raised to 200℃ at a rate of 10 ℃/min (step 2), kept for 1 hour (step 3) to remove the moisture,
and brought down to 50℃ (step 4). The moisture removal steps were under the inert environment
(100 mL/min He). The feed gas was switched to 5 vol% O2 and stabilized for 1 hour (step 5, 100
mL/min 5 vol% O2 balanced He). Subsequently, the sample was raised to 1200℃ at a rate of 5
℃/min (step 6), isothermal for 1 hour to oxide the coke fully (step 7), then cooled down to the
room temperature (step 8, 100 mL/min He). All gases used in TGA were UHP grade. The TGA
results for the spent catalysts samples is shown in Fig. 4.2.

Figure 4.2: TGA result of the spent catalyst samples: (a): 725℃; (b): 750℃; (c): 775℃;
(d): 800℃ (only the step 6 in the Figure F.1. is shown here; the weight at the end of step 7
and the detailed reading can be found in Appendix F
The distribution of coke type for the spent samples for one of the experimental runs is shown in
Table 4.1. Here, peak 1, 2 and 3 represents heavy aromatics, graphite like coke on external surface,
and polyaromatic coke in the ZSM-5 channel, respectively. Weight loss percentage is out of the
total weight loss. Weight loss of peak 3 is calculated by the weight at the end of peak 2 minus the
weight at the end of step 7, as shown in the Appendix F.
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Table 4.1: Numerical summary of the TGA result of the spent samples from different
reaction temperatures (a: 725℃; b: 750℃; c: 775℃; d: 800℃)
Samples

Peak 1

Peak 2

Peak 3

Peak 1

Temperature (℃)

Peak 3

Coke wt%

Weight Loss (%)

a

220

523

895

2.27

51.94

45.79

11.34%

b

220

540

896

2.08

61.43

36.49

13.80%

c

220

550

898

1.65

67.05

31.30

14.82%

d

230

572

901

2.68

67.93

29.39

16.42%

Coke wt% =

4.3.

Peak 2

Weight Loss of Peak 2+Weight Loss of Peak 3
Weight at the End of Step 7

× 100%.

Dynamic Parameter Estimation

The reactions considered in these studies, their corresponding rate models, consideration of the
empirical equation for catalyst activity, experimental data reconciliation, and the approach for the
dynamic parameter estimation will be discussed. MATLAB, Microsoft Excel, and Aspen Custom
Modeler (ACM) V9.0 is used in this study.
4.3.1. Methane DHA Reaction Rate Model
There is lack of consensus on reaction pathways for non-oxidative methane DHA reactions
[148,155,159,169]. The most common pathway that has been agreed upon starts with a short
induction period in which MoO3 is converted into Mo2C, making the catalyst active for methane
DHA reaction. The C-H bond in methane molecules gets activated by Mo2C, producing CHx* and
H* species. The CHx* species can further dehydrogenate CH*, C*, and react with each other to
form C2 species such as ethane, ethylene, acetylene. The C2s can further undergo oligomerization
reaction on the HZSM-5 sites to form aromatics. Each of these steps have the potential for coke
formation, and usually two types of coke can form i.e. graphite-like C and aromatic-type coke
[148]. In this study, the reaction scheme is developed based on the analysis of the experimental
data. Ethylene was consistently produced at all temperatures during the experiments. Acetylene
production was not detected till 750⁰C. Ethane production was not continuous in all experimental
runs. R1, the ethylene dimerization reaction, is considered. Ethylene is then converted to benzene
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in R2. R3 represents the decomposition reaction of methane to carbon and hydrogen capturing
catalyst deactivation over time.
2𝐶𝐻4 ↔ 𝐶2 𝐻4 + 2𝐻2

𝑅1

3𝐶2 𝐻4 ↔ 𝐶6 𝐻6 + 3𝐻2

𝑅2

𝐶𝐻4 ↔ 𝐶 + 2𝐻2

𝑅3

The proposed rate model R1-R3 are given by Eq. 4.1-4.3, respectively. The rate equation includes
a separable catalyst activity term to consider the effect of catalyst deactivation over time. The
model for catalyst deactivation given by Eq. 4.3 is similar to that of Dumez and Froment [170],
and Acharya and Hughes [171] where the authors investigated catalyst deactivation for
dehydrogenation of butene-1.
𝐸1

2
𝑟1 = exp(−𝛼 ∙ 𝐶𝑐 ) ∙ 𝐴1 ∙ 𝑒𝑥𝑝(−𝑅∙𝑇) (𝑓𝐶𝐻
−
4

𝐸2

𝑓𝐶2𝐻4 ∙ 𝑓𝐻22
)
𝐾𝑝1

𝑟2 = exp(−𝛼 ∙ 𝐶𝑐 ) ∙ 𝐴2 ∙ 𝑒𝑥𝑝(−𝑅∙𝑇) (𝑓𝐶32 𝐻4 −

(4.1)

𝑓𝐶6 𝐻6 ∙ 𝑓𝐻32
)
𝐾𝑝2

(4.2)

𝐸
𝑓𝐻22
𝑟𝑐
1
(− 3 )
𝑅∙𝑇
𝑟3 =
=
exp(−𝛼 ∙ 𝐶𝑐 ) ∙ 𝐴3 ∙ 𝑒𝑥𝑝
(𝑓𝐶𝐻4 −
)
𝜑𝐶𝑀 𝑀𝐶𝐻4 𝜑𝐶𝑀 𝑀𝐶𝐻4
𝐾𝑝3

(4.3)

3
); 𝛼 is the catalyst activity
In Eq. 4.1-4.3, 𝐶𝑐 denotes catalyst coke content (𝑘𝑔𝑐𝑜𝑘𝑒 ⁄𝑚𝑐𝑎𝑡−𝑣𝑜𝑙

parameter
(

3
(𝑚𝑐𝑎𝑡−𝑣𝑜𝑙
⁄𝑘𝑔𝑐𝑜𝑘𝑒 );

𝑘𝑚𝑜𝑙

3
𝑚𝑐𝑎𝑡−𝑣𝑜𝑙
𝑠 𝑏𝑎𝑟 2

𝑓𝑜𝑟 𝑖 = 1, 𝑚3

𝐴𝑖

𝑘𝑚𝑜𝑙

3
𝑐𝑎𝑡−𝑣𝑜𝑙 𝑠 𝑏𝑎𝑟

is

the

pre-exponential

𝑓𝑜𝑟 𝑖 = 2, 𝑚3

𝑘𝑔𝑐𝑜𝑘𝑒

𝑐𝑎𝑡−𝑣𝑜𝑙

𝑠 𝑏𝑎𝑟

factor

for

reaction

i

𝑓𝑜𝑟 𝑖 = 3); 𝐸𝑖 is the activation

energy of reaction i (𝐽⁄𝑚𝑜𝑙 ); R is the gas constant (𝐽⁄𝑚𝑜𝑙 /𝐾); T is the reactor temperature (K);
𝐾𝑝𝑖 is the equilibrium constant (bar); 𝑀𝐶𝐻4 is the molecular weight of methane ((𝑘𝑔⁄𝑘𝑚𝑜𝑙 ); 𝜑𝐶𝑀
3
is the coke yield from methane (𝑘𝑔𝑐𝑜𝑘𝑒 ⁄𝑘𝑔𝐶𝐻4 ) ; 𝑟𝑖 is the reaction rate (𝑘𝑚𝑜𝑙 ⁄𝑚𝑐𝑎𝑡−𝑣𝑜𝑙
/𝑠); 𝑟𝑐 is
3
the coke formation rate (𝑘𝑔𝑐𝑜𝑘𝑒 ⁄𝑚𝑐𝑎𝑡−𝑣𝑜𝑙
/𝑠); fi is the fugacity of component i (bar).

The equilibrium constant in Eq. 4.1-4.3 is calculated using van’t Hoff’s equation [172], given by
Eq. 4.4 as follows:
𝑅𝑇 ln 𝐾 = −∆𝐺

(4.4)

𝐾 = 𝐾𝑓 ∙ 𝐾𝑝

(4.5)
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where ∆𝐺 is the Gibbs free energy of the reaction (𝐽⁄𝑚𝑜𝑙 ). In Eq. 4.5, 𝐾𝑓 and 𝐾𝑝 are the
equilibrium constants calculated using fugacity coefficient and partial pressure of the components.
The reaction system considered here operates around atmospheric pressure. Under the given
operating pressure and temperature, the deviation from ideality is negligible, thus: 𝐾𝑓 ≈ 1.
Therefore, K = 𝐾𝑝 .
4.3.2. Data Reconciliation
Both systematic and random measurement errors do occur in the experimental data thus mass
balances may not be satisfied. In addition, for this system, the coke that gets formed remains within
the reactor, and real time measurement of coke cannot be performed. Moreover, the GC
measurements does not necessarily satisfy carbon and hydrogen balances at every time instant. To
satisfy material balances including carbon and hydrogen atomic balances at every time instant,
data reconciliation is performed by solving the following optimization problem:
𝑚𝑖𝑛 ∑ ∑ ∑ 𝑊𝑖𝑗 ∙ (𝐹𝑚𝑜𝑑𝑒𝑙,𝑜𝑢𝑡,𝑖,𝑗,𝑚 − 𝐹𝑒𝑥𝑝,𝑖,𝑗,𝑚 )
𝑖

𝑗

2

𝑚

𝑠. 𝑡. 𝐹𝑖,𝑗,𝑚 ≥ 0
𝑀(𝐹𝑖,𝑗,𝑚 , 𝜂𝑖,𝑗,𝑚,𝑘 ) = 0

(4.6)

Here index i represents each data set where time series data were collected by maintaining the
reactor at a specific temperature, index 𝑗 represents the gaseous species, index m represents each
discrete time instant at which measurement are available. 𝐹𝑚𝑜𝑑𝑒𝑙 and 𝐹𝑒𝑥𝑝 denote the reconciled
and experimental component molar flowrate, respectively, at the reactor outlet and 𝑊 denotes the
weights. 𝑀(𝐹𝑖,𝑗,𝑚 , 𝜂𝑖,𝑗,𝑚,𝑘 ) denotes the equality constraints where 𝜂𝑖,𝑗,𝑚,𝑘 denotes the reaction rate
of the kth reaction, that are considered as decision variables. Gas phase dynamics for the lab scale
small reactor is very fast and can be neglected. Therefore, equality constraints that includes the
following mass/atom balance equations can be written as:
𝐹𝑚𝑜𝑑𝑒𝑙,𝑖𝑛,𝑖,𝑗,𝑚 − 𝐹𝑚𝑜𝑑𝑒𝑙,𝑜𝑢𝑡,𝑖,𝑗,𝑚 +⁄− ∑ 𝜗𝑗,𝑘 𝜂𝑖,𝑗,𝑚,𝑘 = 0

(4.7)

∑ 𝐹𝑚𝑜𝑑𝑒𝑙,𝑖𝑛,𝑖,𝑗,𝑚 𝑁𝑐,𝑗 − ∑ 𝐹𝑚𝑜𝑑𝑒𝑙,𝑜𝑢𝑡,𝑖,𝑗,𝑚 𝑁𝑐,𝑗 − 𝜂𝑖,𝑗,𝑚,3 𝑁𝑐,𝑐𝑜𝑘𝑒 = 0

(4.8)

∑ 𝐹𝑚𝑜𝑑𝑒𝑙,𝑖𝑛,𝑖,𝑗,𝑚 𝑁𝐻,𝑗 − ∑ 𝐹𝑚𝑜𝑑𝑒𝑙,𝑜𝑢𝑡,𝑖,𝑗,𝑚 𝑁𝐻,𝑗 = 0

(4.9)
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Here, 𝜗𝑘 is the stoichiometric coefficient; 𝑁𝑐 and 𝑁𝐻 denote the carbon and hydrogen atom number
for the species j. Different initial guesses are evaluated, and the results are similar for all the cases
that converged. The experimental and the reconciled data for 775⁰C is shown in Fig. 4.3. Data
reconciliation for two additional temperatures is shown in Appendix G. The reconciled data is then
used for estimating the kinetic parameters. This optimization problem is solved using the
“fmincon” subroutine in MATLAB using a sequential quadratic programming algorithm.

Figure 4.3: Comparison of experimental and reconciled data for 775⁰C. (a) methane; (b)
benzene; (c) hydrogen
4.3.3. Model Development for the Laboratory Reactor and Parameter Estimation
For parameter estimation, a one-dimensional homogenous fixed bed reactor model of the
laboratory-scale reactor is developed in ACM. The time dependent PDEs are solved using method
of lines by discretizing in space but keeping the time continuous. Backward finite difference is
used for discretizing in space while implicit Euler method with variable step length is used for
integration. The physical properties of the gas phase are calculated using property calls in ACM,
based on the state variables and composition. Soave-Redlich-Kwong (SRK) equation of state
(EOS) in Aspen Properties is used as the thermodynamic model. The following assumptions are
made for model development.
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•

Pressure drop is negligible because the length of the reactor is very small.

•

Uniform velocity is assumed because the reactor diameter is small and the reactor-to-particle
ratio is more than 10 [173].

•

Mass transfer resistances is negligible because the catalyst is in powdered form.

•

Reactor is maintained at isothermal conditions.

•

Radial variation is not considered because the reactor diameter is small.

The conservation equation for gaseous species is given by Eq. 4.10:
𝑢𝑠

𝜕(𝐶𝑔𝑎𝑠,𝑖 )
− (1 − 𝜀𝑙𝑎𝑏 ) ∙ ∑ 𝑟𝑗 = 0
𝜕𝑧

(4.10)

with the following boundary condition: 𝐶𝑔𝑎𝑠,𝑖 (𝑧 = 0) = 𝐶𝑔𝑎𝑠,𝑖,𝑖𝑛𝑙𝑒𝑡 .
In addition, Eq. 4.11 is considered:
∑ 𝑦𝑔𝑎𝑠,𝑖 = 1

(4.11)

Catalyst deactivation rate is given by Eq. 4.12:
𝑑𝐶𝑐
= 𝑟𝑐
𝑑𝑡

(4.12)

In Eq. 4.10-4.12, 𝐶𝑔𝑎𝑠,𝑖 is the concentration of gas species i (𝑘𝑚𝑜𝑙 ⁄𝑚3 ); 𝑦𝑔𝑎𝑠,𝑖 is the mole fraction
of species i; 𝑢𝑠 is the gas superficial velocity (𝑚/𝑠); 𝜀𝑙𝑎𝑏 = 0.4 is the lab reactor bed voidage. In
addition to dynamic parameter estimation, the unknown initial state of the reactor must also be
estimated. Due to the very fast coke formation rate on the fresh catalyst, there is coke formation
immediately upon introduction of the feed before measurement data can be collected. The amount
is unknown and needs to be estimated for capturing the initial state of the reactor. An iterative
direct substitution algorithm is developed as shown in Fig. 4.4 to estimate the coke concentration
at the end of the induction period, i.e. the initial condition (𝑡 = 𝑡𝑖𝑛𝑖 ) for Eq. 4.12. The algorithm
starts with a guess for the coke concentration at the initial condition (i.e. 𝑡 = 𝑡𝑖𝑛𝑖 ). For the first
iteration, i.e. at 𝑖 = 1, 𝐶𝑐 = 0 at 𝑡 = 𝑡𝑖𝑛𝑖 for all four temperatures. After parameters are estimated,
the estimated parameters and the partial pressure of methane and hydrogen from the experimental
data during induction period, i.e., 𝑡 < 𝑡𝑖𝑛𝑖 are used in Eq. 4.3 to calculate the coke concentration
at the end of the induction period. If the absolute difference between the guess for the coke
concentration and the calculated coke concentration is above the tolerance, then the calculated
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concentration is considered as the new guess for the initial coke concentration at the next iteration.
It should be noted that the initial estimate of the coke concentration is critical to avoid resulting
bias in the estimate of the catalyst deactivation parameter.

Figure 4.4: Algorithm to predict initial coke concentration for dynamic parameter
estimation
The reconciled data for all temperatures is normalized and used in parameter estimation. Maximum
log likelihood objective function is used for dynamic parameter estimation, given as follows:
1

max {− 2 ∑𝑁𝑀𝑒𝑎𝑠
(𝑛𝑖 (log 2𝜋
𝑖=1
𝜃,𝛾

+ 1) +

(𝑧̂ (𝑡𝑖𝑗𝑘 )−𝑧(𝑡𝑖𝑗𝑘 ))
𝑁𝐷𝑦𝑛 𝑀𝑖𝑗
𝑛𝑖 log [𝑛 ∑𝑗=1 ∑𝑘=1 𝑤𝑗2
𝛾𝑖
𝑧
𝑖
1

2

]+

𝑖𝑗𝑘

𝑁𝐷𝑦𝑛 𝑀𝑖𝑗
𝛾𝑖 ∑𝑗=1 ∑𝑘=1 log 𝑤𝑗 𝑧(𝑡𝑖𝑗𝑘 ))}

𝑠. 𝑡. 𝑓(𝑥𝑖 ) = 0
𝜃𝐿 ≤ 𝜃 ≤ 𝜃𝑈

(4.13)
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where 𝛾𝑖 is the heteroscedasticity parameter for measured variable 𝑧(𝑗); 𝑤𝑗 is the weight for
experiment 𝑗; 𝑛𝑖 is the total number of measurements for variable 𝑖 over all the experiments; 𝜃
denote parameters to be estimated; 𝑁𝐷𝑦𝑛 is the total number of dynamic experiments; 𝑧̂ (𝑡𝑖𝑗𝑘 ) is
the 𝑘 𝑡ℎ measurement of variable 𝑧(𝑗) in experiment 𝑖 at time 𝑡𝑖𝑗𝑘 ; 𝑀𝑖𝑗 is the number of
measurements of variable 𝑗 in experiment 𝑖; 𝑁𝑀𝑒𝑎𝑠 is the number of unique variables 𝑧(𝑗)
measured over all experiments; 𝑓(𝑥𝑖 ) are the mass balance equality constraints (Eqs. 4.10-4.12).
A total of 7 kinetic parameters i.e. the pre-exponential factor (Ai) and activation energy (Ei) for the
3 reactions, and the catalyst activity parameter (α) is estimated. A direct search based Nelder-Mead
solver is used to perform the estimation in ACM. This solver is based on the simplex algorithm
with a penalty function implementation to ensure that the solutions lies within the bounds.
Comparison of the model results with the experimental data, for 725⁰C, 750⁰C, 775⁰C temperature,
is shown in Fig. 4.5. The comparison for 800⁰C is shown in Appendix H. In this study, two
experiments were conducted for each temperature. The standard deviation calculated using the two
sets of experimental data is also denoted in Fig. 4.5.

Figure 4.5: Comparison of model prediction with experimental data for three temperatures
at 1 atmosphere. Model Prediction: Red line; Experimental Data: Blue line also includes
standard deviation in the data
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The estimated values of the parameters are shown in Table 4.2. The activation energies estimated
here are in the range to those reported by other researcher for similar reactions [156,158,160].
Table 4.2: Estimated values of the kinetic rate parameters and catalyst activity
Parameter

Value

Units

𝐴1

9.95

𝑘𝑚𝑜𝑙 ⁄
3
𝑚𝑐𝑎𝑡−𝑣𝑜𝑙
𝑠 𝑏𝑎𝑟 2

𝐴2

3.79 ∙ 106

𝑘𝑚𝑜𝑙 ⁄
3
𝑚𝑐𝑎𝑡−𝑣𝑜𝑙
𝑠 𝑏𝑎𝑟 3

𝐴3

2.23 ∙ 104

𝑘𝑔𝑐𝑜𝑘𝑒
⁄𝑚3
𝑐𝑎𝑡−𝑣𝑜𝑙 𝑠 𝑏𝑎𝑟

𝐸1

51.1

𝑘𝐽⁄
𝑚𝑜𝑙

𝐸2

30.04

𝑘𝐽⁄
𝑚𝑜𝑙

𝐸3

104.1

𝑘𝐽⁄
𝑚𝑜𝑙

𝛼

3.001 ∙ 10−2

3
𝑚𝑐𝑎𝑡−𝑣𝑜𝑙
⁄
𝑘𝑔𝑐𝑜𝑘𝑒

To compare the coke deposited on the catalyst with the experimental TGA results, cumulative
amount of coke is calculated using the dynamic model with estimated kinetic parameters. Table
4.3 shows that the model results agree well with the experimental data.
Table 4.3: Comparison of model coke prediction with experiment
Coke weight%
Temperature (⁰C)

Experiment

Model

725

11.34% ± 0.389%

13.69%

750

13.80% ± 0.410%

15.16%

775

14.82% ± 0.622%

16.58%

800

16.42% ± 0.460%

17.95%
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4.4.

Fixed Bed Reactor Model Development

In this section, the development of heterogeneous fixed bed reactor model is presented. The overall
reaction system is highly endothermic, so it is desired to provide external heat to the reactor to
achieve higher single pass conversion. A multi-tubular fixed bed reactor with triangular pitch
arrangement is considered where the hot utility flows in the tubes while the shell side is packed
with catalyst through which the gas flows. The model is multi-scale coupling both the catalyst
pellet level and bulk reactor level model. Radial variation of transport variables is considered
within the catalyst pellet, while variation in axial direction only is considered at the reactor scale.
Similar to before, the PDEs are solved by method of lines. Backward finite difference is used for
all 1st order differential equations, and central finite difference method is used for 2nd order
differential equation, for discretizing in space.
4.4.1. Gas Phase Species Balance
The dynamic bulk gas phase species balance is given by Eq. 4.14:
𝜀𝑏 ∙

𝜕𝐶𝑔𝑎𝑠,𝑖
𝜕(𝐶𝑔𝑎𝑠,𝑖 ∙ 𝑢𝑔𝑎𝑠 )
6 (1 − 𝜀𝑏 )
= −𝜀𝑏
+ 𝑘𝑔𝑎𝑠,𝑖 ∙
(𝐶𝑐𝑎𝑡,𝑠𝑢𝑟,𝑖 − 𝐶𝑔𝑎𝑠,𝑖 )
𝜕𝑡
𝜕𝑧
𝑑𝑝

(4.14)

where i denotes the gas species CH4, C2H4, C6H6, H2, N2.
The equation for coke produced over time is as follows:
𝑑𝐶𝑐
= 𝑟𝑐
𝑑𝑡

(4.15)

The overall species conservation equation is also written (Eq. 4.16).
𝜀𝑏 ∙

𝜕𝜌𝑔𝑎𝑠
𝜕(𝜌𝑔𝑎𝑠 ∙ 𝑢𝑔𝑎𝑠 ) 6 (1 − 𝜀𝑏 )
= −𝜀𝑏
+
∑ 𝑘𝑔𝑎𝑠,𝑖 ∙ (𝐶𝑐𝑎𝑡,𝑠𝑢𝑟,𝑖 − 𝐶𝑔𝑎𝑠,𝑖 )
𝜕𝑡
𝜕𝑧
𝑑𝑝

(4.16)

Where 𝜌𝑔𝑎𝑠 is the bulk gas density (𝑘𝑚𝑜𝑙 ⁄𝑚3 ); 𝐶𝑐𝑎𝑡,sur,𝑖 is the gas concentration on the catalyst
surface (𝑘𝑚𝑜𝑙 ⁄𝑚3 ); 𝑑𝑝 is diameter of the catalyst pellet (𝑚); 𝜀𝑏 is the bed voidage; 𝑘𝑔𝑎𝑠,𝑖 is the
gas mass transfer coefficient (𝑚/𝑠). The boundary condition at the reactor inlet (at z = 0) is given
as 𝐶𝑔𝑎𝑠,𝑖 (𝑧 = 0) = 𝐶𝑔𝑎𝑠,𝑖,𝑖𝑛𝑙𝑒𝑡 , 𝑢𝑔𝑎𝑠,𝑖 (𝑧 = 0) = 𝑢𝑔𝑎𝑠,𝑖,𝑖𝑛𝑙𝑒𝑡 , 𝜌𝑔𝑎𝑠,𝑖 (𝑧 = 0) = 𝜌𝑔𝑎𝑠,𝑖,𝑖𝑛𝑙𝑒𝑡 .
The summation equation given by Eq. 4.11 is also included. The inlet gas interstitial velocity is
calculated using Eq. 4.17 as follows:
86

𝑢𝑔𝑎𝑠,𝑖𝑛𝑙𝑒𝑡 =

𝐹𝑔𝑎𝑠,𝑖𝑛𝑙𝑒𝑡
𝜌𝑔𝑎𝑠,𝑖𝑛𝑙𝑒𝑡 ∙ 𝐴𝑏𝑒𝑑 ∙ 𝜀𝑏

(4.17)
𝑘𝑚𝑜𝑙

where 𝐹𝑔𝑎𝑠,𝑖𝑛𝑙𝑒𝑡 is the inlet gas molar flowrate (

𝑠

) and 𝐴𝑏𝑒𝑑 is the catalyst bed area (𝑚2 ).

4.4.2. Pressure Drop
The Ergun equation is used to calculate the pressure drop inside the reactor [174].
150 ∙ 𝜇𝑔𝑎𝑠 (1 − 𝜀𝑏 )2
1.75 ∙ 𝜌𝑔𝑎𝑠 (1 − 𝜀𝑏 )
𝑑𝑃
2
=−
∙
∙
(𝜀
∙
𝑢
)
+
∙
∙ (𝜀𝑏 ∙ 𝑢𝑔𝑎𝑠 ) ∙ 𝑀𝑔𝑎𝑠 (4.18)
𝑏
𝑔𝑎𝑠
3
3
𝑑𝑧
𝑑𝑝
𝜀𝑏
𝑑𝑝
𝜀𝑏
where 𝑀𝑔𝑎𝑠 is the molecular weight of the gas (𝑘𝑔/𝑘𝑚𝑜𝑙); P is the reactor pressure (bar). The
boundary condition is as follows: 𝑃(𝑧 = 0) = 𝑃𝑖𝑛𝑙𝑒𝑡 .
4.4.3. Gas Phase and Tube Wall Energy Balance
The bulk gas phase energy balance is written as [175],
𝜀𝑏 ∙ 𝜌𝑔𝑎𝑠 ∙

+

𝜕𝐻𝑔𝑎𝑠
𝜕(𝐻𝑔𝑎𝑠 ∙ 𝜌𝑔𝑎𝑠 ∙ 𝑢𝑔𝑎𝑠 )
6 (1 − 𝜀𝑏 )
= −𝜀𝑏 ∙
+ ℎ𝑔𝑐 ∙
∙ (𝑇𝑐𝑎𝑡,𝑠𝑢𝑟𝑓 − 𝑇𝑔𝑎𝑠 )
𝜕𝑡
𝜕𝑧
𝑑𝑝
6 (1 − 𝜀𝑏 )
4
∑ 𝐻𝑔𝑎𝑠 ∙ 𝑘𝑔𝑎𝑠,𝑖 ∙ (𝐶𝑐𝑎𝑡,𝑖 − 𝐶𝑔𝑎𝑠,𝑖 ) +
∙ℎ
∙ (𝑇𝑤𝑎𝑙𝑙 − 𝑇𝑔𝑎𝑠 )
𝑑𝑝
𝑑𝑡𝑢𝑏𝑒 𝑤𝑎𝑙𝑙

(4.19)

The tube wall energy balance is written as follows,
𝜕𝑇𝑤𝑎𝑙𝑙
𝜕 2 𝑇𝑤𝑎𝑙𝑙
4
𝜌𝑡𝑢𝑏𝑒 ∙ 𝐶𝑝,𝑡𝑢𝑏𝑒 ∙
= 𝜆𝑡𝑢𝑏𝑒 ∙
−
∙ℎ
∙ (𝑇𝑤𝑎𝑙𝑙 − 𝑇𝑔𝑎𝑠 )+..
𝜕𝑡
𝜕𝑧 2
𝑑𝑡,𝑜𝑢𝑡 𝑤𝑎𝑙𝑙
..+

4
𝑑𝑡,𝑖𝑛

∙ ℎℎ𝑡𝑓 ∙ (𝑇ℎ𝑡𝑓 − 𝑇𝑤𝑎𝑙𝑙 )

(4.20)

and the corresponding boundary conditions are as follows:
𝑇𝑤𝑎𝑙𝑙,𝑖𝑛𝑙𝑒𝑡 = 𝑇𝑔𝑎𝑠,𝑖𝑛𝑙𝑒𝑡
𝜕𝑇𝑤𝑎𝑙𝑙 (𝑧 = 𝐿)
=0
𝜕z
where 𝐻𝑔𝑎𝑠 is the gas enthalpy (𝐽/𝑚𝑜𝑙); ℎ𝑔𝑐 is the gas heat transfer coefficient (𝑊/𝑚2 /𝐾); ℎ𝑤𝑎𝑙𝑙
is the tube wall heat transfer coefficient (𝑊/𝑚2 /𝐾); ℎℎ𝑡𝑓 is the heat transfer coefficient of the
heat transfer fluid (𝑊/𝑚2 /𝐾) [176]; 𝑇𝑤𝑎𝑙𝑙 is the tube wall temperature; 𝑇𝑔𝑎𝑠 is the bulk gas
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temperature; 𝑇ℎ𝑡𝑓 is the temperature of heat transfer fluid; 𝑑𝑡,𝑖𝑛 and 𝑑𝑡,𝑜𝑢𝑡 is inner and outer tube
diameter (𝑚). The boundary condition at reactor inlet is 𝐻𝑔𝑎𝑠 (𝑧 = 0) = 𝐻𝑔𝑎𝑠,𝑖𝑛𝑙𝑒𝑡 . The heat
transfer fluid considered here is a molten salt with a constant temperature.
4.4.4. Catalyst Phase – Gas Species Balance
Variation of gas concentration in the radial direction inside the porous catalyst particle is
considered. Inside the catalyst particle, the dominating mass transport mechanism is diffusion,
while the convection term is assumed to be negligible due to small pore radius and negligible
pressure difference. The dynamic gas species mass balance inside the spherical catalyst particle is
given by:
∅∙

𝜕𝐶𝑐𝑎𝑡,𝑖
∅ 𝜕
𝜕𝐶𝑐𝑎𝑡,𝑖
) + ∑ 𝑟𝑗
= 2 ∙ (𝐷𝑒𝑓𝑓,𝑖 ∙ 𝑟 2 ∙
𝜕𝑡
𝑟 𝜕𝑟
𝜕𝑟

(4.21)

At the catalyst surface,
−𝐷𝑒𝑓𝑓,𝑖 ∙

𝜕𝐶𝑐𝑎𝑡,𝑖 (𝑧, 𝑟 = 𝑟𝑝 )
= 𝑘𝑔𝑎𝑠,𝑖 ∙ (𝐶𝑐𝑎𝑡,𝑖 (𝑧, 𝑟 = 𝑟𝑝 ) − 𝐶𝑔𝑎𝑠,𝑖 (𝑧))
𝜕𝑟

At the catalyst center,
𝜕𝐶𝑐𝑎𝑡,𝑖 (𝑧, 𝑟 = 0)
=0
𝜕𝑟
Here, 𝐷𝑒𝑓𝑓,𝑖 is the effective diffusivity of gas in the catalyst (𝑚2 /𝑠). It considers both molecular
and Knudsen diffusivity; ∅ is the catalyst porosity.
4.4.5. Catalyst Phase Energy Balance
The temperature variation within the catalyst in radial direction in spherical coordinates is given
as follows [175]:
((1 − ∅) ∙ 𝜌𝑐𝑎𝑡 ∙ 𝐶𝑝,𝑐𝑎𝑡 + ∅ ∙ ∑ 𝐶𝑝,𝑐𝑎𝑡,𝑔𝑎𝑠,𝑖 ∙ 𝐶𝑐𝑎𝑡,𝑖 ) ∙
. . +∅ ∙ (𝐷𝑒𝑓𝑓,𝑖 ∙

𝜕𝐶𝑐𝑎𝑡,𝑖
𝜕𝑟

𝜕𝑇𝑐𝑎𝑡 𝜆𝑐𝑎𝑡 𝜕 2 𝜕𝑇𝑐𝑎𝑡
) +..
= 2 ∙ (𝑟 ∙
𝜕𝑡
𝑟
𝜕𝑟
𝜕𝑟

∙ 𝐶𝑝,𝑐𝑎𝑡,𝑔𝑎𝑠,𝑖 ∙

𝜕𝑇𝑐𝑎𝑡
𝜕𝑟

) + (1 − ∅) ∙ ∑ ∆𝐻𝑟𝑒𝑎𝑐,𝑗 ∙ 𝑟𝑗 (4.22)

Boundary condition:
𝜕𝑇𝑐𝑎𝑡
(𝑧, 𝑟 = 0) = 0
𝜕𝑟
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−𝜆𝑐𝑎𝑡 ∙

𝜕𝑇𝑐𝑎𝑡 (𝑧, 𝑟 = 𝑟𝑝 )
𝜕𝐶𝑐𝑎𝑡,𝑖 (𝑧, 𝑟 = 𝑟𝑝 )
− ∑ 𝐻𝑖 ∙ 𝐷𝑒𝑓𝑓,𝑖 ∙
𝜕𝑟
𝜕𝑟
= ℎ𝑔𝑐 ∙ (𝑇𝑐𝑎𝑡 (𝑧, 𝑟 = 𝑟𝑝 ) − 𝑇𝑔 ) + ∑ 𝐻𝑔𝑎𝑠 ∙ 𝑘𝑔𝑎𝑠,𝑖 ∙ (𝐶𝑐𝑎𝑡,𝑖 − 𝐶𝑔𝑎𝑠,𝑖 )

where 𝜆𝑐𝑎𝑡 is the thermal conductivity of the catalyst; 𝛥𝐻𝑟𝑒𝑎𝑐,𝑗 is the heat of reaction of reaction
j; 𝜌𝑐𝑎𝑡 is particle density (𝑘𝑔/𝑚3 ); 𝐶𝑝,𝑐𝑎𝑡 is the heat capacity of the solid catalyst (𝐽/𝑚𝑜𝑙/𝐾);
𝐶𝑝,𝑐𝑎𝑡,𝑔𝑎𝑠,𝑖 is the heat capacity of species i in catalyst phase (𝐽/𝑚𝑜𝑙/𝐾). Initially, it is assumed
that the temperature of the catalyst is same as the gas temperature.
4.4.6. Mass & Heat Transfer Coefficient, and Effective Diffusivity
The mass transfer coefficient (𝑘𝑔𝑎𝑠,𝑖 ) and the bulk gas heat transfer coefficient (ℎ𝑔𝑐 ) are calculated
using the correlations given by Mobed et al. [174], Barton and Adams II [175]. Like before, the
physical properties of the gas used in these equations is calculated using SRK EOS in ACM. The
effective diffusivity (𝐷𝑒𝑓𝑓,𝑖 ) of gas in catalyst phase is calculated using the following equation:
1
𝐷𝑒𝑓𝑓,𝑖

=

1
𝐷𝑘𝑛𝑢𝑑,𝑒𝑓𝑓,𝑖

+

1
𝐷𝑚𝑖𝑥,𝑒𝑓𝑓,𝑖

(4.23)

The effective Knudsen diffusivity (𝐷𝑘𝑛𝑢𝑑,𝑒𝑓𝑓,𝑖 ) is calculated using the correlation given by
Satterfield [177] as follows: The gas constant (R) is added to this equation to make the units
consistent.
𝐷𝑖,𝑘𝑛𝑢𝑑,𝑒𝑓𝑓 = 19,400 ∙

∅2
𝑇𝑐𝑎𝑡 ∙ 𝑅
√
𝜏 ∙ 𝑆𝑔 ∙ 𝜌𝑝 𝑀𝑔𝑎𝑠,𝑖

(4.24)

The effective molecular diffusivity (𝐷𝑚𝑖𝑥,𝑒𝑓𝑓,𝑖 ) is calculated using the following equation:
𝐷𝑚𝑖𝑥,𝑒𝑓𝑓,𝑖 =

𝐷𝑚𝑖𝑥,𝑖 ∙ ∅
𝜏

(4.25)

where 𝑆𝑔 is the specific area of the catalyst pellet (𝑚2 /𝑔); 𝜏 is the tortuosity of the catalyst; 𝜌𝑝 is
the particle density; 𝑀𝑖 is the molecular weight of the gas species i (𝑘𝑔/𝑘𝑚𝑜𝑙).
4.4.7. Tube Wall Heat Transfer Coefficient
The heat transfer coefficient of the tube wall is calculated based on the theory of small cylinders
immersed in fluids, given by Penny et al. [178].
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0.1

ℎ𝑤𝑎𝑙𝑙

𝜆𝑒𝑓𝑓
𝑑𝑡𝑢𝑏𝑒
=
∙ (0.333 + 0.26 ∙ 𝑅𝑒 0.533 ) ∙ 𝑃𝑟 0.333 ∙ (
)
𝑑𝑡𝑢𝑏𝑒
𝑑𝑝

(4.26)

where 𝑅𝑒 and 𝑃𝑟 are Reynolds and Prandtl number, respectively.
𝑅𝑒 =

𝑑𝑝 ∙ 𝜀𝑏 ∙ 𝑢𝑔𝑎𝑠 ∙ 𝜌𝑔𝑎𝑠
𝜇𝑔𝑎𝑠

(4.27)

𝑃𝑟 =

𝐶𝑝,𝑔𝑎𝑠 ∙ 𝜇𝑔𝑎𝑠
𝜆𝑔𝑎𝑠

(4.28)

where 𝜇𝑔𝑎𝑠 is the dynamic viscosity of the gas (cP); 𝜆𝑔𝑎𝑠 is the thermal conductivity of the gas.
The effective thermal conductivity 𝜆𝑒𝑓𝑓 of the fluid-solid phase is calculated using the equation
given by Penny et al. [178], as follows:
𝜆𝑒𝑓𝑓 = 𝜆𝑔𝑎𝑠 {1 − √(1 − 𝜀𝑏 ) +

2 ∙ √(1 − 𝜀𝑏 ) (1 − 𝜔)𝐵
1
𝐵+1
𝐵−1
(
)
∙[
∙
ln
−
−
]}
(1 − 𝜔𝐵)2
1 − 𝜔𝐵
𝜔𝐵
2
1 − 𝜔𝐵
(4.29)

1 − 𝜀𝑏
𝐵 = 1.25 ∙ [
]
𝜀𝑏
𝜔=

10⁄
9

(4.30)

𝜆𝑔𝑎𝑠
𝜆𝑐𝑎𝑡

(4.31)

4.4.8. Bed Voidage and Number of Tubes
Bed voidage is calculated using the correlation given by Mobed et al. [174], Barton and Adams
[175], as follows:

𝜀𝑏 = 0.38 + 0.073 ∙ 1 −
(

2
𝑑
( 𝑟𝑒𝑐 − 2)
𝑑𝑝

𝑑𝑟𝑒𝑐 2
(
)
𝑑𝑝

(4.32)
)

A triangular pitch layout is assumed for tubes inside the reactor, and the following equation is used
to calculate the number of tubes:
𝑁𝑡 =

2
𝜋 𝐶𝑇𝑃 𝑑𝑟𝑒𝑐
∙
∙ 2
4 𝐶𝐿 𝑃𝑡

(4.33)
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𝑃𝑡 = 𝑃𝑟 ∙ 𝑑𝑡𝑢𝑏𝑒

(4.34)

The bed area is calculated using the following equation:
𝜋 2
𝐴𝑏𝑒𝑑 = 𝐴𝑟𝑒𝑐 − ( ∙ 𝑑𝑡𝑢𝑏𝑒
∙ 𝑁𝑡)
4

(4.35)

Here, 𝑑𝑟𝑒𝑐 is the reactor diameter (𝑚); CTP is the tube count constant; CL is the tube layout
constant; Pt is the tube pitch; 𝑃𝑟 is the tube pitch ratio; 𝐴𝑏𝑒𝑑 is the area of the catalyst bed; 𝐴𝑟𝑒𝑐 is
the reactor area. All the properties of the gas mixture and individual gas component is calculated
using Aspen Plus property package, unless specified. The thermal conductivity of the catalyst is
assumed to be that of the HZSM-5 support taken from literature [179], and the thermal conductivity
of gas is assumed to be negligible compared to the catalyst. The values of the key parameters are
shown in Table 4.4.
Table 4.4: Values of some key parameters used for simulation

4.5.

Parameter

Value

Specific area of the catalyst pellet, 𝑆𝑔

209.93 𝑚 ⁄𝑔

Catalyst porosity, ∅

0.35

Tortuosity, 𝜏

0.5

Tube count constant, CTP

0.93

Tube layout constant, CL

0.866

Tube pitch ratio, Pr

1.25

Outer tube diameter, 𝑑𝑡,𝑜𝑢𝑡

0.0254 m

Inner tube diameter, 𝑑𝑡,𝑖𝑛

0.02 m

Catalyst pellet diameter, 𝑑𝑝

4.8 mm

Catalyst bulk density

800 kg/m3

2

Results and Discussions

Sensitivity studies, for the heterogenous fixed bed reactor model, with respect to key process
variables is performed to study their impact on catalyst deactivation rate, reactant conversion, and
product yield. Before performing dynamic simulation studies, a snapshot is created by setting 𝐶𝑐 =
0 which is used to initialize the reactor. It should be noted that since this analysis is based off the
model from which results can be generated at all desired time instants including the induction
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period, no initial coke formation needs to be considered. After initialization, dynamic simulations
are carried out considering all the equations mentioned earlier, including catalyst deactivation. For
this system, the residence time is in seconds compared to the reactor operating time, so the initial
condition of the reactor before the feed gas is introduced is expected to have little to no effect on
the results. The reactor length and diameter are 2.5 m and 1.74 m, respectively. Yield is calculated
as follows:
𝑌=

𝑁 ∙ 𝐹𝑝,𝑜𝑢𝑡,𝑖
𝐹𝑟,𝑖𝑛

(4.36)

Here, 𝐹𝑝,𝑜𝑢𝑡,𝑖 and 𝐹𝑟 is the molar flowrate of product and reactant; N is the carbon number.
4.5.1. Impact of Temperature
The effect of temperature on conversion, product yield, and catalyst activity is studied as shown
in Fig. 4.6. The reactor is subjected to 325 𝑘𝑚𝑜𝑙/ℎ of total feed (𝑦𝐶𝐻4 = 0.9; 𝑦𝑁2 = 0.1) at three
temperatures (700⁰C, 750⁰C, 800⁰C) and 2.1 bar inlet pressure. The temperature of the heat transfer
fluid is set to be the respective inlet gas temperature. The reactor temperature remains almost
constant at the desired temperature. Here, catalyst activity is calculated using the exponential part
in Eq. (4.1-4.3) i.e. 𝑒 −𝛼∙𝐶𝑐̅ .As seen in Fig. 4.6a, methane conversion increases with the increase in
temperature due to the endothermicity of the reaction but decreases with time due to coke
formation. This is seen in Fig. 4.6d, which shows the decrease in catalyst activity with time.
Benzene yield increases initially with the increase in temperature. However, higher temperature
causes faster deactivation and faster decrease in the benzene yield as a result. On the other hand,
ethylene yield increases with temperature. This study can help in calculating the number of reactors
and their scheduling as a function of the temperature with due consideration of the cyclic operation.
While the rate of catalyst deactivation and regeneration time can affect the total number of reactors
undergoing reaction in parallel and those undergoing regeneration (with some, if any, idling), the
operating temperature also affects the conversion and selectivity and thus the amount of products
being formed at any time instant. Obviously, to capture these effects, an economic study would be
required to obtain the optimal number of reactors and their operating conditions.
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Figure 4.6: Effect of temperature on reactor performance parameters. (a) Methane
conversion; (b) Benzene yield; (c) Ethylene yield; (d) Catalyst Activity
Dynamic variability of the key variables with respect to space is shown in Fig. 4.7 when the
temperature of the heat transfer fluid is constant at 700⁰C. It is observed that there is a decrease in
the temperature in the initial section of the reactor due to initiation of the methane dimerization
reaction (Reaction R1). As a result, the ethylene yield is maximum in that section of the reactor.
However, the ethylene yield keeps decreasing due to the conversion of ethylene to benzene as seen
by the increase in benzene yield in the later section of the reactor. Initially, the rate of catalyst
deactivation is very fast. With the increase in time, the rate of catalyst deactivation decreases due
to hydrogen formation and selectivity to Reactions R1 and R2 increases. Therefore, there is an
increase in benzene and ethylene yield with the increase in time.
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Figure 4.7: Profile of performance parameters over reactor length at different time instant
for reactor operating at 700⁰C and 2.1 bar inlet pressure. (a) Bulk gas temperature; (b)
Methane conversion; (c) Benzene yield; (d) Ethylene yield
4.5.2. Impact of L/D and Inlet Flowrate
The effect of L/D ratio and inlet flowrate, for constant reactor volume, on reactor pressure drop
and methane conversion is shown in Fig. 4.8. The reactor is assumed to operate isothermally at
steady state at 700⁰C and 2.1 bar inlet pressure, and 𝐶𝑐 = 0. These operating conditions are selected
for this specific study for simplicity to avoid the complex effect of coke formation and resulting
dynamics on the methane conversion and pressure drop so that the pressure drop, and methane
conversion is mainly affected by the L/D ratio and inlet flowrate as intended. Thus, the results can
be treated as the best-case scenario under isothermal operation. Methane DHA has light gases at
the reactor outlet which needs to be separated downstream and that requires compression of the
stream. So, it is desired that the pressure drop is kept low in the reactor to decrease the compression
power. As shown in Fig. 4.8b., pressure drop increases considerably as the L/D ratio increases
especially at higher inlet flowrate. For example, when L/D = 1.9 and 300 𝑘𝑚𝑜𝑙/ℎ, pressure drop
is > 1 bar along the reactor length, while for 230 𝑘𝑚𝑜𝑙/ℎ the pressure drop is about 0.65 bar.
Similarly, for the L/D = 1.9, methane conversion is lower for 300 𝑘𝑚𝑜𝑙/ℎ compared to 230
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𝑘𝑚𝑜𝑙/ℎ due to higher pressure drop and lower residence time. So, for a given inlet flowrate, sizing
the reactor appropriately is of key importance for methane DHA system.

Figure 4.8: Pressure drop and methane conversion for different L/D ratio and inlet
flowrate. (a) Methane conversion; (b) Pressure drop
4.5.3. Variability in Methane Conversion and Product Yield
Fixed bed reactors are simple to construct and operate, but since the rate of catalyst deactivation
is fast for methane DHA reactions, the variation in reactant conversion and product yield over time
can be high if the reactor and their operational cycle is not appropriately designed. Since the
products and unconverted reactants are sent to the separation sections, variabilities in reactant
conversion and product yield with time can have adverse impact on the operational efficiency of
separation units such as the distillation columns and can lead to difficulties in achieving desired
product specifications. So, it will be desired that the variabilities with time are maintained within
certain range. Fig. 4.9a shows the effect of deactivation (i.e. as the online time of the reactor
increases) on the time-average methane conversion and variability in methane conversion. Here,
effect of catalysts deactivation is included as given by Eq. (4.1) -(4.3) and the variability is
represented by standard deviation. Results presented in Figs. 4.9a and 4.9b are cumulative. For
example, time-average methane conversion for catalyst activity of 70% indicates the average
conversion calculated by considering the conversion over the entire time the catalyst activity
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decreased from 100% to 70%. Fig. 4.9b shows the effect of deactivation on the time-average
benzene yield and variability in benzene yield.

Figure 4.9: Effect of change in catalyst activity on time average values of and standard
deviation in (a) Methane Conversion; (b) Benzene Yield (700⁰C, 2.1 bar, 325 kmol/h (CH4
– 0.9, N2 – 0.1 mol%)
As seen in Fig. 4.9a, the standard deviation of methane conversion increases from ~3.9% to 6.5%
when the catalyst activity drops from ~78% to 50%. The standard deviation of benzene yield is
small however there is still an increase from 0.12% to ~0.5%. Acceptable variability in methane
conversion and benzene yield is expected to be different depending on the downstream separation
technologies, process control, and acceptable variability in product qualities. One way to reduce
this variability during the operational cycle is to have parallel reactors configuration. As one aims
for higher benzene yield i.e. keeping the reactor online for a longer time, a higher number of
parallel reactors are required to keep the standard deviation in conversion and yield within a certain
limit. Moreover, a higher number of parallel reactors where each reactor operates at different state
of deactivation at any time is also likely to allow operation at considerable higher deactivation and
therefore overall higher cycle time without much variability in the overall conversion. A study is
performed to show the impact of parallel reactor operation on the standard deviation of methane
conversion. For this purpose, a reactor operating at 700⁰C with 2.1 bar operating pressure, and
feed is 325 𝑘𝑚𝑜𝑙/ℎ (𝑦𝐶𝐻4 = 0.9; 𝑦𝑁2 = 0.1) is considered. The feed is equally divided into the
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number of parallel reactors. The dimensions of each reactor are kept similar. The regeneration time
is calculated using Eq. 4.37, similar to Dumez and Froment [170]:
𝑡𝑟 = 𝑡𝑝𝑢𝑟𝑔𝑒 + 𝑡𝑒𝑣𝑎𝑐 + 𝑅𝑜𝑥 ∙ 𝐶𝑐̅

(4.37)

Where tr is the regeneration time; 𝑡𝑝𝑢𝑟𝑔𝑒 is the time taken to purge the system; 𝑡𝑒𝑣𝑎𝑐 is evacuation
time; 𝑅𝑜𝑥 is the rate of oxidation of coke (0.05 hours per coke wt%); 𝐶𝑐̅ denotes the cumulative
coke content (wt%) in the catalyst before regeneration is initiated. The reactors are taken offline
and assumed to undergo regeneration when the catalyst activity drops to 35%. At this catalyst
activity, the average coke content on the catalyst amounts to 4.3 wt%. While developing the
schedule for parallel reactor configuration, one must ensure that at any instant of time same number
of parallel reactors remain online. Although, this condition can be satisfied by many possible
schedules with the same cycle time, but those schedules can greatly vary in terms of the state of
catalyst deactivation at any instant of time. To analyze the impact of schedule, here several such
feasible schedules are prepared by specifying the offset time between each reactor that enters the
reaction stage. Thus an offset time of 𝑡𝑜𝑓𝑓𝑠𝑒𝑡 would indicate that if a fully active reactor enters the
reaction stage at 𝑡𝑟𝑒𝑎𝑐 , then the 2nd fully active reactor would enter the reaction stage at 𝑡𝑟𝑒𝑎𝑐 +
𝑡𝑜𝑓𝑓𝑠𝑒𝑡 . Obviously depending on the number of parallel reactors available and the cycle time (that
includes reaction and regeneration time as defined above), there is a maximum offset time beyond
which the cycle is no more feasible, i.e. same number of parallel reactors will not be available at
each instant of time. Fig. 4.10 shows the impact of the offset time for the 2 parallel reactor
operation.
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Figure 4.10: Sensitivity of methane standard deviation w.r.t off-set time between reactor #1
and #2 in a 2 reactor parallel cyclic operation
As shown in Fig. 4.10, when the offset time between reactor #1 and #2 is zero i.e. both reactors
has the same activity at each instant of time, the standard deviation in the methane conversion is
the highest. As the offset time increases, the standard deviation in methane conversion decreases.
However, as the offset time is increased further, there are time instants when catalyst activity of
both reactors become low therefore increasing the standard deviation with further increase in offset
time. The Gantt chart corresponding to the offset time that leads to the minimum deviation in
methane conversion for the 2 parallel reactor operation is shown in supporting information,
Appendix I. Studies are also conducted for the 3 parallel reactor operation similar to above. Table
4.5 compares results for the 2 and 3 parallel reactor schedules when they reach the minimum
standard deviation in methane conversion.
Table 4.5: Sensitivity study results for parallel reactor operation
Parallel

Time for activity

Time average

St. dev in CH4

reactors

to reach 35%

CH4 conversion

conversion

2

20.4 min

27.9%

4.36%

3

25.8 min

33.7%

2.43%
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As the number of parallel reactors increases, the residence time in each of the reactors increases
thus increasing the time average CH4 conversion as observed in Table 4.5. As the number of
parallel reactors increase, the standard deviation in methane conversion decreases and the time
taken for the activity to drop to 35% increases. Even though higher residence time leads to higher
coke formation in comparison to aromatics formation, the cumulative amount of coke formed is
more for lower number of parallel reactors due to higher cumulative CH4 feed flow (for the entire
cycle) to the catalyst ratio. Similar observations are reported by Xu et al. [180], where they studied
the effect of superficial velocity on lifetime aromatics productivity and coke formation in a fixedbed reactor for different bed heights.

4.6.

Conclusion

Kinetic reaction rate model for methane DHA reactions, with coke formation rate, is able to predict
the coke deposited on the catalyst within 11% average error when compared to the experimental
TGA data. A dynamic model of the laboratory scale reactor is developed and used for estimation
of the kinetic model parameters by using the laboratory data. A data reconciliation approach is
developed for closing the mass balance of the laboratory data. As the initial state of the catalyst’s
activity is not known, an algorithm is developed for estimating the initial state of catalyst activity
while performing data reconciliation and parameter estimation. Model results compare well with
the experimental data at different temperatures. A model of a commercial scale multi-tubular fixed
bed reactor is developed coupling the catalyst pellet and reactor level model, and considering
internal and external mass transfer resistances, heat transfer resistances, and the reaction limitation.
It is observed that higher temperature can increase methane conversion and benzene yield.
However, the rate of catalyst deactivation is much faster which can lead to a large variability in
the methane conversion. A lower L/D ratio is found to be beneficial to keep the pressure drop low
and methane conversion high. Due to fast deactivation, methane DHA reactors would require a
cyclic operation if fixed bed reactors are used. As the catalysts become deactivated, variability in
benzene yield and methane conversion increases thus limiting the amount of time a reactor can
undergo reaction. When parallel reactors are considered to reduce variability in conversion and
yield, it is observed that there is an optimal cycle schedule when the variability in methane
conversion and benzene yield is minimum. When the number of parallel reactors increases, timeaverage methane conversion increases, standard deviation in methane conversion decreases, and
time-average benzene yield decreases.
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Chapter 5. Dynamic Data Reconciliation, Parameter Estimation, and MultiScale Modeling of the Microwave-Assisted Methane Dehydroaromatization
Process
In this chapter, dynamic data reconciliation and parameter estimation has been performed for
methane DHA reaction system using the experimental data generated from a MW reactor. A
custom reaction rate model has been used in which the catalyst deactivation effect on the reaction
rate has been considered. The amount of heat generated at a specific catalyst site has been modeled
using Maxwell’s equation. For integrating the Maxwell’s equation with process model, a reduced
order model is developed. The reduce order model is a function of temperature, dielectric
properties, and input power. A 2-D multi-scale heterogenous industrial scale MW reactor model
has been developed coupling catalyst pellet level and reactor level model. The reduced order MW
propagation model has been coupled with heat and mass transfer equations to study the effect the
MW on heat, mass, and reaction limitation. Temperature difference between the metal particles
sites and catalyst support sites have also been investigated.

5.1.

Literature Review

Microwave (MW) heating has been industrially utilized for a long time with applications in wood
drying, drugs, and food industry. In the food industry, MW has been used for various purposes
including cooking, drying, pasteurization and thawing. In recent years, it has been progressively
utilized to improve the reaction kinetics for both the homogenous and heterogeneous catalysis
frameworks [181]. Quick volumetric heating, minimal loss of energy, higher reaction rate than the
traditional thermal heating, and improvement of selectivity of desired products in MW-assisted
reactors have led to considerable research on MW-enhanced reaction engineering.
Several experimental works on MW-assisted DHA have been reported. Julian et al. [29] studied
the non-oxidative methane DHA reaction under MW and conventional heating on Mo/HZSM-5
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catalyst. They reported higher C2 hydrocarbons, and benzene formation under MW heating
compared to conventional heating. Moreover, they also reported double the amount of coke
formation under conventional heating as compared to MW heating. Conde et al. [182–184] studied
the effect of different parameters such as catalyst type (nickel ,iron, and activated carbon), MW
operating frequency, and power on the product distribution of methane DHA reaction. They
reported that activated carbon catalyst had the highest methane conversion and benzene selectivity
at 4.6 GHz frequency and 500 W power. Marun et al. [185] studied the performance of methane
DHA reaction at 2.45 GHz frequency subjected to different catalyst types, input power, and helium
diluent gas. They reported that the applied power had to be optimized based on the catalyst type
to make the catalyst active. Moreover, they also showed the effect of diluent gas on the product
distribution. Lu et al. [186] studied MW-assisted non-oxidative methane conversion to butene
under different inlet hydrogen partial pressures in a two-stage fixed-bed reactor. Their study found
that decreasing the CH4:H2 ratio from 1:5 to 1:3, resulted in decrease in methane conversion from
73.2% to 67.2%, while the butene selectivity remained unchanged.
As opposed to the experimental works on MW-assisted methane DHA, the current literature is
rather scarce on mathematical modeling. There are several gaps in the literature that this work
seeks to address. The first issue that this study seeks to address is the lack of a reaction rate model
including catalysts deactivation. Methane DHA reactions including MW-assisted methane DHA
lead to coke formation. As the coke keeps building in the catalyst, its activity keeps dropping. The
coke formation rate not only affects the selectivity of products and carbon utilization but leads to
a dynamic process due to the temporal decrease of the catalyst activity. Consideration of this
dynamics is an important aspect for reactor design and operation. Few authors have proposed
reaction rate model for non-oxidative methane DHA reaction under conventional heating system
using steady-state data and without incorporating the effect of catalyst deactivation [152–157,160].
Currently there is no reaction rate model in the open literature on the coke formation rate and
catalyst deactivation rate as a result of coke formation. One of the difficulties in developing such
a rate model is that the temporal evolution of coke formed in the catalyst cannot be currently
measured. Furthermore, the dynamic data available from the gas chromatography (GC) does not
necessarily satisfy carbon and hydrogen balances thus the dynamic data need to be reconciled for
satisfying atom/species balances. As the parameters of the coke formation rate model and catalyst
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deactivation rate model are time-invariant, a dynamic data reconciliation and parameter estimation
problem is solved for the proposed rate law. Another gap in the open literature that this work seeks
to address is a process model for a fixed bed reactor that includes coupled mass transfer, heat
transfer, reaction kinetics, and absorption of MW power by the catalyst particles. As the metal
sites in the catalyst are likely to absorb MW power than support sites, there can be local
inhomogeneity in temperature distribution within the catalyst particles and between metal and
support sites. Gerasev [187] developed a dynamic two-phase packed bed reactor model under MW
heating considering a hypothetical endothermic reaction. MW propagation was modeled using
Lambert’s law. Similarly, Cherbanski [188] developed a transient two-dimensional packed bed
reactor model to study heat transfer between the solid-gas phase when subjected to conventional
and MW heating. No reaction was considered, and Lambert’s law was used to model the MW
propagation inside the bed. Haneishi et al. [189] studied the impact of MW irradiation on a 2proponal dehydrogenation system. COMSOL Multiphysics software was used where the
electromagnetic field distribution was coupled with heat transfer. It is not clear how heat transfer
was modeled. Haneishi et al. [190] conducted another study to understand the effect of nonuniform temperature distribution on rate enhancement of dehydrogenation of ethylbenzene.
Bhattacharya et al. [191,192] conducted a comprehensive theoretical analysis on the effect of MW
heating for a gas phase first order endothermic reaction. They developed a 1-D homogenous
packed bed reactor model considering heat and mass transfer and coupled them with the Helmholtz
equation for MW propagation. Muley et al. [193] developed a two phase packed bed reactor model
in COMSOL, coupling the heat transfer equations with the RF electromagnetics module to study
the effect of shape, size, and position of the HZSM-5 catalyst bed within the MW reactor on the
temperature distribution within the bed. Overall, it can be observed that the existing literature lacks
consideration of inter and intra-particle mass transfer, reaction kinetics including coke formation
and catalyst deactivation, and comprehensive heat transfer model considering heat transfer
between the metal sites, support sites and the gas within the catalyst particles and between the bulk
and catalyst particles where the MW absorption by both metal and support sites area taken into
consideration. Furthermore, there is hardly any reactor model for the MW- assisted methane DHA
(lacks multi-scale model that includes both the bulk scale and the catalysts scale and includes all
the mechanism noted above for methane DHA). In this work, a multi-scale model is developed
including all the mechanisms noted above where MW propagation is modeled by Maxwell’s
102

equation. However as solving Maxwell’s equation coupled with other equations is computationally
intensive for numerical discretization approaches and is infeasible in Aspen Custom Modeler that
is used here, an approach using a reduced order model is developed. In summary, following
contributions are made in this study:
•

A reaction rate model including coke formation rate and the catalyst deactivation rate has been
proposed. Dynamic data reconciliation and parameter estimation has been performed for this
rate model using the experimental data for DHA reactions from an in-house MW-assisted
reactor.

•

For calculating spatial variation of absorption of MW power, Maxwell’s equation is used. For
numerical tractability and implementation in the process simulation software environment, a
reduced order model is then developed where the MW power absorbed is expressed as a
function of reactor radius, MW frequency, temperature, and dielectric properties. This reduced
order model can be easily implemented on most software platforms and solved with other
reactor modeling equations without the need to solve the coupled Maxwell’s equations.

•

A dynamic commercial scale heterogenous multi-scale fixed bed MW reactor model is
developed where the catalyst pellet level model is coupled with reactor level model considering
the electromagnetic effects, inter-particle and intra-particle heat and mass transfer, and reaction
rate model that includes coke formation model and catalysts deactivation model. For the
catalyst level model, separate energy balances are considered for the metal particles and the
catalyst support.

5.2.

Experimental Procedure

In this section, procedure to prepare the catalyst and the approach to perform the methane DHA
MW catalysis reaction is discussed.
5.2.1. Catalyst Preparation
The molybdenum-loaded ZSM-5 (4 wt% Mo/ZSM-5) catalysts was prepared by incipient wetness
technique. The H-ZSM5 zeolite support (Si:Al = 23) was made by calcinating the NH4-ZSM5
purchased from Zeolyst International, Inc. The detailed catalyst composition, preparation method,
and calcination temperature is described in our previous publication [166].
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5.2.2. Microwave (MW) Reactor Configuration and Design of Experiment
DHA reactions were carried out in 8 mm inner-diameter (ID) quartz tube reactors. The feedstock
contained 50 vol% methane, balanced by nitrogen. The MW reactor unit is Lambda MC1330 with
an adjustable frequency range from 5850 to 6650 MHz, and the maximum power is 180 W. The
microwave reaction set-up is described in the previous publications by some of the authors
[194,195] and the reactor configuration is shown in Fig. 5.1. 0.5 grams of catalyst was loaded in
each experiment. The catalyst was pre-carburized by methane-hydrogen mixture gas (CH4:H2 =
1:4, in volume) in a traditional fixed-bed reactor at 600 ℃ for 4 hours with a total flow rate of 50
mL/min. In this study, the MW frequency was set as 5850 MHz and weight hourly space velocity
was 12000 𝑚𝐿/𝑔 𝑐𝑎𝑡./ℎ𝑟 was used. Before initiating feed gas in every experiment, the catalyst
was heated in inert environment (nitrogen). The MW irradiation was applied throughout the entire
reaction period. E-H tuners (not shown in the figure) were adjusted to maintain the reflectance at
nearly zero, so the reflected power can be neglected. The temperature is controlled by a
proportional-integral-derivative (PID) controller. The outlet gas products were monitored by a 4channel Inficon Fusion micro gas chromatography (MicroGC). A BriskHeat heating tape was
applied to maintain the temperature of outlet gas line from the reactor higher than 140 ℃ to prevent
condensation of benzene and toluene products in the gas line.

Figure 5.1: Experimental setup for variable-frequency MW reactor
5.2.3. Thermogravimetric Analysis (TGA)
The TGA experiments were carried out in a Discovery SDT 650 unit (TA Instruments) to analyze
the type and amount of the coke residual on the spent catalyst. The sample was first stabilized at
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50 ℃ for 2 hours (step 1; 100 mL/min N2) so that the house gas in the test chamber can be purged.
Then, the temperature was ramped to 200 ℃ at a rate of 10 ℃/min and isothermal for 1 hour to
remove the moisture, and then cooled down to 50 ℃. Next, the feed gas was switched to 5 vol%
O2 (in balanced N2) and purged for 1 hour. Subsequently, the sample was raised to 900 ℃ at a rate
of 5 ℃/min, then cooled down to the room temperature. The temperature profile for the entire
process is shown in Fig. 5.2. All gases used in TGA were UHP grade.
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Figure 5.2: TGA temperature profile for MW-assisted non-oxidative methane DHA
reaction

5.3.

Reaction Model, Dynamic Data Reconciliation, and Parameter Estimation

In this section, first the reaction rate model including a model for the coking rate and catalysts
deactivation rate are developed for the methane DHA reactions. Kinetic model parameters are
estimated through dynamic data reconciliation and parameter estimation by leveraging the inhouse experimental data.
5.3.1. Reaction Rate Model
The exact reaction pathway for non-oxidative methane DHA reaction system is still debatable
[148,155,159,169]. However, the most common pathway that has been agreed upon starts with the
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formation of C2s such as ethane, ethylene, and acetylene. The C2s can further react on the HZSM5 support to form aromatics. Each of these steps have the potential to form coke namely graphitetype C and aromatics-type coke [148]. Based on the products obtained in the experimental data,
reactions considered in this study are shown in Table 5.1.
Table 5.1: Non-oxidative methane DHA reactions
No.

Name

Reaction

ΔH @ 25⁰C (kJ/mol)

1

Methane Dimerization

2𝐶𝐻4 ↔ 𝐶2 𝐻4 + 2𝐻2

201.9

2

Benzene Formation

3𝐶2 𝐻4 ↔ 𝐶6 𝐻6 + 3𝐻2

-156.8

3

Methane Decomposition

𝐶𝐻4 ↔ 𝐶 + 2𝐻2

74.81

The custom rate model considered for the reactions in Table 5.1 is given by Eq. 5.1-5.3. Effect of
catalyst deactivation on the reaction rate due to coking is taken into account by including a
separable exponential term which is a function of catalyst coke content (Cc) and activity parameter
(α). The catalyst deactivation model is similar to the studies on dehydrogenation of butene-1
[170,171].
𝐸1

2
𝑟1 = exp(−𝛼 ∙ 𝐶𝑐 ) ∙ 𝐴1 ∙ 𝑒𝑥𝑝(−𝑅∙𝑇) (𝑓𝐶𝐻
−
4

𝐸2

𝑓𝐶2𝐻4 ∙ 𝑓𝐻22
)
𝐾𝑝1

𝑟2 = exp(−𝛼 ∙ 𝐶𝑐 ) ∙ 𝐴2 ∙ 𝑒𝑥𝑝(−𝑅∙𝑇) (𝑓𝐶32 𝐻4 −

𝑓𝐶6 𝐻6 ∙ 𝑓𝐻32
)
𝐾𝑝2

𝐸
𝑓𝐻22
𝑟𝑐
1
(− 3 )
𝑅∙𝑇
𝑟3 =
=
exp(−𝛼 ∙ 𝐶𝑐 ) ∙ 𝐴3 ∙ 𝑒𝑥𝑝
(𝑓𝐶𝐻4 −
)
𝜑𝐶𝑀 𝑀𝐶𝐻4 𝜑𝐶𝑀 𝑀𝐶𝐻4
𝐾𝑝3

(5.1)

(5.2)

(5.3)

In Eq. 5.1-5.3, 𝐴𝑖 is the pre-exponential factor; 𝐸𝑖 is the activation energy; 𝜑𝐶𝑀 is the coke yield
from methane; 𝑅 is the gas constant; 𝑓𝑖 is the fugacity; 𝑇 is the temperature. Fugacity coefficient
were calculated for a range of operating conditions for this reaction system, and the coefficient
was very close to 1. So, partial pressure is used in terms of fugacity in Eq. 5.1-5.3. The equilibrium
constants (𝐾𝑝𝑖 ) are calculated using the Van’t Hoff equation.
5.3.2. Dynamic Data Reconciliation
Experimental data does not necessarily satisfy carbon and hydrogen balance. Another drawback is
that the real time measurement of coke formation rate is not currently possible. Use of the
experimental data that do not satisfy mass balances can lead to bias in parameter estimation. So,
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before parameter estimation can be conducted, following dynamic data reconciliation problem is
solved:
𝑚𝑖𝑛 ∑ ∑ ∑ 𝑊𝑖𝑗 ∙ (𝐹𝑚𝑜𝑑𝑒𝑙,𝑜𝑢𝑡,𝑖,𝑗,𝑚 − 𝐹𝑒𝑥𝑝,𝑖,𝑗,𝑚 )
𝑖

𝑗

2

(5.4)

𝑚

𝑠. 𝑡. 𝐹𝑚𝑜𝑑𝑒𝑙𝑜𝑢𝑡,𝑖,𝑗,𝑚 ≥ 0

(5.5)

𝐹𝑚𝑜𝑑𝑒𝑙,𝑖𝑛,𝑖,𝑗,𝑚 − 𝐹𝑚𝑜𝑑𝑒𝑙,𝑜𝑢𝑡,𝑖,𝑗,𝑚 +⁄− ∑ 𝜗𝑗,𝑘 𝜂𝑖,𝑗,𝑚,𝑘 = 0

(5.6)

∑ 𝐹𝑚𝑜𝑑𝑒𝑙,𝑖𝑛,𝑖,𝑗,𝑚 𝑁𝑐,𝑗 − ∑ 𝐹𝑚𝑜𝑑𝑒𝑙,𝑜𝑢𝑡,𝑖,𝑗,𝑚 𝑁𝑐,𝑗 − 𝜂𝑖,𝑗,𝑚,3 𝑁𝑐,𝑐𝑜𝑘𝑒 = 0

(5.7)

∑ 𝐹𝑚𝑜𝑑𝑒𝑙,𝑖𝑛,𝑖,𝑗,𝑚 𝑁𝐻,𝑗 − ∑ 𝐹𝑚𝑜𝑑𝑒𝑙,𝑜𝑢𝑡,𝑖,𝑗,𝑚 𝑁𝐻,𝑗 = 0

(5.8)

Here index i represents experimental data set for each temperature, index 𝑗 represents the gaseous
species, index m represents each discrete time instant at which measurements are available. 𝐹𝑚𝑜𝑑𝑒𝑙
and 𝐹𝑒𝑥𝑝 denote the reconciled and experimental component molar flowrate, respectively, at the
reactor outlet and 𝑊 denotes the weights. 𝜂𝑖,𝑗,𝑚,𝑘 denotes the reaction rate of the kth reaction. The
inequality constraints denoted by Eq. 5.5 ensure that the molar flowrates are positive. Eq. 5.6
represents the mass balance in terms of extent of reaction. Eq. 5.7 and 5.8 represents carbon and
hydrogen atom balance. The optimization problem is solved using ‘fmincon’ in MATLAB with a
sequential quadratic programming algorithm. The experimental and the reconciled data are shown
in Fig. 5.3.

107

Figure 5.3: Experimental and reconciled data at three experimental temperatures for
methane, benzene, and hydrogen
5.3.3. Dynamic Parameter Estimation
A dynamic 1-D homogeneous reactor model is developed in Aspen Custom Modeler (ACM) V9®
to perform dynamic parameter estimation. Soave-Redlich-Kwong (SRK) equation of state (EOS)
is used as the thermodynamic package in ACM. Resulting PDAEs are solved using method of lines
where the spatial direction is discretized while time is considered as a continuous variable.
Backward finite difference (BFD) method is used for spatial discretization. The implicit Euler
method with variable step length is used for numerical integration. Dimensions of the reactor are
26 mm × 8 mm. Due to the small length of the reactor, pressure drop is neglected and uniform
velocity is assumed because the reactor-to-particle diameter ratio is more than 10 [173]. The
catalyst is in powder form, so mass transfer limitations are also neglected. Radial variation is not
considered due to the small reactor diameter, and the reactor is assumed to be operating under
isothermal conditions at the temperature maintained by the PID controller as described in Section
5.2.
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The gaseous species conservation equation is given by Eq. 5.9:
𝑢𝑠

𝜕(𝐶𝑔𝑎𝑠,𝑖 )
− (1 − 𝜀𝑙𝑎𝑏 ) ∙ ∑ 𝑟𝑗 = 0
𝜕𝑧

(5.9)

with the following boundary condition: 𝐶𝑔𝑎𝑠,𝑖 (𝑧 = 0) = 𝐶𝑔𝑎𝑠,𝑖,𝑖𝑛𝑙𝑒𝑡 .
In addition, Eq. 5.10 is considered:
∑ 𝑦𝑔𝑎𝑠,𝑖 = 1

(5.10)

Catalyst deactivation rate is given by Eq. 5.11:
𝑑𝐶𝑐
= 𝑟𝑐
𝑑𝑡

(5.11)

For this reaction system, coke formation starts as soon as the methane feed is introduced to the
reactor so there can be some amount of coke before the first measurements are available. This
initial amount of coke needs to be taken into consideration during parameter estimation to avoid
over estimation of coke formation rate. An iterative direct substitution algorithm is developed as
shown in Fig. 5.4, and it is integrated with dynamic parameter estimation to simultaneously predict
the initial coke concentration at the end of induction period (𝑡 = 𝑡𝑖𝑛𝑖 ) and estimate the kinetic
parameters. Parameter estimation is started with zero coke concentration at the initial condition
(i.e. at 𝑖 = 1, 𝐶𝑐 = 0 at 𝑡 = 𝑡𝑖𝑛𝑖 for all temperatures), and kinetic parameters are estimated.
The estimated parameters are then used to calculate the true coke content using Eq. 5.3 and 5.11
using the experimental data during induction period, i.e., 𝑡 < 𝑡𝑖𝑛𝑖 . The algorithm converges when
the absolute difference between the guess for the coke concentration and the calculated coke
concentration is below the tolerance.
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Figure 5.4: Algorithm to simultaneously predict the initial coke concentration and perform
dynamic parameter estimation
There are temperature measurement challenges associated with MW reactors [196]. The standard
thermocouple cannot be inserted in the catalyst bed and used for measuring the temperature
because of the interaction of electromagnetic waves with the thermocouple. In addition, insertion
of a thermocouple in the catalyst bed would result in the inhomogeneity of catalyst bed which can
lead to inaccurate results. Infrared (IR) temperature sensors have been used by many research
groups for temperature measurement in a MW reactor [196]. However, it has been reported to
grossly under-measure the actual temperature of system because the IR sensor measures the
temperature of the outermost material in the reactor system, which can be the reactor wall or the
catalyst particle near the wall. However, MW reactors heat from the inside out which makes things
more complicated [196]. For a solid-gas heterogenous reaction system, it has been reported by
several researchers that a particular reaction resulting in the same amount of reactant conversion
under MW at > 200⁰C less than the conventional heating system, due to the formation of the
hotspots. However, the current technology is not capable of measuring temperature of the hotspot
due to reasons mentioned in a detailed review paper by Priecel et al. [196]. Recent temperature
measurement at West Virginia University using an IR imaging camera in a fluidized bed MW
reactor, showed that the center of the reactor was at 150⁰-200⁰C higher than the reactor walls.
Therefore it was decided to also estimate the deviation of the true temperature in the catalyst from
the measurement temperature denoted by 𝛥𝑇, i.e. 𝑇𝑡𝑟𝑢𝑒 = 𝑇𝑒𝑥𝑝 + ∆𝑇, where 𝛥𝑇 is bounded
between 0-240oC in the optimization problem. The parameters that are estimated are the activation
energies and pre-exponential factors of the three reactions, catalyst activity parameter, and the true
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ΔT of the reactor system. A log likelihood objective function given as follows is used for dynamic
parameter estimation:
1

max {− 2 ∑𝑁𝑀𝑒𝑎𝑠
(𝑛𝑖 (log 2𝜋
𝑖=1
𝜃,𝛾

+ 1) +

(𝑧̂ (𝑡𝑖𝑗𝑘 )−𝑧(𝑡𝑖𝑗𝑘 ))
𝑁𝐷𝑦𝑛 𝑀𝑖𝑗
𝑛𝑖 log [𝑛 ∑𝑗=1 ∑𝑘=1 𝑤𝑗2
𝛾𝑖
𝑧
𝑖
1

2

]+

𝑖𝑗𝑘

𝑁𝐷𝑦𝑛 𝑀𝑖𝑗
𝛾𝑖 ∑𝑗=1 ∑𝑘=1 log 𝑤𝑗 𝑧(𝑡𝑖𝑗𝑘 ))}

𝑠. 𝑡. 𝑓(𝑥𝑖 ) = 0
𝜃𝐿 ≤ 𝜃 ≤ 𝜃𝑈

(5.12)

where 𝛾𝑖 is the heteroscedasticity parameter for measured variable 𝑧(𝑗); 𝑤𝑗 is the weight for
experiment 𝑗; 𝑛𝑖 is the total number of measurements for variable 𝑖 over all the experiments; 𝜃
denote parameters to be estimated; 𝑁𝐷𝑦𝑛 is the total number of dynamic experiments; 𝑧̂ (𝑡𝑖𝑗𝑘 ) is
the 𝑘 𝑡ℎ measurement of variable 𝑧(𝑗) in experiment 𝑖 at time 𝑡𝑖𝑗𝑘 ; 𝑀𝑖𝑗 is the number of
measurements of variable 𝑗 in experiment 𝑖; 𝑁𝑀𝑒𝑎𝑠 is the number of unique variables 𝑧(𝑗)
measured over all experiments; 𝑓(𝑥𝑖 ) are the mass balance equality constraints (Eq. 5.9-5.11).
Comparison of the model results with the reconciled experimental data is shown in Fig. 5.5.
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Figure 5.5: Comparison of estimated and reconciled data after performing parameter
estimation
The initial guess for the decision variables is the values estimated for the methane DHA reaction
via conventional heating. While the activation energy for a reaction is expected to be similar for a
given catalyst irrespective of the sources of heat, but the pre-exponential factors can differ. The
estimated decision variables for the MW case are shown in Table 5.2. For comparison purpose,
the decision variables for non-MW case is also shown.
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Table 5.2: Comparison of estimated kinetic parameters between MW and non-MW
experimental study
Parameter

Value (MW)

Value (non-MW)

Units

𝐸1

51.1

51.1

𝐸2

30.02

30.04

𝐸3

98.3

104.1

𝑘𝐽⁄
𝑚𝑜𝑙
𝑘𝐽⁄
𝑚𝑜𝑙
𝑘𝐽⁄
𝑚𝑜𝑙

𝐴1

10.0

9.95

𝑘𝑚𝑜𝑙 ⁄
3
𝑚𝑐𝑎𝑡−𝑣𝑜𝑙
𝑠 𝑏𝑎𝑟 2

𝐴2

2.77 ∙ 106

3.79 ∙ 106

𝑘𝑚𝑜𝑙 ⁄
3
𝑚𝑐𝑎𝑡−𝑣𝑜𝑙
𝑠 𝑏𝑎𝑟 3

𝐴3

7.37 ∙ 104

2.23 ∙ 104

𝑘𝑔𝑐𝑜𝑘𝑒
⁄𝑚3
𝑐𝑎𝑡−𝑣𝑜𝑙 𝑠 𝑏𝑎𝑟

𝛼

2.69 ∙ 10−2

3.001 ∙ 10−2

3
𝑚𝑐𝑎𝑡−𝑣𝑜𝑙
⁄
𝑘𝑔𝑐𝑜𝑘𝑒

∆𝑇

238

-

℃

Cumulative amount of coke deposited on the catalyst is calculated using the dynamic model with
the estimated kinetic parameters. The model predicted coke deposition is compared with the
experimental TGA data for two temperatures as shown in Table 5.3. There is fair agreement
between the model coke prediction and experiment.
Table 5.3: Comparison of model coke prediction with experiment
Coke weight%

5.4.

Temperature (⁰C)

Experiment

Model

550

16.54%

22.27%

600

23.11%

24.97%

Microwave Power Absorption and Reduced Order Model Development

Microwave is an electromagnetic radiation wave with a frequency ranging from 300 MHz to 300
GHz [197,198]. Microwave heating of a material depends on the dielectric property of that
material. The dielectric response of the material is quantified by the dielectric complex
permittivity, given by Eq. 5.13 [199].
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𝜀 = 𝜀 ′ + 𝑖𝜀 "

(5.13)

In Eq. 5.13, the real part is called the dielectric constant and it represents the ability of the material
to absorb the MW energy. The imaginary part denotes the dielectric loss factor and it represents
the ability of the material to convert the absorbed MW energy into heat. The ratio of the dielectric
loss factor to the dielectric constant is called the loss tangent. It is a good indicator of the ability
of the material to absorb the MW energy and generate heat, with higher loss tangent representing
a material that can be heated efficiently by MW and vice versa. The temperature distribution within
a reactor depends on the distribution of electromagnetic field that results in MW power absorption.
MW power absorption can be typically modeled by using two methods [197,200,201]: 1)
Lambert’s law approximation. 2) Maxwell’s Equation. Lambert’s law is a simplified approach in
which it is assumed that the MW power decreases exponentially as a function of penetration depth
in the reactor. It is based on the transmission of wave and does not take into consideration the
reflection of waves. A more rigorous approach for modeling MW power absorption is to use
Maxwell’s equation which considers both transmission and reflection. Microwaves are assumed
to be incident on the cylindrical reactor as shown in Fig. 5.6. The power absorbed is assumed to
be varying only in the radial direction.

Figure 5.6: Schematic of cylindrical MW reactor and incident MW
The electromagnetic field distribution in space and time is given by Maxwell’s equation as follows
[202].
∇×𝐸 =−

𝜕𝐵
𝜕𝑡

(5.14)
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∇×𝐻 =𝐽+

𝜕𝐷
𝜕𝑡

(5.15)

𝐽 = 𝜎(𝜔)𝐸(𝑡)

(5.16)

𝐷 = 𝜀(𝜔)𝐸(𝑡)

(5.17)

𝐵 = 𝜇(𝜔)𝐻(𝑡)

(5.18)

Here, E and H are the electric and magnetic field; J is the current flux; D is the electric
displacement; and B is the magnetic induction; σ is the electric conductivity; ω is the angular
frequency; μ is the permeability. The phasor representation of electric and magnetic field is given
̅ 𝑒 −𝑖𝜔𝑡 . Substituting this equations in Eq. 5.14-5.15, along with Eq.
by 𝐸 = 𝐸̅ 𝑒 −𝑖𝜔𝑡 𝑎𝑛𝑑 𝐻 = 𝐻
5.16-5.18, results in,
̅
∇ × 𝐸̅ = 𝑖𝜔𝜇(𝜔)𝐻

(5.19)

̅ = −𝑖𝜔𝜀(𝜔)𝐸̅
∇×𝐻

(5.20)

The reactor is filled with Mo/HZSM-5 which is a dielectric material, and the electric field
component is responsible for dielectric heating. So, the magnetic field component is neglected in
this analysis, the magnetic permeability is approximated by its value in free space (𝜇0 ) [202,203].
The time derivative with respect to the electricity conductivity and dielectric constant can be
neglected because the time scale of MW propagation is much smaller than thermal diffusion.
Moreover, assuming the condition of electroneutrality within the system [202], Eq. 5.19 and 5.20
can be combined to give a uniform plane wave propagation in radial direction, given by Eq. 5.21
(for simplicity, the overbar has been dropped).
𝑑 2 𝐸𝑧 1 𝑑𝐸𝑧
+
+ 𝑘12 𝐸𝑧 = 0
𝑑𝑟 2 𝑟 𝑑𝑟

(5.21)

where 𝑘12 = 𝜔2 𝜇0 𝜀0 (𝜀𝑟′ + 𝑖𝜀𝑟′′ ); 𝜇𝑜 is the free space permeability; ɛ𝑜 is the free space permittivity;
𝜀𝑟′ and 𝜀𝑟′′ are relative dielectric constant and dielectric loss factor. Using dimensionless variables
𝑟

𝐸

𝑟 ∗ = 𝑅 𝑎𝑛𝑑 𝑢 = 𝐸𝑧 , where 𝐸𝑜 is the intensity of incident electric field from the waveguide on the
0

reactor wall, and noting that 𝑢 = 𝐸𝑅 + 𝑖 𝐸𝐼 , Eq. 5.21 reduces to real and imaginary component
of electric field as follows:
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𝑑 2 𝐸𝑅 1 𝑑𝐸𝑅
+
+ 𝛹𝐸𝑅 − 𝛺𝐸𝐼 = 0
𝑑𝑟 ∗2 𝑟 ∗ 𝑑𝑟 ∗

(5.22)

𝑑 2 𝐸𝐼 1 𝑑𝐸𝐼
+
+ 𝛹𝐸𝐼 + 𝛺𝐸𝑅 = 0
𝑑𝑟 ∗2 𝑟 ∗ 𝑑𝑟 ∗

(5.23)

where, 𝛹 = 𝑅 2 𝜔2 𝜇𝑜 𝜀𝑜 𝜀𝑟′ and 𝛺 = 𝑅 2 𝜔2 𝜇𝑜 𝜀𝑜 𝜀𝑟′′ . The boundary conditions at center of the reactor
is given as follows:
𝐴𝑡 𝑟 ∗ = 0 ,

𝑑𝐸𝑅 𝑑𝐸𝐼
=
=0
𝑑𝑟 ∗ 𝑑𝑟 ∗

(5.24)

When a plane wave is incident on a cylindrical surface, part of it is scattered and part of it is
absorbed. Radiation boundary condition is used to account for this phenomena on the surface of
the cylindrical reactor [204,205], given as follows. The derivation of the radiation boundary
condition is shown in Appendix J.
𝑑𝐸𝑅
+ 𝑐1 𝐸𝑅 + 𝑐2 𝐸𝐼 = 𝑐3
𝑑𝑟 ∗

(5.25)

𝑑𝐸𝐼
+ 𝑐1 𝐸𝐼 − 𝑐2 𝐸𝑅 = 𝑐3
𝑑𝑟 ∗

(5.26)

, where,

𝑐1 = 𝑅𝛼𝑜 [

𝑐2 =

𝐽1 (𝛼𝑜 𝑅)𝐽𝑜 (𝛼𝑜 𝑅) + 𝑌1 (𝛼𝑜 𝑅)𝑌𝑜 (𝛼𝑜 𝑅)
]
𝐽𝑜2 (𝛼𝑜 𝑅) + 𝑌𝑜2 (𝛼𝑜 𝑅)

2
1
[ 2
]
𝜋 𝐽𝑜 (𝛼𝑜 𝑅) + 𝑌𝑜2 (𝛼𝑜 𝑅)

(5.27)

(5.28)

4
𝑌𝑜 (𝛼𝑜 𝑅)
𝑐3 = − [ 2
]
𝜋 𝐽𝑜 (𝛼𝑜 𝑅) + 𝑌𝑜2 (𝛼𝑜 𝑅)

(5.29)

4
𝐽𝑜 (𝛼𝑜 𝑅)
𝑐4 = − [ 2
]
𝜋 𝐽𝑜 (𝛼𝑜 𝑅) + 𝑌𝑜2 (𝛼𝑜 𝑅)

(5.30)

116

The microwave power absorbed is given by Eq. 5.31 as follow:
1
𝑄𝑎𝑏𝑠 = 𝜔𝜀𝑜 𝜀𝑟′′ 𝐸𝑜 2 (𝐸𝑅2 + 𝐸𝐼2 )
2

𝐸𝑜 = √

𝑃𝑜 ∙ 𝜋 ∙ 𝛼𝑜 ∙ 𝑅
𝑐 ∙ 𝜀𝑜

(5.31)

(5.32)

Here 𝑄𝑎𝑏𝑠 is microwave power absorbed per unit volume; R is the reactor radius; αo is the free
space wavenumber; 𝑃𝑜 is the incident MW power flux. Since, ACM does not have the capability
to handle complex values and Bessel functions, the system of differential equations 5.22-5.30 are
solved in MATLAB using ‘bvp4c’ subroutine. However, the reactor model is implemented in
ACM, a reduced order model (ROM) is developed for the MW power absorbed by using the results
generated in MATLAB. In the proposed ROM, the MW power absorbed is a function of reactor
radius, temperature, MW frequency, and dielectric property. It can be observed in Fig. 5.7 that the
absorbed MW power has a steep near-linear drop from the center of the reactor to radius (𝑟𝑜 ),
followed by a damped sine wave type characteristic for the remaining portion. To capture these
characteristics, two sets of equations are used, where Eq. 5.34 captures the change in the MW
power absorbed from center to 𝑟𝑜 and Eq. 5.35 represents the behavior for radius ≥ 𝑟𝑜 .
𝜀𝑟′′
𝑃𝑜𝑤 = 𝜋𝑓𝜀𝑜 𝐸𝑜2 ( ′ )
𝜀𝑟

(5.33)

𝑟 𝜋
𝑄𝑓𝑖𝑡,1 = 𝑃𝑜𝑤 ∙ (𝑎1 + 𝑇 ∙ 𝑎2 ) ∙ [𝑐𝑜𝑠 2 ( ∙ )] , 0 ≤ 𝑟 ≤ 𝑟0
𝑟0 2

(5.34)

𝑓
𝑄𝑓𝑖𝑡,2 = 𝑃𝑜𝑤 ∙ (𝑏1 + 𝑇 ∙ 𝑏2 ) ∙ 𝑒 −𝑏3∙(𝑟−𝑟0) ∙ 𝑎𝑏𝑠 [𝑠𝑖𝑛 (2𝜋 ( ) ∙ (𝑟 − 𝑟0 ) ∙ 𝑏4 )] , 𝑟0 ≤ 𝑟 ≤ 1 (5.35)
𝑐
It is desired that the ROM satisfies the boundary conditions given by Eq. 5.36 and 5.37. At the
center of the reactor, the MW power absorbed is finite and maximum and at 𝑟 = 𝑟𝑜 MW power
absorbed is zero.

𝐴𝑡 𝑟 = 0,

𝑑𝑄𝑓𝑖𝑡,𝑖
=0
𝑑𝑟

(5.36)
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𝐴𝑡 𝑟 = 𝑟𝑜 ,

𝑄𝑓𝑖𝑡,𝑖 = 0

(5.37)

here ai and bi are the parameters; c is the velocity of light; f is the MW frequency; T is the
temperature; r is normalized variable reactor radius. Parameters of the ROM are estimated at two
distinct frequencies 2.45 GHz and 915 MHz because MW reactors are constructed based on the
frequency of operation. It can be noted that commercial fixed frequency MW generators are
available at these two distinct frequencies. A bigger waveguide is required for 915 MHz and the
same waveguide cannot be used to operate the reactor at 2.45 GHz [196]. Temperature range of
550⁰-800⁰C with dielectric properties of 4 wt% Mo/HZSM-5 (𝑆𝑖: 𝐴𝑙 =23) at those temperatures
are used for estimating the parameters. Dielectric properties of the catalyst is obtained based on
the data from Julian et al. [206]. The characteristics of MW power absorbed with respect to radius
is extremely non-linear depending on the specific frequency and therefore two sets of parameters
are estimated by least squares minimization using ‘Lsqcurvefit’ subroutine in MATLAB. The
estimated parameters are given in Appendix K. Fig. 5.7 shows the comparison of the MW power
absorbed with respect to radius using the Maxwell’s equation (𝑄𝑀𝑎𝑥𝑤𝑒𝑙𝑙 ) versus the ROM (𝑄𝑅𝑂𝑀 )
for these four cases- 550oC and 2.45 GHz, 550oC and 915 MHz, 800oC and 2.45 GHz, and 800oC
and 915 MHz. For all these cases an excellent match was obtained. Comparison for 600⁰C, 700⁰C,
and 750⁰C are shown in Appendix K. The ROM facilitates fast and easy computation of the MW
power absorbed with negligible loss of accuracy and thus can be computationally advantageous
for other software platforms as well as without requiring solving the coupled complex Maxwell’s
equations.
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Figure 5.7: MW power absorbed modeled using Maxwell’s equation and reduced order
model. 550⁰C – (a) 2.45 GHz (b) 915 MHz; 800⁰C – (c) 2.45 GHz (d) 915 MHz

5.5.

Microwave Reactor Model Development

MW reactor is assumed to be made of quartz glass and it is a single tube reactor. It is also assumed
that no heat transfer fluid circulates through the reactor, to avoid absorption of MW by the heat
transfer fluid. 2-D multi-scale dynamic heterogenous fixed-bed MW reactor is developed in Aspen
Custom Modeler V9®. Particle and reactor level models are developed and coupled leading to a
multi-scale model.
Following assumptions are made for the model development.
•

Metal particles are assumed to be uniformly distributed inside the HZSM-5 catalyst support.
The temperature of the metal particles in each control volume (CV) is assumed to be same, but
different from one CV to the other.
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•

Temperature is considered to vary in the radial direction in the catalyst support, but the
temperature inside the metal particle is assumed to be the same everywhere due to the nanometer size of the dispersed metal particles.

•

Heat transfer between the metal particles-support, bulk gas-catalyst support, bulk gas-reactor
wall is modeled in addition modeling heat loss through reactor wall.

•

Conductive heat transport between the catalyst particles is modeled.

5.5.1. Gas Phase Species Balance
The transient bulk gas phase species balance is given by Eq. 5.38:
𝜀𝑏 ∙

𝜕𝐶𝑔𝑎𝑠,𝑖
𝜕(𝐶𝑔𝑎𝑠,𝑖 ∙ 𝑢𝑔𝑎𝑠 )
6 (1 − 𝜀𝑏 )
= −𝜀𝑏
+ 𝑘𝑔𝑎𝑠,𝑖 ∙
(𝐶𝑐𝑎𝑡,𝑠𝑢𝑟,𝑖 − 𝐶𝑔𝑎𝑠,𝑖 )
𝜕𝑡
𝜕𝑧
𝑑𝑐𝑝

(5.38)

where i denotes the gas species CH4, C2H4, C6H6, H2, N2. The evolution of coking profile over
time is modeled using Eq. 5.39
𝑑𝐶𝑐
= 𝑟𝑐
𝑑𝑡

(5.39)

The overall species conservation equation is also written (Eq. 5.40).
𝜀𝑏 ∙

𝜕𝜌𝑔𝑎𝑠
𝜕(𝜌𝑔𝑎𝑠 ∙ 𝑢𝑔𝑎𝑠 ) 6 (1 − 𝜀𝑏 )
= −𝜀𝑏
+
∑ 𝑘𝑔𝑎𝑠,𝑖 ∙ (𝐶𝑐𝑎𝑡,𝑠𝑢𝑟,𝑖 − 𝐶𝑔𝑎𝑠,𝑖 )
𝜕𝑡
𝜕𝑧
𝑑𝑐𝑝

(5.40)

where 𝜌𝑔𝑎𝑠 is the bulk gas density; 𝐶𝑐𝑎𝑡,sur,𝑖 is the gas concentration on the catalyst surface; 𝑑𝑐𝑝 is
diameter of the catalyst pellet; 𝜀𝑏 is the bed voidage calculated using the equation given by Adams
and Barton [175]; 𝑘𝑔𝑎𝑠,𝑖 is the gas mass transfer coefficient. The boundary condition at the reactor
inlet (at z = 0) is given as 𝐶𝑔𝑎𝑠,𝑖 (𝑧 = 0) = 𝐶𝑔𝑎𝑠,𝑖,𝑖𝑛𝑙𝑒𝑡 , 𝑢𝑔𝑎𝑠,𝑖 (𝑧 = 0) = 𝑢𝑔𝑎𝑠,𝑖,𝑖𝑛𝑙𝑒𝑡 , 𝜌𝑔𝑎𝑠,𝑖 (𝑧 = 0) =
𝜌𝑔𝑎𝑠,𝑖,𝑖𝑛𝑙𝑒𝑡 . The summation equation given by Eq. 5.11 is also included. The inlet gas interstitial
velocity is calculated using Eq. 5.41 as follows:
𝑢𝑔𝑎𝑠,𝑖𝑛𝑙𝑒𝑡 =

𝐹𝑔𝑎𝑠,𝑖𝑛𝑙𝑒𝑡
𝜌𝑔𝑎𝑠,𝑖𝑛𝑙𝑒𝑡 ∙ 𝐴𝑏𝑒𝑑 ∙ 𝜀𝑏

(5.41)

where 𝐹𝑔𝑎𝑠,𝑖𝑛𝑙𝑒𝑡 is the inlet gas molar flowrate and 𝐴𝑏𝑒𝑑 is the catalyst bed area. SRK is used as
the thermodynamic model in ACM for the gas phase.
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5.5.2. Bulk Gas Phase and Reactor Wall Energy Balance
The bulk gas phase energy balance is written as,
𝜀𝑏 ∙ 𝜌𝑔𝑎𝑠 ∙

𝜕𝐻𝑔𝑎𝑠
𝜕(𝐻𝑔𝑎𝑠 ∙ 𝜌𝑔𝑎𝑠 ∙ 𝑢𝑔𝑎𝑠 )
6 (1 − 𝜀𝑏 )
= −𝜀𝑏 ∙
+ ℎ𝑔𝑐 ∙
∙ (𝑇𝑐𝑠,𝑠𝑢𝑟𝑓 − 𝑇𝑔𝑎𝑠 )+..
𝜕𝑡
𝜕𝑧
𝑑𝑐𝑝

..+

6 (1 − 𝜀𝑏 )
∑ 𝐻𝑔𝑎𝑠 ∙ 𝑘𝑔𝑎𝑠,𝑖 ∙ (𝐶𝑐𝑎𝑡,𝑖 − 𝐶𝑔𝑎𝑠,𝑖 ) + 𝑎𝑤,𝑖𝑛 ∙ ℎ𝑤𝑎𝑙𝑙 ∙ (𝑇𝑤𝑎𝑙𝑙 − 𝑇𝑔𝑎𝑠 ) (5.42)
𝑑𝑐𝑝

The boundary condition at reactor inlet is 𝐻𝑔𝑎𝑠 (𝑧 = 0) = 𝐻𝑔𝑎𝑠,𝑖𝑛𝑙𝑒𝑡 . The tube wall energy balance
is given by Eq. 5.43,
𝜌𝑡𝑢𝑏𝑒 ∙ 𝐶𝑝,𝑡𝑢𝑏𝑒 ∙

𝜕𝑇𝑤𝑎𝑙𝑙
𝜕𝑡

= 𝜆𝑡𝑢𝑏𝑒 ∙

𝜕 2 𝑇𝑤𝑎𝑙𝑙
+ 𝑎𝑤,𝑖𝑛 ∙ ℎ𝑤𝑎𝑙𝑙 ∙ (𝑇𝑤𝑎𝑙𝑙 − 𝑇𝑔𝑎𝑠 ) − 𝑎𝑤,𝑜𝑢𝑡 ∙ ℎ𝑜 ∙ (𝑇𝑤𝑎𝑙𝑙 − 𝑇𝑎𝑚𝑏 )
𝜕𝑧 2
(5.43)

and the boundary conditions for the tube wall are as follows:
𝑎𝑡 𝑧 = 0,

𝑇𝑤𝑎𝑙𝑙,𝑖𝑛𝑙𝑒𝑡 = 𝑇𝑔𝑎𝑠,𝑖𝑛𝑙𝑒𝑡

𝑎𝑡 𝑧 = 𝐿,

𝜕𝑇𝑤𝑎𝑙𝑙 (𝑧)
=0
𝜕z

where 𝐻𝑔𝑎𝑠 is the gas enthalpy; ℎ𝑔𝑐 is the gas heat transfer coefficient ; ℎ𝑤𝑎𝑙𝑙 is the reactor wall
heat transfer coefficient; ℎ𝑜 is the external convective heat transfer coefficient [207]; 𝑇𝑤𝑎𝑙𝑙 is the
reactor wall temperature; 𝑇𝑔𝑎𝑠 is the bulk gas temperature; 𝑇𝑎𝑚𝑏 is the temperature of the
surrounding; 𝑇𝑐𝑠 is the catalyst support; 𝑎𝑤,𝑖𝑛 and 𝑎𝑤,𝑜𝑢𝑡 is the ratio of internal and external surface
area to volume of the reactor wall.
5.5.3. Catalyst Phase- Gas Mass Balance
Variation of gas concentration in the radial direction inside the porous catalyst particle is also
modeled. Inside the catalyst particle, the dominating mass transport mechanism is diffusion, while
the convection term is assumed to be negligible due to small pore radius and negligible pressure
difference. The transient gas species mass balance inside the spherical catalyst particle is given by:
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∅∙

𝜕𝐶𝑐𝑎𝑡,𝑖
∅ 𝜕
𝜕𝐶𝑐𝑎𝑡,𝑖
) + ∑ 𝑟𝑗
= 2 ∙ (𝐷𝑒𝑓𝑓,𝑖 ∙ 𝑟 2 ∙
𝜕𝑡
𝑟 𝜕𝑟
𝜕𝑟

(5.44)

The boundary conditions are as follows:
𝐴𝑡 𝑟 = 0,

𝜕𝐶𝑐𝑎𝑡,𝑖 (𝑧, 𝑟)
=0
𝜕𝑟

𝐴𝑡 𝑟 = 𝑟𝑝 ,

−𝐷𝑒𝑓𝑓,𝑖 ∙

𝜕𝐶𝑐𝑎𝑡,𝑖 (𝑧, 𝑟)
= 𝑘𝑔𝑎𝑠,𝑖 ∙ (𝐶𝑐𝑎𝑡,𝑖 (𝑧, 𝑟) − 𝐶𝑔𝑎𝑠,𝑖 (𝑧))
𝜕𝑟

Here, 𝐷𝑒𝑓𝑓,𝑖 is the effective diffusivity of gas in the catalyst. It considers both molecular and
Knudsen diffusivity; ∅ is the catalyst porosity.
5.5.4. Catalyst Support and Metal Particle – Energy Balance
The radial temperature variation within the catalyst support in spherical coordinates is given as
follows:
𝜌𝑐𝑠 ∙ 𝐶𝑝,𝑐𝑠 ∙

3ℎ𝑚𝑝
𝑉𝑓,𝑚𝑝
𝜕𝑇𝑐𝑠
𝜆𝑐𝑠 𝜕
𝜕𝑇𝑐𝑠
)+
= (1 − ∅) ∙ 2 ∙ (𝑟 2 ∙
∙
∙ (𝑇𝑚𝑝 − 𝑇𝑐𝑠 )
𝜕𝑡
𝑟 𝜕𝑟
𝜕𝑟
𝑟𝑚𝑝 (1 − 𝑉𝑓,𝑚𝑝 )
−

∆𝐻𝑟,2 ∙ 𝑟2
(1 − 𝑉𝑓,𝑚𝑝 )(1 − ∅)

+ 𝑄𝑐𝑠,𝑎𝑏𝑠

(5.45)

The boundary conditions for the catalyst support is as follows:
𝐴𝑡 𝑟 = 0,
𝐴𝑡 𝑟 = 𝑟𝑝 ,

𝜕𝑇𝑐𝑠
(𝑧, 𝑟) = 0
𝜕𝑟
−𝜆𝑐𝑠 ∙

𝜕𝑇𝑐𝑠 (𝑧, 𝑟)
= ℎ𝑔𝑐 ∙ (𝑇𝑐𝑠 (𝑧, 𝑟) − 𝑇𝑔𝑎𝑠 ) + ∑ 𝐻𝑔𝑎𝑠 ∙ 𝑘𝑔𝑎𝑠,𝑖 ∙ (𝐶𝑐𝑎𝑡,𝑖 − 𝐶𝑔𝑎𝑠,𝑖 )
𝜕𝑟
+𝜆𝑐𝑠 ∙

𝑑𝑐𝑝
𝜕𝑇𝑐𝑠
∙
∙ 𝐴𝑒𝑞
𝜕𝑟𝑟𝑒𝑎𝑐𝑡𝑜𝑟 6

where 𝜆𝑐𝑠 is the thermal conductivity of the catalyst support; 𝛥𝐻𝑟,2 is the heat of reaction of
reaction 2; 𝜌𝑐𝑠 is the catalyst support density; 𝐶𝑝,𝑐𝑠 is the heat capacity of the solid catalyst support;
𝐴𝑒𝑞 is the ratio of equivalent reactor area to volume; 𝑉𝑓,𝑚𝑝 is the volume fraction of the metal
particle; 𝑟𝑚𝑝 is the radius of the metal particle; ℎ𝑚𝑝 is the heat transfer coefficient of the metal
particle and catalyst support. Heat transfer coefficient, ℎ𝑚𝑝 , is taken from a study by Collier et al.
[208] on heat transfer between a particle and bed of much larger particles. The last term in catalyst
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surface boundary condition accounts for conduction of heat through the catalyst pellet matrix.
Initially, it is assumed that the temperature of the catalyst is same as the gas temperature. The
energy balance for the metal particle is given by Eq. 5.46.
𝜌𝑚𝑝 ∙ 𝐶𝑝,𝑚𝑝 ∙

∑𝑗=1,3 ∆𝐻𝑟,𝑗 ∙ 𝑟𝑗
𝜕𝑇𝑚𝑝
3ℎ𝑚𝑝
= 𝑄𝑚𝑝,𝑎𝑏𝑠 −
∙ (𝑇𝑚𝑝 − 𝑇𝑐𝑠 ) −
𝜕𝑡
𝑟𝑚𝑝
𝑉𝑓,𝑚𝑝 (1 − ∅)

(5.46)

5.5.5. Pressure Drop
The Ergun equation is used to calculate the pressure drop inside the reactor [174].
150 ∙ 𝜇𝑔𝑎𝑠 (1 − 𝜀𝑏 )2
1.75 ∙ 𝜌𝑔𝑎𝑠 (1 − 𝜀𝑏 )
𝑑𝑃
2
=−
∙
∙ (𝜀𝑏 ∙ 𝑢𝑔𝑎𝑠 ) +
∙
∙ (𝜀𝑏 ∙ 𝑢𝑔𝑎𝑠 ) ∙ 𝑀𝑔𝑎𝑠 (5.47)
3
3
𝑑𝑧
𝑑𝑐𝑝
𝜀𝑏
𝑑𝑐𝑝
𝜀𝑏
where 𝑀𝑔𝑎𝑠 is the molecular weight of the gas; P is the reactor pressure. The boundary condition
is as follows: 𝑃(𝑧 = 0) = 𝑃𝑖𝑛𝑙𝑒𝑡 .
5.5.6. Mass & Heat Transfer Coefficient, and Effective Diffusivity
The mass transfer coefficient (𝑘𝑔𝑎𝑠,𝑖 ) and the bulk gas heat transfer coefficient (ℎ𝑔𝑐 ) are calculated
using the correlations given by Mobed et al. [174], Barton and Adams II [175]. The effective
diffusivity (𝐷𝑒𝑓𝑓,𝑖 ) of gas in catalyst phase is calculated using the following equation:
1
𝐷𝑒𝑓𝑓,𝑖

=

1
𝐷𝑘𝑛𝑢𝑑,𝑒𝑓𝑓,𝑖

+

1

(5.48)

𝐷𝑚𝑖𝑥,𝑒𝑓𝑓,𝑖

The effective Knudsen diffusivity (𝐷𝑘𝑛𝑢𝑑,𝑒𝑓𝑓,𝑖 ) is calculated using the correlation given by
Satterfield [177] as follows: The gas constant (R) is added to this equation to make the units
consistent.
𝐷𝑖,𝑘𝑛𝑢𝑑,𝑒𝑓𝑓

∅2
𝑇𝑐𝑎𝑡 ∙ 𝑅
= 19,400 ∙
√
𝜏 ∙ 𝑆𝑔 ∙ 𝜌𝑐𝑝 𝑀𝑔𝑎𝑠,𝑖

(5.49)

The effective molecular diffusivity (𝐷𝑚𝑖𝑥,𝑒𝑓𝑓,𝑖 ) is calculated using the following equation:
𝐷𝑚𝑖𝑥,𝑒𝑓𝑓,𝑖 =

𝐷𝑚𝑖𝑥,𝑖 ∙ ∅
𝜏

(5.50)

where 𝑆𝑔 is the specific area of the catalyst pellet; 𝜏 is the tortuosity of the catalyst; 𝜌𝑝 is the
particle density; 𝑀𝑖 is the molecular weight of the gas species i.
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5.5.7. Wall Heat Transfer Coefficients
The internal and external wall heat transfer coefficient given by Ostace et al. [207], is shown in
Eq. 5.51 and 5.52, respectively.
𝜆𝑔𝑎𝑠

ℎ𝑤𝑎𝑙𝑙 = (12.5 + 0.0048 ∙ 𝑅𝑒)

ℎ𝑜 =

0.387𝑅𝑎

0.825 +
(

(5.51)

𝑑𝑟𝑒𝑎𝑐𝑡𝑜𝑟

1⁄
6

9⁄
16

0.492
[1 + ( 𝑃𝑟 )

(5.52)

8⁄
27

]

)

where 𝑅𝑎, 𝑅𝑒, and 𝑃𝑟 are Rayleigh, Reynolds and Prandtl number, respectively.
𝑔 ∙ 𝜌𝑔𝑎𝑠 ∙ 𝛽 ∙ (𝑇𝑔𝑎𝑠 − 𝑇𝑎𝑚𝑏 ) ∙ 𝐿3𝑟𝑒𝑎𝑐𝑡𝑜𝑟
𝑅𝑎 =
𝜇𝑔𝑎𝑠 ∙ 𝛼𝑎𝑖𝑟

(5.53)

𝑅𝑒 =

𝑑𝑐𝑝 ∙ 𝜀𝑏 ∙ 𝑢𝑔𝑎𝑠 ∙ 𝜌𝑔𝑎𝑠
𝜇𝑔𝑎𝑠

(5.54)

𝑃𝑟 =

𝐶𝑝,𝑔𝑎𝑠 ∙ 𝜇𝑔𝑎𝑠
𝜆𝑔𝑎𝑠

(5.55)

Where 𝑔 is the gravitational acceleration; 𝛽 is the thermal expansion coefficient; 𝐿𝑟𝑒𝑎𝑐𝑡𝑜𝑟 is the
reactor length; 𝛼𝑎𝑖𝑟 is the air thermal diffusivity. Like before, the PDEs are solved by method of
lines. Backward finite difference is used for discretizing all 1st order differential equations, while
the central finite difference method is used for discretizing all 2nd order differential equations in
space. The reactor is discretized in radial and axial direction on reactor level, and radial direction
on the particle level.

5.6.

Results and Discussion

In this section, sensitivity analysis with respect to some of the key reactor variables is performed
to understand their impact on reactor performance parameters. The value of some of the key
variables used for these studies is shown in Table 5.4. The reactor is loaded with 4 wt%
Mo/HZSM-5 catalyst. For all simulations, it is assumed that initially there is no coke on the
catalyst. The volume fraction of the metal particles is calculated using the weight percentage of
Mo and the reactor catalyst loading.
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Table 5.4: Values of some key parameters used for simulation
Parameter

Value

Specific area of the catalyst pellet, 𝑆𝑔

209.93 𝑚 ⁄𝑔

Catalyst porosity, ∅

0.35

Tortuosity, 𝜏

0.5

Reactor length, 𝐿𝑟𝑒𝑎𝑐𝑡𝑜𝑟

2m

Reactor inner diameter, 𝐷𝑟𝑒𝑎𝑐𝑡𝑜𝑟

1.27 m

Reactor wall thickness, 𝑊𝑡ℎ

9.53 mm

Catalyst pellet diameter, 𝑑𝑐𝑝

4.8 mm

Metal particle radius, 𝑟𝑚𝑝

80 nm

Catalyst bulk density

800 kg/m3

ℎ𝑚𝑝

145 𝑊⁄𝑚2 𝐾

2

5.6.1. Effect of MW Input Power and Frequency
For this analysis, the reactor is fed with 340 kmol/h (𝐶𝐻4 − 90 𝑚𝑜𝑙%, 𝑏𝑎𝑙𝑎𝑛𝑐𝑒 𝑁2 ) at 2.1 bar and
800⁰C. Initially, the reactor is maintained at 800⁰C. The dielectric properties of the catalyst at this
temperature are 𝜀 ′ = 1.976 and 𝜀 " = 0.06377 [206]. Using these dielectric properties, reactor
dimensions, and operating conditions, the volumetric average absorbed MW power varying in
reactor radial direction is calculated using the ROM. The effect of MW frequency and input power
on the volume average values of the following key performance variables are studied- reactor bulk
gas temperature, methane conversion, product yield, and catalyst activity are studied. Results for
2.45 GHz frequency at different input powers are shown in Fig. 5.8. It should be noted that the
input MW power remains the same through the reactor operating time.
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Figure 5.8: Impact of input MW power on reactor performance parameter for 2.45 GHz
operating frequency: a) methane conversion, b) benzene yield, c) ethylene yield, d) catalyst
activity, e) bulk gas temperature
In Fig. 5.8, the results for the operating time it takes for the methane conversion to drop 20% is
shown. As seen, during the initial operating time of the reactor there is a considerable decrease in
the bulk gas temperature that is mainly due to the dominating endothermic reaction (Reaction #3,
i.e. coking reaction). Due to the low temperature, reaction #1 is barely initiated as seen by low
yield of benzene and ethylene during this time as seen in Fig. 5.8b-5.8c. The reactor temperature
starts to increase after some time as reaction #3 slows down compared to other reactions. As
expected, the catalyst activity decreases slowly for the lowest input power due to less methane
conversion as seen in Fig. 5.8d. With the increase in input power, the bulk gas temperature starts
to rise and as a result methane conversion increases, which reduces catalyst activity faster. Similar,
phenomena are observed for 915 MHz frequency as shown in Appendix L. As shown in Fig. 5.7,
most of the MW energy is absorbed near the center. Considerably less power is being absorbed
near the wall, thus the volume averaged power can be lower for larger diameter reactors leading
to slower rise in temperature as seen in Fig. 5.8e. This aspect needs to be considered in the MW
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generator and reactor design as the reactor diameter is increased. Secondly, the MW input power
needs to be modulated with time to have better product yield. Using the profiles in Fig. 5.8 and
Appendix L, the integral MW power absorbed per kg of total product produced till the methane
conversion drops to 20% is calculated at different power input. The results for 2.45 GHz and 915
MHz frequency are shown in Fig. 5.9.

Figure 5.9: Sensitivity of input MW power on reactor performance
In Fig. 5.9, the product considers total amount of benzene and ethylene produced. As seen, 𝑛𝑒𝑓𝑓
is higher for 2.45 GHz compared to 915 MHz frequency i.e. the power used to produce a kg of
product is less for 2.45 GHz compared to 915 MHz frequency. This is mainly due to the efficiency
of power absorption by the catalyst at a given frequency. For 2.45 GHz and 915 MHz frequency,
cases when 𝑛𝑒𝑓𝑓 is maximum, integral MW power input and the integral power absorbed is
calculated for the operating time it takes for methane conversion to drop to 20%. MW absorption
efficiency i.e. the ratio of integral MW power absorbed to the integral input MW power is
calculated, and it is found that the MW power absorption efficiency for 2.45 GHz is 91%, as
compared to 73% for 915 MHz frequency. Due to the lower absorption efficiency for 915 MHz,
the reactor temperature is lower and as result less products are produced. So, more input power is
required to produce the same amount of product. Based on the analysis, MW reactor operating at
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a frequency of 2.45 GHz and an input power of 3.6 mega-watts, has the best performance i.e.
highest efficiency. Reactor spatial variation of area average reactor performance parameters at 2.45
GHz for 3.6 mega-watts input MW power, is shown in Fig. 5.10.

Figure 5.10: Spatial variation of area average (a) methane conversion, (b) benzene yield, (c)
ethylene yield and (d) bulk gas temperature. f = 2.45 GHz; Pin = 3.6 mega-watts
As seen in Fig. 5.10d, as the reactor operating time increases, the bulk gas temperature increases.
With the increase in the reactor temperature, product yields increase as shown in Fig. 5.10b and
5.10c, but methane conversion decreases as shown in Fig. 5.10a due to decrease in catalyst activity.
The reduction in the rate of reaction #3 is maximum due to the decrease in catalyst activity, leading
to higher methane partial pressure. Reaction #1 and #2 are benefited the most due to the higher
methane partial pressure and higher temperature, and this results in higher benzene yield.
5.6.2. Temperature Profile of Metal Particles and Catalyst Support
For all the studies in this section, the reactor feed is 340 kmol/h (𝐶𝐻4 − 90 𝑚𝑜𝑙%, 𝑏𝑎𝑙𝑎𝑛𝑐𝑒 𝑁2 )
at 2.1 bar and 800⁰C, with the input MW power (𝑃𝑖𝑛 ) is set at 2.4 MW. It is generally thought in
the field of MW catalysis that the metal particles absorb more MW energy than the catalyst
support, and as a result they are at a higher temperature than the support. For this to occur, the loss
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tangent of the 4 wt% Mo/HZSM-5 catalyst must be higher than the HZSM-5 catalyst. However,
the experimental data from Julian et al. [206] on dielectric measurements of this catalyst shows no
significant change in the dielectric properties of 4 wt% Mo/HZSM-5 catalyst with the addition of
Mo to HZSM-5, as compared to HZSM-5 alone. Therefore, when the data from those studies are
used, there is negligible temperature difference between the metal and support particles. However,
depending on the catalysts type, metal particle can absorb more MW power than the catalyst
support. Therefore, a hypothetical scenario is considered where the volumetric MW absorption by
the metal particle is 200 times higher than that of the support material. The spatial variation of
temperature in metal and support particles at an early time instant of t = 1 sec and at a later time
instant of t = 1 min is shown in Fig. 5.11. The temperature profile shown is at the catalyst particle
surface located near the reactor center, along the length of the reactor. Catalyst support and metal
particle temperatures inside the catalyst particle at different reactor radial and axial locations were
analyzed and no temperature difference was seen between the two. It is observed that even with
increasing the MW absorption of metal particles by 200 times, there is hardly any temperature
difference between the metal particles and the catalyst support.
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Figure 5.11: Spatial variation of metal particle and catalyst support temperature at t =1 sec
and t = 1 min, at the catalyst particle surface near the reactor center. MW absorption
capacity of metal particle is increased by 200 times
Another scenario is considered where the contact area between metal particles and support is
reduced by 95% (Fig. 5.12a-5.12b) and 100% (Fig. 5.12c), while the volumetric MW absorption
by the metal particle is still specified to be 200 times higher than the support material. The
reduction of contact area by 100% (i.e. minimal contact between metal and support particles) is
not realistic but is investigated as the worst case scenario. The spatial temperature profile is shown
in Fig. 5.12. For 95% reduction in contact area, at t = 1 sec, catalyst support temperature is
approximately 5⁰C higher than the metal particles on the catalyst particle surface located near the
reactor center at the reactor inlet. This is the reactor location at which highest temperature
difference between the metal particle and catalyst support is seen. The maximum temperature
difference between the metal particle and support is about 2⁰C near the reactor outlet. In general,
the total power absorbed by metal particles and catalyst support is calculated and their ratio is
about 2.45 i.e. the metal particles absorb 2.45 more MW energy than the catalyst support. It should
be noted that the volume of catalyst support is about 80 times bigger than metal particles. Reaction
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#1 and #3 take place on metal particle, and reaction #1 is about three times more endothermic than
reaction #3. In the initial part of the reactor, due to higher methane partial pressure both of these
reactions are dominating and as a result the heat of reaction is higher than MW energy input on
the metal particles. In contrast, rection #2 takes place on the catalyst support and it is exothermic.
So, the temperature of metal particle is lower than the support in the initial part of the reactor. Near
the reactor exit, the relative rates of reaction #1 and #3 decrease, resulting in endothermic reaction
heat being lower than the MW energy input. So, the temperature of metal particles is higher than
the support. The temperature difference between the two disappears at t = 1 min. Reducing the
contact area between the metal particles and support by 100% shows a temperature difference of
about 9⁰C between the two, as seen in Fig. 5.12c. This difference disappears at t = 1 min.

Figure 5.12: Spatial variation of metal particle and catalyst support temperature at t =1 sec
and t = 1 min, at the catalyst particle surface near the reactor center. (a)-(b) 𝒉𝒎𝒑 ∙ 𝑨𝒄𝒐𝒏𝒕𝒂𝒄𝒕
reduced by 95%; (c) 𝒉𝒎𝒑 ∙ 𝑨𝒄𝒐𝒏𝒕𝒂𝒄𝒕 reduced by 100%. MW power absorption by metal
particles is 200 times higher than catalyst support
It is generally thought that reaction #1 and #3 only take place on the metal particle, while reaction
#2 takes place on the support [159,209]. While there is generally consensus that reaction #1 and
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#2 take place on the metal particle and support, respectively, the methane decomposition reaction
(coke formation reaction) can take place on both metal particles and catalyst support [210,211].
All the studies presented until now considered reaction #1 and #3 occurring on the metal particle
and reaction #2 taking place on the support. Since reaction #3 is highly endothermic, it is desired
to study if the metal particle temperature becomes higher than the support material if reaction #3
occurs on the support. Fig. 5.13 shows the spatial temperature profile for metal particles and
support when only reaction #1 is considered on the metal particle and reaction #2 and #3 are taking
place on the support. The temperature profile showed is for the catalyst particle surface located
near the reactor center, along the length of the reactor. One interesting thing to note here is that,
unlike Fig. 5.12, there is no temperature difference between metal particles and support in the
initial part of the reactor in both cases when the contact area is reduced by 95% (Fig. 5.13a) and
100% (Fig. 5.13c). This is because the highly endothermic reaction #1 and exothermic reaction #2
is taking place on the catalyst support. The net reaction on the catalyst support is still endothermic,
but its net endothermicity is less than reaction #3. In contrast, near the exit of the reactor, the
temperature difference between the particles and support is about 0.5⁰C and 2⁰C higher than Fig.
5.12 at t = 1 sec, when contact area is reduced by 95% and 100%, respectively. At t = 1 min (Fig.
5.13b), there is no temperature difference between the metal particles and support. However, when
the contact area is reduced by 100%, metal particles are 11⁰C higher than the support at t = 1 min
(not shown here).
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Figure 5.13: Spatial variation of volumetric average metal particle and catalyst support
temperature at t =1 sec and t = 1 min, at the catalyst particle surface near the reactor
center. (a)-(b) 𝒉𝒎𝒑 ∙ 𝑨𝒄𝒐𝒏𝒕𝒂𝒄𝒕 reduced by 95%; (c) 𝒉𝒎𝒑 ∙ 𝑨𝒄𝒐𝒏𝒕𝒂𝒄𝒕 reduced by 100%. MW
power absorption by metal particles is 200 times higher than catalyst support. Only
reaction #1 occurring on metal particle

5.7.

Conclusion

A reaction rate law including coking reactions and impact of coke formation on deactivation rate
is developed for the MW- assisted methane DHA. Dynamic data reconciliation is performed to
satisfy the carbon and hydrogen balances in the in-house experimental data. For estimating the
initial amount of coke and kinetic parameters, a model of the lab reactor is developed, and recursive
successive substitution-based approach coupled with a nonlinear programming approach is solved.
It is observed that the MW system shows faster coking than the conventional process. Maxwell’s
equations are used to model the propagation of the absorbed MW power in the radial direction of
reactor. A ROM for the Maxwell’s equations is developed where the MW power absorbed is
expressed as a function of MW frequency, temperature, input power, and dielectric properties. The
ROM is found to be very accurate and computationally advantageous compared to the Maxwell’s
equation. A multi-scale model of a commercial-scale, fixed-bed, heterogenous MW reactor is
developed in which the a bulk-scale model that includes MW propagation is coupled with a catalyst
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particle-level model that includes inter-particle and intra-particle heat and mass transfer, and
chemical reaction kinetics. The MW reactor operating at a frequency of 2.45 GHz seems to
perform better for the methane DHA for the given catalysts compared to 915 MHz as evident by
higher MW absorption and product formation efficiency. Analysis on temperature difference
between metal particles and support shows a maximum temperature difference of 11⁰C between
the two under a number of scenarios evaluated including when the metal particles absorbs 200
times more MW power than the catalysts support, contact area between metal and support particles
are reduced by 95%-100% and considering the endothermic coke formation reaction to take place
on the catalyst support. It should be noted that many of the observations here is for the specific
catalysts and for methane DHA. There can be considerable differences for other MW-assisted
reactive systems. The MW reactor system is very complex with considerable opportunities for
better understanding of the micro-scale behavior of solid-gas catalysis. Combination of thermal
and non-thermal effects may occur at the micro-scale. Further investigations in this area is desired
for improved understanding.
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Chapter 6. Plant-Wide Modeling and Techno-Economic Analysis of Direct
Non-Oxidative Methane DHA Via Conventional and MW Catalysis
6.1.

Introduction

In the recent years, development of new drilling technologies has resulted in increased extraction
of small quantity of natural gas from shale formation in remote locations. However, due to the
remote location, cost of transporting the gas over long distances outweighs the revenue generated
by selling it [212]. Pertaining to the difficulties and the high costs associated with transporting
gases from remote location, an alternative is to convert the shale gas into liquids that are easier to
transport and less taxing on the process economics. Small-scale gas-to-liquids (GTL) production
plants, to produce premium liquid products, in remote locations where small quantities of shale
gas is available is a viable option. However, one of the key concerns associated with the economic
sustainability of small-sclae plants is the plant-scale. The fixed costs associated with these plants
is higher than the mega-scale plant on normalized basis, and this can impact the economic
feasibility of the process. There have been three studies in the open literature on the plant-wide
modeling and techno-economic analysis of direct non-oxidative methane DHA process via
conventional heating. Corredor et al. [213] performed plant-wide modeling and techno-economic
analysis on non-oxidative methane DHA process, in which a membrane reactor was used. They
performed heat integration and studied the impact of raw material and product price on process
performance parameter. Similar study was performed by Perez-Uresti et al. [214] on production
of benzene from shale-gas using a stoichiometric reactor. A more detail study was performed by
Huang et al. [215] where they developed surrogate unit models and database to calculate
component flows, assuming that the separation units consistently gave the desired separation and
purification with change in outlet reactor stream product distribution. Using these models, they
studied the economic feasibility of the methane DHA process by varying different process and
economic parameters. In this chapter, plant-wide modeling, and techno-economic analysis of a
small scale direct non-oxidative methane DHA process via conventional and MW-assisted heating
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will be discussed. A large-scale multi-step, shale gas conversion to aromatics via methanol
synthesis, process is also developed for comparison basis. Aspen Plus V9® package is used to
perform plant-wide modeling. Heat exchanger network is designed using Aspen Process Energy
Analyzer, and the heat exchangers in the network are modeled using Heat Exchanger Design and
Rating V9® (EDR) software. To perform techno-economic analysis, the complete flowsheet is
imported to Aspen Process Economic Analyzer V9® (APEA). Impact of key process variables on
the economic performance of the direct non-oxidative methane DHA process cases is also studied.

6.2.

Direct Non-oxidative Methane DHA Plant-Wide Model

The dynamic reactor model developed in ACM could not be integrated with Aspen Plus due to
software issues, so a reduced order methane DHA reactor model was coded in the Fortran
calculator block. In this reaction system, since methane conversion is less, the unconverted
methane needs to be recycled back to the reactor. The recycle streams contains impurities like
hydrogen, ethylene, and benzene which can influence the reactant conversion and product yield.
Initial analysis of the process showed that the mole percentage of hydrogen, ethylene, and benzene
in recycle stream was < 1.5%, < 0.04%, and < 0.002%, respectively. Using this information, timevarying profiles were generated using the ACM reactor model, with different feed concentrations
at 700⁰C, 750⁰C, and 800⁰C and 1.2 bar pressure for conventional heating process. The time
varying profiles are shown in Appendix M. As discussed in Chapter 4, Section 4.5.3, scheduling
is performed to calculate the time-average conversions and yield and calculate total number of
required reactors. The operational schedule with the lowest standard deviation in conversion and
yield is selected. As mentioned earlier, parallel reactors operation is desired to reduce the standard
deviation in conversion and yield during an operational cycle. The total feed is equally divided
into the number of parallel reactors. In this study, the maximum acceptable standard deviation in
methane conversion was set to 4.5%, and product yield was set to less than 1% because flash
separation technology is used downstream. Using this baseline, initially a 2-reactor parallel
operation was considered, however it resulted in higher standard deviation for methane conversion
at 800⁰C than the setpoint. So, a 3-reactor parallel operation was considered which kept the
standard deviation below the desired value. The reactors are taken offline when the catalyst activity
drops to 30%, and the cumulative average coke, 𝐶𝑐̅ ,deposited at this time on the catalyst is 4.94
wt%. The time-average product distribution when pure methane is fed to the methane DHA
conventional heating process operating at 700⁰C, 750⁰C, and 800⁰C operation is shown in Table
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6.1. It should be noted that the product distribution in Table 6.1 will change depending on the inlet
feed condition. The approximate number of total reactors required for cyclic operation are 6,6, and
9 for 700⁰C, 750⁰C, and 800⁰C operating temperature, respectively.
Table 6.1: Production distribution and total no. of reactors for methane DHA process with
conventional heating
Product Distribution (mass)
Components

𝟕𝟎𝟎℃

𝟕𝟓𝟎℃

𝟖𝟎𝟎℃

𝐶𝐻4

85.08%

77.91%

69.87%

𝐶6 𝐻6

2.42%

2.66%

2.03%

𝐶2 𝐻4

0.05%

0.06%

0.08%

𝐻2

3.56%

5.34%

7.40%

𝐶

8.90%

14.03%

20.61%

The regeneration time for all three temperatures is same because the amount of coke deposited on
the catalyst at 30% catalyst activity is similar. However, the time taken for the catalyst activity to
drop to 30% increases as the reactor operating temperature goes up because reaction R3 is
endothermic. So, the time-period for the reactor online would be longer for lower temperature as
compared to higher temperature. As a result, to keep the process continuous more reactors will be
required for the process with reactor operating at higher temperature. In this case, the time taken
for catalyst activity to drop to 30% for 700⁰C and 750⁰C is not that different, as a result same
number of total reactors can satisfy the cyclic operation. Correlations between the time-average
methane conversion, product yield, and feed conditions were developed and used in Fortran
calculator block. A RYield reactor block was then used in which the conversion and yield
calculated based on feed condition were exported from the Fortran calculator block. It was ensured
that the RYield reactor block operated within the conditions for which the reduced order model
was developed. Similar procedure was followed for MW-assisted process and based on analysis,
reactor operating at 800⁰C temperature was used for comparison because it had highest benzene
yield. The product distribution for methane DHA via MW-assisted heating is shown in Table 6.2.
The total number of reactors required for cyclic operation are 15.
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Table 6.2: Production distribution and total no. of reactors for methane DHA process with
MW-assisted heating
Components

Product Distribution (mass)

𝐶𝐻4

63.18%

𝐶6 𝐻6

0.913%

𝐶2 𝐻4

0.079%

𝐻2

9.285%

𝐶

26.55%

The block flow diagram of direct non-oxidative methane DHA process for both conventional
heating and MW-assisted heating is shown in Fig. 6.1. Conventional and MW-assisted methane
DHA process has the same products, but differs in terms of conversion, yield, and heating
requirement. So, the same set of equipment items with different operating conditions can work
out, and as a result the process configuration for both the processes is similar. In this process, fresh
methane (Stream S1), along with unconverted recycled methane (Stream S13) is fed to the methane
DHA reactor operating at (700⁰-800⁰C) temperature and 1.2 bar pressure. Process heat exchangers
(B1 and B4) and fired heaters (B2 and B3) are used to heat the feed stream to the desired
temperature.
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Figure 6.1: Block flow diagram of direct non-oxidative methane DHA process via
conventional and MW-assisted heating
In both conventional and MW-assisted cases, a 3-reactor parallel operation is considered with each
of the 3-reactors operating at different catalyst deactivation state. As mentioned before, the reactor
is maintained at the desired temperature of operation with high enough thermal fluid flow or high
MW energy input. So, the reactor outlet stream S2 is coming out at the reactor operating
temperature, which is used to heat stream S1, S13 and S6, using process exchangers (B1, B4, and
B6). Stream S2 is further cooled down to 35⁰C using a cooler (B7), and then compressed to 6 bar
using a multistage compressor (B9). The outlet stream S3 from the compressor (B8) is cooled
down to around -75⁰C using process heat exchangers (B10-B12) and fed to a flash separator (B14).
More than 99% benzene and trace amount of light gases is condensed down in the liquid stream
(S6) which is then passed through process exchangers (B12 and B6), to utilize the cooling duty in
other process streams. After heat exchange, stream S7 which is rich in benzene is processed
through a flash vessel (B15) to increase the purity of benzene to 99.8 mass%. The vapor stream
(S5) from the flash separator (B14) is compressed to 30 bar using a multi-stage compressor (B16).
The outlet stream from the compressor is cooled down to -170⁰C using process heat exchangers
(B17-B19) and utility exchanger (B20). The ultra-cold stream S9 is then processed through a flash
separator (B21) to separate hydrogen from unconverted methane and ethylene. Hydrogen is
obtained in the vapor stream with a purity of ~97 mol%. So, to further increase the hydrogen purity,
the stream is passed through a turbo expander (B22) to drop the temperature and separate the
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impurities from the hydrogen through flash separator (B23). Hydrogen with a purity of 99.9 mol%
is obtained. The liquid stream (S10) from the flash separator (B21), containing mainly unconverted
methane, is passed through process heat exchanger (B18) and then fed to a turbo expander (B13)
to utilize the high pressure in generating electricity and reducing the temperature of the stream.
The outlet stream from the turbo-expander is passed through process exchangers (B10 and B17)
and recycled back to the reactor. 80% isentropic efficiency is used in the compressors and the turbo
expanders. Design specifications are implemented to ensure that temperature crossing between the
heat exchangers is avoided. A minimum approach temperature of 10⁰C is used to size heat
exchangers that are at higher temperature. A minimum approach temperature of 5⁰C is used to size
heat exchangers with sub-zero temperature. A 4-stage cascade refrigeration cycle is modeled to
satisfy the cooling duty in the process. A summary of key streams for conventional heating process
operating at 750⁰C and MW-assisted process is shown in Table 6.3 and Table 6.4, respectively.
Table 6.3: Summary of key streams for methane DHA conventional heating process
operating at 750⁰C
S1

S2

S4

S5

S8

S9

S10

S12

S13

Temp (⁰C)

35.0

750

-76

-76

50

-170

-170

29

30

Pressure

1.2

1.13

5.70

5.70

4.6

29.6

29.6

1.83

2.080

Flow (kg/h)

6594

21696

18621

18137

482

18137

16781

1141

15103

C6H6

0.0223

0.0260

1.3E-04

0.998

1.3E-04

1.4E-04

C2H4

5.8E-04

6.7E-04

6.9E-04

4.1E-05

6.9E-04

7.4E-04

trace

7.4E-04

H2

0.0548

0.0638

0.0655

trace

0.0655

2.9E-03

0.999

2.9E-03

0.781

0.910

0.934

2.0E-03

0.934

0.996

1.20E-03

0.996

Mass Frac

CH4
C

1

1.4E-04

0.142
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Table 6.4: Summary of key streams for MW-assisted methane DHA process
S2
800
1.13
25260

S4
-77
5.7
18554

S5
-77
5.7
18325

S8
50
4.6
228

S9
-170
29.6
18325

S10
-170
29.6
15589

9.1E-03

0.0124

1.3E-04

0.998

1.3E-04

1.5E-04

C2H4

7.9E-04

1.1E-03

1.1E-03

6.1E-05

1.1E-03

1.3E-03

trace

1.3E-03

H2

0.0928

0.126

0.128

trace

0.128

2.9E-03

0.999

2.9E-03

0.632
0.265

0.860

0.871

1.9E-03

0.871

0.996

1.2E-03

0.9956

Temp (⁰C)
Pressure
Flow (kg/h)
Mass Frac
C6H6

CH4
C

S1
35
1.2
11230

1

6.3.

S12
29
1.8265
2302

S13
30
2.08
14030
1.5E-04

Shale Gas Conversion to Aromatics Via Methanol Synthesis Plant-Wide
Model

To compare the economics of the modular methane DHA process cases, it is necessary to analyze
how it performs in comparison to a large-scale conventional aromatics production process. So, a
shale gas conversion to aromatics via methanol synthesis process is also modeled in Aspen Plus
as shown in Fig. 6.2. The upstream portion of the process till the methanol purification section is
same as Fig. 2.2. Once methanol is purified, it is fed to the methanol to aromatics (MTA) reactor
operating at 330°C and 14.7 bar pressure. The product distribution for the reactor is shown in Table
6.5 [14]. This product distribution has been slightly modified for simplicity, however the yield of
all the key products have been kept the same. In this process a lot of other products i.e. propones,
butanes, C9 aromatics etc. are formed in addition to the BTX, hydrogen, ethane/ethylene etc. The
butanes i.e. butane/isobutylene is lumped and sent to the LPG pool. C9 aromatics is also separated
and then sent to the gasoline pool. Similarly, further separation of propylene/propane is not
considered. Further separation is not considered for this products for simplicity.
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Figure 6.2: Conventional shale gas conversion to aromatics via methanol synthesis
The outlet of the MTA reactor is cooled down using process and utility heat exchangers and
processed through a flash separator to remove excess water from rest of the products. The vapor
stream from the flash separator is sent to a distillation column operating at 11 bar to separate the
aromatics from hydrocarbons ≤ C4. The liquid stream contains aromatics, small quantity of water,
and trace amount of C4(s). This stream is cool down and fed to a distillation column operating at
2.2 bar to separate C9 from other aromatics. The purity of C9 obtain is > 99 mass%. The vapor
stream from the column is fed to the benzene separation column to separate benzene from toluene
and xylene. More than 99% of benzene is recovered with a purity of > 95 mass%. The liquid stream
is then processed through a distillation column to separate toluene from xylene. The purity of
toluene and xylene achieved is > 99.5 mass% and > 99 mass%, respectively. The vapor stream
from the C4 separation column is compressed to 35 bar using a multi-stage compressor and sent to
deethanizer column to separate ethane(s) from propane(s) and heavier hydrocarbons. The liquid
stream from the deethanizer column is processed through depropanizer column to separate the
propane(s) from butane(s).

142

Table 6.5: Product distribution of MTA reactor [14]
Components

Product Distribution (Mass)

𝐻2 𝑂

56.3

𝐻2

1.30

𝐶𝐻4

0.759

𝐶2 𝐻6

0.239

𝐶3 𝐻8

1.97

𝐶4 𝐻10

2.23

𝐶2 𝐻4

4.25

𝐶3 𝐻6

3.36

𝐶4 𝐻9

1.45

𝐶6 𝐻6

0.986

𝐶7 𝐻8

4.17

𝐶8 𝐻10

11.5

𝐶9 𝐻12

11.4

The vapor stream from the deethanizer column is processed through a light gas separation column
to separate hydrogen and light gases from C2 and higher hydrocarbons impurities. The hydrogen
rich stream is sent to the PSA unit to recovery 85% hydrogen with a purity of 99.99 mol%. The
liquid stream from the light gas separation column is sent to ethylene purification column, to obtain
ethylene with > 99.5 mass% purity. For separation of C2’s and light gases, very low temperatures
are required in the distillation column. This cooling requirement is satisfied by using a single stage,
and a 4-stage refrigeration cycle. For sub-cooling anywhere else in the process, the refrigeration
duty available in cold process streams are first utilized and then the additional cooling duty is
provided by the refrigeration cycle. As mentioned earlier, aspen energy analyzer is used to design
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the heat exchanger network. Design specifications are used to avoid temperature cross and to
achieve desired product purity.

6.4.

Economic Analysis

Economic analysis is performed using APEA, based on 2020 pricing data. The steady-state process
models developed in Aspen Plus, along with all the stream data consisting of mass and energy
balances is exported to APEA to perform the economic analysis. The investment parameters used
for the economic studies is shown in Table 6.6. These parameters are kept similar for all the process
cases, unless specified explicitly in this chapter. All processes are desired as licensed process,
located in North America, with January 1, 2020, as the start date of engineering.
Table 6.6: Parameters for investment analysis
Investment parameter

Value

Contingency

24%

Tax rate

40 % per year

Plant overhead

50%

20% per year

G & A expenses

8% per year

Salvage value

20%

O & M escalation

3% per year

Project capital escalation

1% per year

Desired internal rate of
return

Products and raw material
escalation
Utility escalation

1% per year each

1% per year

Investment parameter
Working capital
percentage

No. of periods for
analysis
Operating hours per
year
Length of start-up
period

Value
12% per year

10 year

8000 hour

20 weeks

Note: Contingency is 18% for shale gas conversion to aromatics via methanol synthesis

6.5.

Capital Cost Estimation

As mentioned before, APEA is used for performing discounted cash flow analysis. All the
columns, flash vessels, compressors, pump, turbines, furnaces etc. are sized using APEA. Heat
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exchangers are sized using Aspen EDR and then imported to APEA. The cost of methane DHA
conventional heating reactor is estimated as a shell and heat tube exchangers in APEA. Microwave
reactor cost is not available in open literature, so its cost is estimated using the 6/10 rule based on
inside information. The cost of the MTA reactor was estimated using the cost-correlation available
in literature [14]. The cost correlation parameters for microwave and MTA reactor is shown in
Table 6.7. Cost of ATR reactor, pre-reforming reactor, methanol synthesis reactor, ASU unit, and
PSA unit were estimated using the cost-correlation shown in Table 3.2.
Table 6.7: Cost correlation for microwave and MTA reactor
Description

C0 (MM $)

S0

Units

Scale basis

Microwave
Reactor

0.91

7.13

kg/s

feed

MTA Reactor

3.70

10.6

kg/s

Methanol
feed

𝒇
0.6

0.75

The methane DHA plant-wide model developed in this study is different than what is available in
the literature. So, the economic model could not be validated with the open literature. In case of
the multi-step aromatics production via methanol synthesis process, the upstream portion until the
methanol purification has been previously validated as shown in Chapter 3, section 3.6.4. The
aromatics purification section is a simplified version of actual process due to the bundling up of
some of the products. However, the equipment cost estimated using APEA was compared with the
cost calculated using the cost-correlation in Niziolek et al.[14] for some of the key distillation
columns: C2 separation, benzene distillation, toluene distillation, C9-aromatics separation,
aromatics separation from C4, and light gases separation column. The error between APEA
estimation and the cost-correlation was about 16%. Single- or multi-stage compressors in the
process are mapped to horizontal centrifugal compressors in APEA. Heat exchangers are mapped
to floating head shell-and-tube heat exchangers. The material of construction (MOC) for any
specific equipment item in the process is specified based on its operating conditions, stream
compositions and common industrial practice [51,121,129]. Methane DHA uses cryogenic
separation downstream and the temperatures are ultra-low, so the material of selection was based
on the temperature and the composition of major species being processed by the equipment, as
outline in reference [216].
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6.6.

Operating & Maintenance Cost Estimation

The operating and maintenance costs considered in the economic analysis are raw material costs,
utility costs, operating labor and supervision, maintenance labor, operating supplies, laboratory
charges, and general & administrative (G&A). For the aromatics production process via methanol
synthesis, the cost of catalyst, and consideration of catalyst lifetime is same as Chapter 3, Section
3.4. Since, the rate of catalyst deactivation is extremely fast in the methane DHA system, the same
assumptions cannot be made. An initial cost of the catalyst is considered to start the process, and
then a catalyst consumption rate of 0.01% per hour is assumed. For methane DHA process, 3
working shifts are assumed with a total of 4 operators and 1 supervisor, and for multi-step process
11 operators and 1 supervisor is assumed. The hourly wage of operators and supervisors is set to
be 20 $/h and 35 $/h, respectively. The cost of raw materials, utilities, and products is shown in
Table 6.8 [14,96,217]. The cost of methane DHA catalyst is taken from Huang et al. [215]. Cost
of electricity is based on the current market in the South Atlantic region. Methane price is
calculated by taking the ratio of LHV values of methane to natural gas and multiplying it by the
natural gas price.
Table 6.8: Price of raw materials, utilities, and products considered for economic analysis
Item

Price

Item

Price

275 $/kg

Benzene

0.83 $/kg

Methane

2.022 $/GJ

Hydrogen

3.046 $/kg

Electricity

17.47 $/GJ

Toluene

0.896 $/kg

Cooling Water

0.354 $/GJ

M-Xylene

0.836 $/kg

Propane Refrigerant

0.416 $/kg

C3 mixture

0.981 $/kg

Ethylene Refrigerant

0.810 $/kg

LPG

0.235 $/kg

Nitrogen Refrigerant

0.372 $/kg

C9 Aromatics

0.688 $/kg

Methane DHA catalyst
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6.7.

Results and Discussion

In this section, the comparison of economic performance between methane DHA conventional and
MW-assisted heating will be discussed. Methane DHA processes will then be compared with the
multi-step shale gas to aromatics via methanol synthesis process at two different scales. Sensitivity
studies with respect to methane price, electricity price, catalyst variable cost, process scale, MW
reactor cost on the internal rate of return (IRR) and net present value (NPV) will be studied.
6.7.1. Process Performance Comparison
Comparison of performance results for small scale methane DHA process via conventional and
MW-assisted heating at different temperatures is shown in Table 6.9. For comparison, energy
penalty is calculated defined by Eq. 6.1.

𝐸𝑝𝑒𝑛𝑎𝑙𝑡𝑦

$
$
$
$
𝐴𝑇𝑃𝐶𝐶 (𝑦𝑒𝑎𝑟) + 𝑅𝑀 (𝑦𝑒𝑎𝑟) + 𝑈𝐶 (𝑦𝑒𝑎𝑟) − 𝐶𝑟𝑒𝑑𝑖𝑡𝑠 (𝑦𝑒𝑎𝑟)
=
𝑘𝑔
𝐸𝐵𝐹 (𝑦𝑒𝑎𝑟)

(6.1)

Here, ATPCC is the annualized total project capital cost; RM is the raw material cost; UC is the
utility cost; EBF is the equivalent benzene flowrate. The credits here include the energy recovered
by burning the purge gas and burning coke to generate electricity (Efficiency – 0.37). The heat
requirement to maintain the reactor temperature is the heat of reaction for conventional heating
reactors. A heating efficiency of 0.85 is assumed. For MW reactor, electricity is used, which is
calculated by dividing the heat of reaction by efficiency factor 0.35 to generate electricity, and
then divided by efficiency factor of 0.8 to convert the electricity in microwaves. To calculate the
benzene equivalent flow, the ratio of price of benzene and hydrogen with respect to benzene is
taken. This ratio is then multiplied by their respective flowrate and summed up to give the
equivalent benzene flow. For fair comparison, all the process cases were adjusted to the same plant
scale based on the inlet fresh methane flowrate, using APEA.
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Table 6.9: Comparison of process performance between conventional and MW-assisted
methane DHA Process (CH4 fresh feed ~ 6594 kg/h)
Conventional Heating

MW-assisted

700⁰C

750⁰C

800⁰C

800⁰C

Annualized TPCC (MM$/year)

15.28

13.75

13.78

12.90

RM Cost (MM$/year)

10.28

9.22

11.09

9.18

UC (MM$/year)

5.04

4.91

4.67

7.03

Credit (MM$/year)

6.26

6.67

7.11

7.49

Benzene Production (kg/h)

505

481

301

132

Hydrogen Production (kg/h)

959

1139

1259

1334

Benzene Equivalent (106 kg/year)

32.2

37.30

39.36

40.21

𝐸𝑝𝑒𝑛𝑎𝑙𝑡𝑦 ($⁄𝑘𝑔)

0.756

0.569

0.539

0.538

With the increase in temperature, methane conversion is increasing and selectivity to coke is also
increasing. So, when the fresh methane feed is kept similar in all three cases, the total methane
feed to the reactor (fresh feed + recycle) is higher for the 700⁰C temperature compared to 750⁰C.
As a result, the benzene production is higher for 700⁰C compared to 750⁰C due higher total feed
flowrate, even though the yield is highest was 750⁰C temperature. For MW-assisted process, the
methane conversion is more at similar temperature to conventional heating and the selectivity to
coke is also more compared to benzene. As a result, it has the lowest benzene production out of all
the cases. Comparison of ATPCC shows that the 700⁰C conventional heating case is highest among
the three due to the bigger equipment sizes required as the total flowrate in the system is more.
The ATPCC of 800⁰C conventional heating is almost like the 750⁰C due to the requirement of a
greater number of total reactors. In addition, the amount of hydrogen to be separated is more, so
the size of the equipment in the refrigeration cycle increases as the flowrate of the refrigerant
would increase to satisfy the cooling requirement. Similarly, MW case has the lowest ATPCC due
to the lower total flowrate and cheaper cost of the MW reactors. The utility cost is highest for MW
process, due to MW reactor electricity requirement and the refrigeration cycle. Since, multiple
products are produced, energy penalty is calculated as mentioned before and it shows that MWassisted heating and conventional heating process at 800⁰ are very similar. The conventional
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heating case operating at 750⁰C is not that far away from the former two, while the process
operating at 700⁰C is clearly not a candidate.
Small scale methane DHA process is compared with the large-scale multi-step shale gas to
aromatics via methanol synthesis process to analyze the economic performance, as shown in Table
6.10. The investment parameters and prices shown in Table 6.6 and 6.8 are used to generate these
results. The product distribution for the multi-step process is shown in Appendix N. Electricity
equivalent efficiency is calculated on LHV basis, using Eq. 3.7. An efficiency factor of 0.436 is
used to calculate electricity equivalent of steam [134]. Electricity equivalent of cooling water is
calculated by estimating the electricity required in a pump to circulate the cooling water through
the process. An efficiency factor of 0.622 is sued to calculate electricity equivalent of gas and
liquid fuels [133].
Table 6.10: Comparison of methane DHA process with large-scale shale gas to aromatics
via methanol synthesis production process
Methane DHA
Conventional

Conventional

Heating

Heating

(750⁰C)

(800⁰C)

Methane Feed (kg/h)

6594

ATPCC (MM$/year)

Multi-step Shale gas
MW-

to Aromatics Via

Assisted

MEOH synthesis

6594

6594

98047

13.75

13.78

12.90

93.13

RM + UC ($/year)

14.13

14.52

16.22

322

Credits ($/year)

6.67

7.11

7.49

159

Benzene Eq. Flow (106 kg/year)

37.30

39.36

40.21

437

Energy Input (GJ/h)

280

280

381

4039

Energy Output (GJ/h)

194

189

186

2573

Electricity Equiv. Efficiency

69.2%

67.3%

48.9%

63.7%

𝐸𝑝𝑒𝑛𝑎𝑙𝑡𝑦 ($⁄𝑘𝑔)

0.569

0.539

0.538

0.586

Internal Rate of Return (IRR)

9.4%

10.7%

11.2%

10%

Net Present Value (NPV) (MM$)

-28

-25

-22

-187

Item

As seen, the energy penalty for the small scale methane DHA conventional and MW-assisted
heating process is lower than the large-scale multi-step production process. The electricity
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equivalent efficiency of conventional heating methane DHA processes is superior to the large scale
multi-step production process. The MW-assisted process has a lower efficiency mainly due to the
electricity requirement in the MW reactor and the refrigeration cycle for cryogenic separation. The
IRR of the MW-assisted process is more than all other methane DHA cases and the multi-step
process. NPV for a 10 year period which is the summation of discounted cash flow and investment
for each period at 20% IRR is negative for all cases. To understand how the plant scale would
affect the process economics, the methane DHA process was scaled up, and similarly the multistep process was scaled down to the similar plant scale as the methane DHA process. The results
are shown in Table 6.11. As expected, increasing the plant scale has a positive impact on the
methane DHA processes. The energy penalty of all 3 methane DHA process cases are almost half
than the multi-step aromatics production process. Indicating that a multi-step process would not
be economically feasible at a smaller scale, also indicated by the IRR and NPV. Among the
methane DHA processes, the MW-assisted process has the largest IRR with 18.8%, but the NPV
is still negative.
Table 6.11: Impact of plant scale on the performance of methane DHA process as
compared to multi-step process
Methane DHA
Conventional

Conventional

Heating

Heating

(750⁰C)

(800⁰C)

Methane Fresh Feed (kg/h)

19782

ATPCC (MM$/year)

Multi-Step Shale gas to
MW-

Aromatics Via MEOH

Assisted

synthesis

19782

19782

19782

31.60

30.84

28.26

37.58

RM + UC ($/year)

42.40

43.94

49.21

64.50

Credits ($/year)

20.02

21.51

22.71

31.90

Benzene Eq. Flow (106 kg/year)

112

119

122

87.50

𝐸𝑝𝑒𝑛𝑎𝑙𝑡𝑦 ($⁄𝑘𝑔)

0.482

0.447

0.450

0.802

Internal Rate of Return (IRR)

15.2%

17.5%

18.8%

0%

Net Present Value (NPV) (MM$)

-31

-16

-7.3

-130

Item
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6.7.2. Sensitivity Studies
Based on the results in Table 6.11, the IRR between the different process cases are in close
proximity to each other. Since, hydrogen price is one of the key drivers in deciding the economic
performance of the process, in this section the effect of hydrogen price on the process IRR will be
studied. Secondly, the price of electricity and methane changes depending on the market conditions
and location of the plant. So, sensitivity studies are performed to study their impact on process
economics. Lastly, the effect of catalyst cost and MW reactor cost on the economic performance
of the process is also evaluated. The benzene selling price selected in this study is based on the
average over a 2-year period. Its impact on the process economics is not trivial, so further
investigation is not done on that end.
6.7.2.1.

Sensitivity to Hydrogen Price

Hydrogen is produced in large quantities in this process. Its selling price has a huge impact on the
economic performance of the process. The hydrogen selling price can change based on the methane
market price. So, for the medium scale methane DHA process cases a feasibility envelope is
created by changing the hydrogen and methane price that could lead to a given IRR and NPV for
the process, as shown in Fig. 6.3. This plot is generated by varying only the price of methane and
hydrogen, while keeping all the other parameters similar as before. For a GTL process, an IRR of
20% is considered reasonable and often time 25% IRR is targeted due to the risks associated with
plant overheads, uncertainty in product selling price, market variability etc. [123,215,218].
Anything less than 15% is prohibitive economics. When the hydrogen price is lowest around $
1.98/kg, the MW-assisted process has a lower IRR compared to the conventional heating 800⁰C
case, and the absolute difference in the IRR between the two processes start to increase slowly
with the increase in methane price. Hydrogen production in the MW-assisted process is only 6%
higher than the conventional heating 800⁰C process. On the other hand, benzene production is
about 2.3 times higher in conventional heating process operating at 800⁰C compared to the MWassisted process. So, as the hydrogen selling price decreases, the relative difference in the products
sale between the two processes start to decrease, but the operating cost is still higher for the MWassisted process. For MW-assisted process, to achieve an IRR of 15%, the hydrogen selling price
has to be $ 2.73/kg and ~ $ 3/kg, when the methane price is $ 2.02/GJ and $ 3.01/GJ, respectively.
While for conventional heating process operating at 800⁰C, the hydrogen selling price needs to be
around $ 2.81/GJ and ~$ 3.1/GJ, when the methane price is lowest and highest, respectively. The
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MW-assisted process can achieve the required IRR of 20% when the hydrogen selling price is $
3.16/kg, for base electricity and methane price. Similarly, conventional heating processes
operating at 750⁰C and 800⁰C can achieve 20% IRR when the hydrogen selling price is $ 3.6/kg
and $ 3.3/kg, respectively.

Figure 6.3: Effect of methane and hydrogen price on IRR and NPV for methane DHA
processes (19782 kg/h CH4 feed)
6.7.2.2.

Sensitivity to Electricity Price

The impact of electricity price on the economic performance of methane DHA processes is
analyzed, as shown in Fig. 6.4. The electricity price is based on the industrial sector price for New
England and Mid-Atlantic region. For a given electricity price, sensitivity with respect to hydrogen
selling price is also analyzed as shown in Fig. 6.4. The sensitivity of all three process cases to
electricity price is relatively less than the methane price. For example, when the methane price
increased by 50% from $ 2.02/GJ to $ 3.01/GJ, the maximum drop in the IRR was 3.9% absolute
value for MW-assisted process. In comparison, when the electricity price increased by 50%, the
drop in IRR was only 2.5% absolute value for conventional heating 700⁰C process. Similar to the
methane sensitivity study, when the hydrogen price is the lowest, the IRR of MW-assisted process
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is about 0.7% (absolute value) lower than the conventional heating 800⁰C process. When the
electricity price is $ 34.9/GJ corresponding to new England region, IRR of 15% can be achieved
when the hydrogen selling price is approximately $ 3.4/kg, $ 3.15/kg, and $ 3.05/kg for
conventional heating 750⁰C, 800⁰C, and MW-assisted heating process, respectively. Similarly,
when electricity price is $ 17.5/GJ corresponding to Mid-Atlantic region, 15% IRR can be
achieved with a hydrogen selling price of $ 3/kg, $ 2.7/kg, and $ 2.4/kg for conventional heating
750⁰C, 800⁰C, and MW-assisted heating process, respectively.

Figure 6.4: Effect of electricity and hydrogen price on IRR and NPV for methane DHA
conventional heating process (CH4 feed – 19782 kg/h, CH4 – 2.02 $/GJ)
6.7.2.3.

Sensitivity to Catalyst Variable Cost

In methane DHA process, catalyst deactivation is very fast due to the deposition of the coke.
Catalyst must be regenerated, and, in this step, there is a possibility for loss of the catalyst. So,
fresh catalyst must be fed to maintain the same feed to catalyst mass ratio. Moreover, the operating
temperature of reactor is high which can affect catalyst stability. Accessing the effect of this
individual phenomena on process economics is not possible. So, a sensitivity study is performed
by changing the catalyst cost and its impact on IRR and NPV is studied, as shown in Fig. 6.5. As
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mentioned earlier, a catalyst consumption rate of 0.01% per hour is assumed, which is then
multiplied by the operating hours and catalyst cost to calculate the catalyst variable cost. In Fig.
6.5, the catalyst cost is changed by 25% and 50% to mimic scenarios where the catalyst loss is
more. Based on the analysis, increasing the catalyst cost by 50% reduces the IRR for MW-assisted
process from 5.2% to 2.4% at the lowest hydrogen selling price. Similar, drop in IRR is seen for
the conventional heating processes. Moreover, the IRR of MW-assisted case is slightly lower than
the 800⁰C conventional heating process when the hydrogen price is the lowest. Between, electricity
price, methane price, and catalyst variable cost, the later has the least impact on the process
economics as compared to the former two.

Figure 6.5: Impact of catalyst cost and hydrogen price on IRR and NPV for methane DHA
conventional heating process (CH4 feed – 19782 kg/h, CH4 – 2.02 $/GJ, Electricity- 17.5
$/GJ)
6.7.2.4.

MW Reactor Cost Variability

MW reactor cost is not available in open literature. So, initially the cost is calculated based on inhouse information using the cost correlation shown in Table 6.6. There can still be considerable
uncertainty in the MW reactor cost if it were to be used on a commercial scale. So, the sensitivity
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of change in MW reactor cost on the process economics is studied, as shown in Fig. 6.6. As seen,
for hydrogen price of $ 1.98/kg, increasing the MW reactor cost by 100% decreases the IRR from
5.2% to 4.2%. Indicating that the process economics is relatively less sensitive to the MW reactor
cost, as compared to other variables.

Figure 6.6: Impact of MW reactor cost on process economics parameter for MW-assisted
process (scale - 19782 kg/h CH4 feed)
6.7.2.5.

Impact of Desired Rate of Return on Net Present Value

Until now, desired rate of return (DROR) that was used for economic analysis was 20%, for a 10
year period. Consideration of DROR will be based on the process capital investment, project
operating life, products produced, location, and market conditions. Based on 20% DROR, NPV
was negative for all the process cases as shown in Table 6.11 because the rate of return is less than
DROR. In this section, the impact of DROR on the process NPV for methane DHA cases is studied.
Discounted cash flow diagram for MW-assisted case operating at 800⁰C is shown in Fig. 6.7.
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Figure 6.7: Impact of DROR on NPV of MW-assisted heating process operating at 800⁰C
(CH4 Feed – 19782 kg/h)
With the increase in the internal discount or interest rate, the NPV of the process is decreasing. If
the desired rate of return was set to 20%, then the process would not be an acceptable investment
because the NPV is negative. So, it is important to consider appropriately DROR while evaluating
the economic feasibility of the process. Comparison between conventional and MW-assisted
methane DHA heating processes at three different discount rate is shown in Table 6.12. As seen,
for all cases with the increase in the DROR, the NPV is decreasing. Based on the analysis, DROR
around 15% would be appropriate for all cases, with the MW-assisted case being the most
attractive process.
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Table 6.12: Comparison of NPV at different DROR for methane DHA cases (CH4 Feed 19782 kg/h)
Net Present Value (MM$)
Desired Rate of
Return

Conventional
Heating (750⁰C)

Conventional
Heating (800⁰C)

MW-Assisted
Heating (800⁰C)

10%

49

71

76

15%

1.32

19

27

20%

-31

-16

-7

6.8.

Conclusion

In this Chapter, techno-economic analysis of conventional and MW-assisted methane DHA
process is performed, and it is compared with the multi-step shale gas to aromatics via methanol
synthesis process. Comparison between the methane DHA processes showed that the smaller scale
(6594 kg/h CH4 feed) conventional heating process operating at 800⁰C and MW-assisted process
had the lowest energy penalty of 0.539 $/kg. Moreover, the energy penalty of all small scale
methane process cases was lower than the multi-step shale gas to aromatics via methanol synthesis
production process. The electricity equivalent efficiency of conventional heating methane DHA
process operating at 750⁰C was the highest at 69.2%, while the MW-assisted process had the lowest
efficiency at 48.9%. Comparison of IRR showed that the small scale MW-assisted process has an
11.2% IRR compared to 10% for large-scale multistep process. However, the NPV of both of these
processes is negative, and a positive NPV is highly recommended for new investment. Impact of
plant scale on the economic performance was also studied, and it showed that increasing the plant
scale of methane DHA processes by three times to 19782 kg/h CH4 feed, increased the IRR of
conventional heating 750⁰C, 800⁰C, and MW-assisted process to 15.2%, 17.5%, and 18.8%,
respectively. While the IRR of the multi-step process was 0% at this plant scale. Sensitivity
analysis of key process parameters showed that the hydrogen selling price has a huge impact on
the economic feasibility of the process methane DHA process. In addition, methane price,
electricity, and the catalyst variable cost do also have a considerable impact on the process
economics, and MW reactor cost does not play a key role. While the methane DHA MW-assisted
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process seems to be like the most feasible option, further investigation would be required. In this
study, all the solid products are classified as carbon. However, polyaromatics like naphthalene are
also present which are not considered in this study because experimental data is not available due
to the difficulty associated with quantifying it in real time. Moreover, more detail analysis of the
catalyst regeneration would be required that would affect the reactor schedule operation and the
productivity of the reactor. In any case, the methane DHA process is a promising technology
compared to the multi-step aromatics production for a small to medium scale chemical plant.
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Chapter 7. Final Remarks
In this work, plant-wide modeling, and techno-economic optimization for direct and indirect
conversion of shale gas to DME has been conducted. In addition, dynamic data reconciliation,
parameter estimation, and multi-scale commercial scale reactor modeling has been undertaken for
direct non-oxidative conversion of methane to aromatics. High-fidelity system-level and unit-level
process models have been developed. using a multi-software platform that includes Aspen Plus
Package, Aspen Custom Modeler, Exchanger Design and Rating, and Microsoft Excel. Using these
models, economic analysis has been performed in Aspen Process Economic Analyzer to analyze
the economic feasibility of the processes. The process and economic models have also been
validated with literature and in-house experimental data, where possible.
For shale gas conversion to DME via direct and indirect synthesis routes, the following tasks have
been performed and conclusions have been made: Plant-wide models for direct and indirect DME
synthesis processes with integrated CO2 capture have been developed in Aspen Plus. A novel DME
separation system has also been modeled for direct DME synthesis route. The binary interaction
parameters for methanol-DME-CO2-CO-H2O system are not available in Aspen library. So, they
have been estimated using literature experimental data. Two CO2 capture technologies i.e. Rectisol
and MDEA/PZ have been evaluated. Rectisol process is most energy efficient when the CO2 partial
pressure in the feed is ≥ 6 bar, while MDEA/PZ technology is preferable for lower CO2 partial
pressure in the feed. For direct DME process routes, sensitivity of DME productivity to inlet
syngas (H2/CO) ratios have shown that maximum DME productivity can be achieved when H2/CO
=1. Similarly, for indirect DME synthesis route, it has been shown that a module ((H2 - CO2)/ (CO
+ CO2)) of ~1.8 results in maximum methanol production, which in turn can increase DME
production. Plant level techno-economic optimization has been undertaken in Aspen Plus Equation
Oriented Environment for maximizing the net present value (NPV). For this purpose, rigorous
process models developed in Aspen plus are used, rather than reduced order models.
Implementation of this optimization methodology can be useful in doing simultaneous process
design and optimization. Economic analysis of optimized process shows that, even though the
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DME productivity of direct DME synthesis process is superior, the indirect DME process has a
lower breakeven DME price than the direct synthesis route. This is mainly due to the increase in
operating and capital.
For methane DHA process, a methodology has been developed for data reconciliation of dynamic
reactor data that can applied to any other reaction system. Due to rapid coke formation, catalysts
in the non-oxidative methane DHA reactors get deactivated. A model for the catalyst deactivation
is proposed along with rate models for other DHA reactions. An algorithm is developed by
coupling an iterative direct substitution approach with an optimization algorithm for optimal
estimation of the initial state of the reactor and the kinetic parameters using the in-house
experimental data. This algorithm can be easily applied to any other coking system. The catalyst
deactivation model is in good agreement with experimental data. Analysis of methane DHA
system shows that, benzene yield increases with temperature and catalyst deactivation also
increases. Moreover, due to rapid deactivation, a cyclic parallel reactor operation needs to be
considered if fixed bed reactor is used.
For the MW-assisted reactor, the amount of heat generated at specific catalyst sites has been
modeled using Maxwell’s equation. For integrating the Maxwell’s equation within the process
model, a reduced order model is developed. This reduce order model can be easily implemented
in any other MW reactor modeling system, without any increase in the computational time. In
addition, a multi-scale heterogenous industrial scale MW reactor model is developed by coupling
the catalyst pellet level model with the reactor level model. Analysis show that large diameter
reactors do not perform well when only MW-assisted heating is utilized because of the higher MW
energy density near the center of the reactor as compared to surface. Either smaller diameter
reactors or a furnace-MW hybrid heating system can be utilized for even temperature distribution
and improving the performance of the MW reactor. Analysis between 2.45 GHz and 915 MHz
frequency operation, the former has a higher MW absorption efficiency compared to later, and this
results in better reactor performance. Techno-economic analysis of methane DHA processes
showed that the MW-assisted process has a better economic performance compared to the
conventional heating process and the multi-step aromatics production process. Plant scale would
be one of the key parameter that needs to be considered for methane DHA process. Medium plant
scale showed favorable economics, while on a small scale the process was economically
unfavorable. However, further investigation needs to be done because polyaromatic hydrocarbons
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such as naphthalene is also formed in methane DHA system. Currently, it is not taken into
consideration because of the lack of experimental data. Inclusion of valuable polyaromatics can
positively affect the plant economics.
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Chapter 8. Future Work
In terms of DME production process, currently in this study CO2 is being recycled to the ATR
reactor to reduce the H2/CO ratio. Other alternatives such as integration of reverse water gas shift
(RWGS) reactor to the process, along with CO2 recycle to the ATR can be explored to study the
impact on the economics of the process. RWGS can be operated at a lower pressure as compared
to the ATR reactor, so integration of RWGS would help in reducing the compression duty
associated with recycling CO2. In terms of techno-economic optimization, currently due to the
software integration issue, APEA could not be utilized directly to perform plant-level technoeconomic optimization, instead cost equations with correction factors were used. Integration of
Aspen plus with APEA should be explored for performing simultaneous process modeling and
plan level optimization.
For methane DHA reaction system, the current rate model has been developed using the
experimental data 1 atm. Estimation using the experimental data at high pressures could not be
performed due to technical issues with experimental equipment. So, the current rate model could
be extended to higher pressure. This would be particularly helpful because usually the methane
rich shale gas is available at high pressure from the site and the reactor outlet consists of light gases
which have to be separated under high pressure separation system. So, extending the rate model to
higher pressure and operating the reactor at high pressure would be beneficial for plant utility
consumption. Real-time measurement for polyaromatic hydrocarbon is currently not available. So,
all the unaccounted carbon is given to carbon-graphite. Exploration of new reaction schemes upon
availability of the experimental data could increase the validity of the rate model. For MW-reactor
system, currently there is uncertainty with the temperature measurement of the catalyst bed. If
experimental data on the temperature distribution inside the bed is available, the rate model can be
updated to increase its validity. The MW reactor model currently developed does not account for
the absorption of MWs by the deposited coke. So, consideration of MW-coke interactions should
be further explored to the understand the reasons behind higher methane conversion in the MW
reactor system. Catalyst regeneration model can be developed using the experimental regeneration
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profile, upon availability. The catalyst regeneration model along with the current model can be
useful in design of a cyclic reactor operation. Scheduling of the cyclic reactor operation can be
formulated as a dynamic optimization problem with due consideration of regeneration cycle,
catalyst deactivation, number of reactors, and cycle time. A hybrid MW-reactor model, where
combination of MW pulsing and conventional heating is utilized should be explored because in
industrial scale reactors simply utilizing MW-assisted heating will result in uneven temperature
distribution inside the reactor. As a result, the reactor will not be operating at its optimum.
Moreover, electricity is expensive than a furnace. So, having a hybrid reactor will help in
maintaining relatively uniform temperature profiles inside the reactor. A second alternative is to
have transmission lines embedded inside the catalyst bed through which MW propagates. This
configuration could allow in more even heating of the catalyst bed. A third alternative is to have
many smaller diameter reactors operating in parallel to which MW energy would be given through
a single transmission line. This configuration could benefit from uniform heating of catalyst bed
due to smaller reactor diameter. Alternatively, fluidized bed reactor with magnetrons attached on
the sides is also a viable candidate.
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Appendix A: Equilibrium Constant Coefficient and Estimated Kinetic
Parameters for Direct DME Synthesis Reactions
The adjusted equilibrium coefficient for the 4th term in Eq. (2.2) is shown in Table A.1. Excel
solver was used to do so. Note that the first three coefficients are the same as the work of Zhang
et al. [75]. Fig. A.1 (a-c) shows the comparison between the original and the estimated equilibrium
constant for reaction 9, 10 and 12.
Table A.1 Estimated equilibrium constant coefficients for DME synthesis
Reaction #

A

B

C

Original

D
Original

Estimated

9

22.7

8975

-7.694

3.92E-03

4.10E-03

10

17.6

4213

-5.752

-1.71E-03

-4.16E-04

12

-9.39

3205

0.836

2.35E-03

1.43E-03

Fig. A.1. Comparison between original and estimated equilibrium constant of reaction 9
(Fig. A.1.a), reaction 10 (Fig. A.1.b) and reaction 12 (Fig. A.1.c)
Table A.2 shows the estimated kinetic rate parameters for the reactions occurring in direct
syngas-to-DME reactor.
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Table A.2. Estimated Rate Parameters
Reaction #

Pre-Exponential Factor

Activation Energy (kJ/kmol)

9

1.537 mol/g s bar3

62,915

10

1.364 mol/g s bar4

59,660

12

0.301 mol/g s bar

42,765

Appendix B: Regressed Binary Interaction Parameters for DME-CO2,
Methanol-CO2, DME-H2O, and CO-DME
The binary interaction parameters for NRTL-RK EOS were regressed using the experimental data
as shown in Table B.
Table B. Regressed binary interaction parameters for NRTL-RK EOS
Component i

CO2

Methanol

DME

CO

Component j

DME

CO2

H2 O

DME

AIJ

-2.17

15.90

-60.70

-17.22

AJI

4.86

80.00

-43.40

-6.20

BIJ

913.62

-1221.13

3392.32

6079.49

BJI

-1703.00

-2586.82

1009.65

1464.06

CIJ

0.30

0.30

0.0012

0.30

DIJ

-

-

-

-

EIJ

-

-2.00

9.065

-

EJI

-

-12.05

7.221

-

Tmin (K)

273.15

230

293.15

288.1

Tmax (K)

386.41

477

473

316.1

The objective function used in estimating the binary interaction parameters is a maximum
likelihood objective function given by Eq. (B.1).
𝑁

𝑀
𝑇

𝑇

𝑇

−2
𝑓 = ∑ [((𝑇𝑒,𝑖 − 𝑇𝑚,𝑖 ) 𝜎𝑇−2 (𝑇𝑒,𝑖 − 𝑇𝑚,𝑖 )) + ((𝑃𝑒,𝑖 − 𝑃𝑚,𝑖 ) 𝜎𝑃−2 (𝑃𝑒,𝑖 − 𝑃𝑚,𝑖 )) + ∑ ((𝑥𝑒,𝑖,𝑗 − 𝑥𝑚,𝑖,𝑗 ) 𝜎𝑥,𝑖,𝑗
(𝑥𝑒,𝑖,𝑗 − 𝑥𝑚,𝑖,𝑗 ))
𝑖=1

𝑗=1
𝑀
𝑇

−2
+ ∑ ((𝑦𝑒,𝑖,𝑗 − 𝑦𝑚,𝑖,𝑗 ) 𝜎𝑦,𝑖,𝑗
(𝑦𝑒,𝑖,𝑗 − 𝑦𝑚,𝑖,𝑗 ))]

(B. 1)

𝑗=1

Here, N, T, P, M, x, y, e, m, σ represent the number of data points in the data, temperature, pressure,
number of components in the data, liquid mole fraction, vapor mole fraction, estimated data,
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measured data and standard deviation of the indicated quantity respectively. Figure B shows the
fit for the liquid and vapor mole fractions. Experimental data are obtained from the open literature
[76–83].

Fig. B. Comparison of predicted data with the experimental data; Fig. B.1- Methanol CO2;
Fig. B.2- DME-CO2, Fig. B.3- DME-H2O, Fig. B.4- DME-CO Systems

Appendix C: Validation of Methanol Dehydration Reactor Model
Table C.1. Shows the model validation for the rate-based methanol dehydration reactor. As seen
below, the predicted temperature and the methanol molar conversion by our model is in good
agreement with Bercic and Levec [91].
Table C.1. Validation of Methanol Dehydration Reactor Model with Bercic & Levec [91]
Parameter

Inlet

Outlet
Our model

Reported

Temperature (°C)

288

407

409

Pressure (bar)

2.1

-

2.099

Methanol molar conversion

-

~80%

81.38%
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The rate based methanol dehydration reactor is also compared with the Gibbs free energy
minimization model, as shown in Table C.2. The purpose of this test is to study that the rate model
correctly calculates the equilibrium concentration. Reaction temperature is set to 250oC with an
operating pressure of 10 bar so that the reaction reaches equilibrium. The outlet concentration of
the rate model at equilibrium is very close to the Gibbs free energy model.
Table C.2. Comparison of rate model with Gibbs free energy reactor
Inlet
Total Flow (kg/hr)
Total Flow (kmol/hr)
Mole Fraction
CH3OH
H2O
C2H6O

147,600
4,615
0.996

Outlet
Rate Model
147,600
4,615

Gibbs Free Energy
147,600
4,615

0.176
0.414
0.410

0.169
0.418
0.413
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Appendix D: Equipment Details for Direct and Indirect DME Production
Process
List of major equipment in the direct and indirect shale gas to DME production process is shown
in Table D.
Table D. Equipment details for direct and indirect DME synthesis production process
Equipment
Syngas Synthesis Section
Pre-Reforming reactor
Autothermal reforming reactor
Rectisol Process
CO2 absorber tower
High pressure flash vessel
Syngas feed compressor
Syngas recycle compressor
CO2 recycle compressor
Methanol circulation pump
Stripper- Condenser
Stripper- Condenser drum
Stripper- Reboiler
Stripper- Reflux pump
Stripper- Tower
MDEA/PZ Process
CO2 absorber tower
Pump around Heat Exchanger- Absorber
Stripper- Condenser
Stripper- Condenser drum
Stripper- Reboiler
Stripper- Reflux pump
Stripper- Tower
Flash Vessel
Solvent circulation pump
Direct DME Synthesis Production Section
Direct DME synthesis reactor
Absorber
CO2 separation column- Condenser
CO2 separation column- Condenser drum
CO2 separation column- Reboiler
CO2 separation column- Reflux pump
CO2 separation column- Tower
DME purif. column- Condenser

#Req

# Spares

APEA Model

Cost
Source

Material

1
1

0
0

QE
QE

[124]
[125]

N/A
N/A

2
2
1
2
1
2
2
2
2
2
2

0
0
0
0
0
2
0
0
0
2
0

TW Packed
VT Cylinder
GC Centrif
GC Centrif
GC Centrif
CP Centrif
HE Float Head
HT Horiz Drum
HE Float Head
CP Centrif
TW Trayed

Icarus
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus

A 515, 0.5CIS
CS
CS
CS
CS
CS
CS, CS
CS
CS, CS
CS
CS, A285C

1
5
1
1
1
1
1
1
1

0
0
0
0
0
1
0
0
1

TW Packed
HE Float Head
HE Fixed T S
HT Horiz Drum
HE Float Head
CP Centrif
TW Packed
VT Cylinder
CP Centrif

Icarus
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus

A 516, M107YC
A 214, A285C
TI50A, SS316
A 516
304LW, SS316
SS316
304L, M107YC
SS316
SS316

1
1
1
1
1
1
1
1

0
0
0
0
0
1
0
0

QE
TW Packed
HE Float Head
HT Horiz Drum
HE Float Head
CP Centrif
TW Trayed
HE Float Head

[106]
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus

N/A
CS, M107YC
304S, SS304
CS
CS, CS
CS
CS, A285C
CS, CS
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DME purif. column- Condenser drum
DME purif. column- Reboiler
DME purif. column- Reflux pump
DME purif. column- Tower
Flash Vessel
Indirect DME Synthesis Production Section
Methanol synthesis reactor
Methanol dehydration reactor
Methanol purif. column- Condenser
Methanol purif. column- Condenser drum
Methanol purif. column- Reboiler
Methanol purif. column- Reflux pump
Methanol purif. column- Tower
DME separation column- Condenser
DME separation column- Condenser drum
DME separation column- Reboiler
DME separation column- Reflux pump
DME separation column- Tower
Methanol-water column- Condenser
Methanol-water column- Condenser drum
Methanol-water column- Reboiler
Methanol-water column- Reflux pump
Methanol-water column- Tower
Air separation unit
Pressure swing absorption
HRSG & SC

1
1
1
1
1

0
0
1
0
0

HT Horiz Drum
HE Float Head
CP Centrif
TW Trayed
VT Cylinder

Icarus
Icarus
Icarus
Icarus
Icarus

CS
CS, CS
CS
CS, A285C
SS304

1
1
1
1
1
1
1
1
1
1
1
1
1
1
1
1
1
1
1
1

0
0
0
0
0
1
0
0
0
0
1
0
0
0
0
1
0
0
0
0

QE
QE
HE Float Head
HT Horiz Drum
HE Float Head
CP Centrif
TW Trayed
HE Float Head
HT Horiz Drum
HE Float Head
CP Centrif
TW Trayed
HE Float Head
HT Horiz Drum
HE Float Head
CP Centrif
TW Trayed
QE
QE
QE

[106]
[126]
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus
Icarus
[40,121]
[127]
[105]

N/A
N/A
CS, CS
CS
CS, CS
CS
CS, A285C
CS, CS
CS
CS, CS
CS
CS, A285C
CS, CS
CS
CS, CS
CS
CS, A285C
N/A
N/A
N/A

QE = Quoted Equipment

Appendix E: Bare Module Cost Correlation between APEA and Cost
Equations
Fig. E shows the correlations developed between the bare module cost obtained from APEA and
the bare module cost obtained using the simplified cost equations from Turton et al. [96]. Five
major equipment types are considered: Packed distillation column, trayed distillation column, shell
& tube heat exchanger, centrifugal multistage compressor, and centrifugal pump. The correction
factor is not required for the reactors as their cost is estimated using correlation from literature.
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Fig. E. Correlation between the bare module cost and APEA cost for estimating the
correction factor. (a) Packed Tower (b) Trayed Tower (c) Compressor (d) Heat Exchanger
(e) Pump
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Appendix F: Temperature Profile TGA Experiments
Temperature profile for conducting the TGA experiment is shown in Figure F.
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Figure F. Temperature profile of thermogravimetric analysis (TGA) experiments
The detail numerical reading for Figure 4.2 is shown in Table F.
Table F.: Detailed numerical reading of Figure 4.2
Samples

Initial Weight

Weight at the End

Weight at the End

of Step 6

of Step 7

Total Weight Loss

(mg)
a

35.937

32.432

32.200

3.737

b

33.463

29.480

29.330

4.133

c

43.350

37.694

37.526

5.656

d

34.895

29.985

29.856

5.039
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Appendix G: Methane DHA Conventional Heating- Data Reconciliation Plots
for 725 ⁰C and 750 ⁰C
Data reconciliation for 725 ⁰C and 750 ⁰C temperature is shown in Figure G.

Figure G. Data reconciliation plots for 725 ⁰C and 750 ⁰C temperature
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Appendix H: Methane DHA Conventional Heating- Model Comparison with
Experiment for 800⁰C
The comparison of parameter estimation model result with experimental data for 800 ⁰C is shown
in Figure H.

Figure H. Comparison of parameter estimation model with experimental data for 800 ⁰C

Appendix I: Gantt Chart for 2-parallel Reactor Cyclic Operation
Sample Gantt chart for 2 parallel reactor cyclic operation is shown in Figure I. The blue color
indicates reactor undergoing methane DHA reaction, black color indicates catalyst regeneration,
and green color indicates cooling/preparation time. It should be noted that this is not an optimized
Gantt chart. Figure I show the Gantt chart for 2 parallel reactor cyclic operation. Here, the total
number of reactors required is 4 for continuous operation, and at any given time 2 reactors are
undergoing methane DHA reaction.

Figure I. Gantt chat for 2 parallel reactor cyclic operation
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Appendix J: Derivation of Radiation Boundary Condition
Derivation of the radiation boundary condition is shown in this section. The electric field outside
the reactor travelling in opposite direct can be represented by waves travelling in opposite
direction, as follows [202,204].
(1)
(2)
𝐸𝑧 (𝑟) = 𝐶1 𝐻𝑜 (𝛼𝑜 𝑟) + 𝐸𝑜 𝐻𝑜 (𝛼𝑜 𝑟)
(2)

Here, Hankel function 𝐻𝑜

(1)

and 𝐻𝑜

(𝐽. 1)
represents the incident and reflect field, respectively; 𝐶1 is

the constant to be evaluated. Evaluating Eq. J.1 at 𝑟 = 𝑅 to calculate 𝐶1 , and taking the derivative
gives the following radiation boundary condition,
𝑎𝑡 𝑟 = 𝑅,

(1)
𝑑𝐸𝑧
𝐻1 (𝛼𝑜 𝑅)
−𝑖4𝐸𝑜
+ 𝛼𝑜 𝐸 (1)
=
(1)
𝑑𝑟
𝐻 (𝛼𝑜 𝑅) 𝜋𝑅𝐻 (𝛼𝑜 𝑅)
𝑜

(𝐽. 2)

𝑜

Making the following substitution in Eq. J.2 for r and Ez,
𝑟∗ =

𝑟
𝐸𝑧
𝑎𝑛𝑑 𝑢 =
𝑅
𝐸0

(𝐽. 3)

And representing the Hankel functions in terms of Bessel functions of first (𝐽𝑚 (𝑥)) and second
kind (𝑌𝑚 (𝑥)) as follows [204],
(1)
𝐻𝑚 (𝑥) = 𝐽𝑚 (𝑥) + 𝑖𝑌𝑚 (𝑥)

(𝐽. 4)

Representing the electric field in terms of real and imaginary components i.e. 𝑢 = 𝐸𝑅 + 𝑖𝐸𝐼 .The
following equation for electric field is obtained,
𝐸𝑜 𝑑(𝐸𝑅 + 𝑖𝐸𝐼 )
𝐽1 (𝛼𝑜 𝑅) + 𝑖𝑌1 (𝛼𝑜 𝑅)
−𝑖4𝐸𝑜
+ 𝛼𝑜 ∙ 𝐸𝑜 ∙ (𝐸𝑅 + 𝑖𝐸𝐼 ) ∙
=
(𝐽. 5)
∗
𝑅
𝑑𝑟
𝐽𝑜 (𝛼𝑜 𝑅) + 𝑖𝑌𝑜 (𝛼𝑜 𝑅) 𝜋𝑅[𝐽𝑜 (𝛼𝑜 𝑅) + 𝑖𝑌𝑜 (𝛼𝑜 𝑅)]
Eq. J.5 can also be represented as follows,
𝑑(𝐸𝑅 + 𝑖𝐸𝐼 )
𝐽1 (𝛼𝑜 𝑅) + 𝑖𝑌1 (𝛼𝑜 𝑅)
−𝑖4
(𝐸
)
+
𝛼
∙
𝑅
∙
+
𝑖𝐸
∙
=
𝑜
𝑅
𝐼
∗
𝑑𝑟
𝐽𝑜 (𝛼𝑜 𝑅) + 𝑖𝑌𝑜 (𝛼𝑜 𝑅) 𝜋[𝐽𝑜 (𝛼𝑜 𝑅) + 𝑖𝑌𝑜 (𝛼𝑜 𝑅)]

(𝐽. 6)

Taking the complex conjugate of the denominator of term 2 and right hand side of the equation,
gives
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[𝐽1 (𝛼𝑜 𝑅) + 𝑖𝑌1 (𝛼𝑜 𝑅)][𝐽𝑜 (𝛼𝑜 𝑅) − 𝑖𝑌𝑜 (𝛼𝑜 𝑅)]
𝑑(𝐸𝑅 + 𝑖𝐸𝐼 )
(𝐸
)
+
𝛼
∙
𝑅
∙
+
𝑖𝐸
∙
𝑜
𝑅
𝐼
𝑑𝑟 ∗
𝐽𝑜2 (𝛼𝑜 𝑅) + 𝑌𝑜2 (𝛼𝑜 𝑅)
=

−𝑖4 [𝐽𝑜 (𝛼𝑜 𝑅) − 𝑖𝑌𝑜 (𝛼𝑜 𝑅)]
𝜋 𝐽𝑜2 (𝛼𝑜 𝑅) + 𝑌𝑜2 (𝛼𝑜 𝑅)

(𝐽. 7)

Multiplying the terms in the brackets and separating out the real terms from the imaginary terms
gives equations for real and imaginary electric field components. Eq.J.8, will result in the boundary
condition described by Eq. 5.25-5.30.
2

𝐽𝑝 (𝑥)𝑌𝑝′ (𝑥) − 𝑌𝑝 (𝑥)𝐽𝑝′ (𝑥) = 𝜋𝑥

(𝐽. 8)

Appendix K: Estimated Constants for Reduced Order Microwave Power
Absorption Model and Data Fitting Plots
The constants estimated in section 5.4, Eq. 5.34-5.35, for 2.45 GHz and 915 MHz frequency is
shown in Table K.
Table K. Estimated constants for reduced order model Eq. 5.34-5.35
Constants

f = 2.45 GHz

f = 915 MHZ

𝑎1

3.841 ∙ 10−6

6.933 ∙ 10−6

𝑎2

−3.401 ∙ 10−9

−4.940 ∙ 10−9

𝑏1

5.209 ∙ 10−7

1.084 ∙ 10−6

𝑏2

−4.792 ∙ 10−10 −8.080 ∙ 10−10

𝑏3

4.488

1.976

𝑏4

0.852

0.897

The MW power absorbed curve (𝑄𝑀𝑎𝑥𝑤𝑒𝑙𝑙 ) generated using Eq. 5.22-5.32 and the data fitting
(𝑄𝑅𝑂𝑀 ) performed using Eq. 5.33-5.35 for 650⁰-750⁰C is shown in Figure K.
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Figure K. MW power absorbed modeled using Maxwell’s equation and reduced order
model. 600⁰C – (a) 2.45 GHz (b) 915 MHz; 700⁰C – (c) 2.45 GHz (d) 915 MHz; 750⁰C – (e)
2.45 GHz (f) 915 MHz
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Appendix L: Reactor Performance for 915 MHz Frequency
Area average values of reactor performance parameter for 915 MHz frequency subjected to
different input power is shown in Figure L. the reactor feed is 340 kmol/h (𝐶𝐻4 −
90 𝑚𝑜𝑙%, 𝑏𝑎𝑙𝑎𝑛𝑐𝑒 𝑁2 ) at 2.1 bar and 800⁰C.

Figure L. Impact of MW input power on reactor performance parameters for 915 MHz
frequency. (a) methane conversion; (b) benzene yield; (c) ethylene yield; (d) catalyst
activity; (e) bulk gas temperature
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Appendix M: Time-Varying Profiles for Methane DHA Conventional Heating
Reactor at 700⁰C, 750⁰C, and 800⁰C and 1.2 bar pressure
Profiles for methane DHA conventional heating reactor operating at 700⁰C, 750⁰C, and 800⁰C and
1.2 bar pressure, is shown in Figure M. The total methane feed to be processed is about 1350
kmol/h. It is divided equally into 3 reactors operating parallelly in a cyclic operation. Profile for
one of the reactors is shown below.

Figure M: Conversion, yield, and catalyst activity profile for methane DHA conventional
heating reactor at 700⁰C, 750⁰C, and 800⁰C
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Appendix N: Shale Gas to Aromatics Via Methanol Synthesis ProcessProducts Throughput
The production of key products for multi-step shale gas to aromatics via methanol synthesis
process is shown in Table N.
Table N. Production of key products for multi-step aromatics production Via methanol
synthesis (CH4 feed – 98047 kg/h)
Components

Product Distribution (kg/h)

𝐻2

1620

𝐶2 𝐻6 /𝐶2 𝐻4

6238

𝐶3 𝐻8 /𝐶3 𝐻6

4925

𝐿𝑃𝐺

5301

𝐶6 𝐻6

1442

𝐶7 𝐻8

6124

𝐶8 𝐻10

16884

𝐶9 𝐻12

16740
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Appendix O: Publications and Presentations
Publications
1. Mevawala C, Bhattacharyya D, Hu J. Techno-economic analysis of direct non-oxidative
conversion of methane to aromatics via thermo-catalytic and microwave MW catalysis. Under
Preparation.
2. Mevawala C, Bai X, Bhattacharyya D, Hu J. Dynamic Data Reconciliation, Parameter
Estimation, and Multi-Scale, Multi-Physics Modeling of the Microwave-Assisted Methane
Dehydroaromatization Process. Chemical Engineering Science, Submitted.
3. Mevawala C, Kotamreddy G, Bai X, Bhattacharyya D, Hu J. Dynamic data reconciliation,
parameter estimation, and multi-scale reactor modeling of the direct non-oxidative methane
dehydroaromatization process. Applied Energy. Submitted.
4. Mevawala C, Jiang Y, Bhattacharyya D. Techno-economic optimization of shale gas to
dimethyl ether production processes via direct and indirect synthesis routes. Appl Energy
2019; 238:119–34.
5. Mevawala C, Jiang Y, Bhattacharyya D. Plant-wide modeling, and analysis of the shale gas to
dimethyl ether (DME) process via direct and indirect synthesis routes. Appl Energy 2017;
204:163–80.
Book Chapters
1. Mevawala C, Bhattacharyya D, Techno-Economic analysis of microwave-assisted conversion
processes: Application to a direct natural gas-to-aromatics process. In: Hu J, Shekhawat D,
(Eds.) Direct natural gas conversion to value added chemicals. CRC Press 2021.
Presentations
1. Mevawala C, Bai X, Hu J, Abdelsayed v, Shekhawat D, Bhattacharyya D. Dynamic data
reconciliation, parameter estimation, and plant-wide modeling of a microwave-assisted direct
non-oxidative methane dehydroaromatization process. Paper 147d. AIChE Virtual Annual
Meeting. November 16-20, 2020.
2. Mevawala C, Bai X, Hu J, Abdelsayed v, Shekhawat D, Bhattacharyya D. Direct non-oxidative
conversion of shale gas to aromatics: Dynamic data reconciliation, parameter estimation, and
dynamic modeling of a fixed bed reactor. Paper 734a. AIChE Virtual Annual Meeting.
November 16-20, 2020.
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3. Mevawala C, Hu J, Bhattacharyya D. Techno-economic analysis of direct non-oxidative
conversion of shale gas via non-thermal microwave plasma catalysis. Paper 570e, AIChE
Annual Meeting. Pittsburgh, PA, USA, October 28-November 2, 2018.
4. Mevawala C, Jiang Y, Bhattacharyya D. Plant-wide modeling, techno-economic analysis and
optimization of the shale gas to dimethyl ether process via direct and indirect synthesis route.
Paper 578d. AIChE Annual Meeting. Minneapolis, MN, USA. October 29-November 3, 2017.
5. Mevawala C, Jiang Y, Bhattacharyya D. Techno-economic analysis of shale gas-to-dimethyl
ether pross via direct synthesis. Paper 386c. AIChE Annual Meeting. San Francisco, CA, USA.
November 13-18, 2016.
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